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PREFACE

My introduction to membranes was as a graduate student in 1963. At that time
membrane permeation was a sub-study of materials science. What is now called
membrane technology did not exist, nor did any large industrial applications
of membranes. Since then, sales of membranes and membrane equipment have
increased more than 100-fold and several tens of millions of square meters of
membrane are produced each year—a membrane industry has been created.

This membrane industry is very fragmented. Industrial applications are divided
into six main sub-groups: reverse osmosis; ultrafiltration; microfiltration; gas sep-
aration; pervaporation and electrodialysis. Medical applications are divided into
three more: artificial kidneys; blood oxygenators; and controlled release phar-
maceuticals. Few companies are involved in more than one sub-group of the
industry. Because of these divisions it is difficult to obtain an overview of mem-
brane science and technology; this book is an attempt to give such an overview.

The book starts with a series of general chapters on membrane preparation,
transport theory, and concentration polarization. Thereafter, each major mem-
brane application is treated in a single 20-to-40-page chapter. In a book of this
size it is impossible to describe every membrane process in detail, but the major
processes are covered. However, medical applications have been short-changed
somewhat and some applications—fuel cell and battery separators and membrane
sensors, for example—are not covered at all.

Each application chapter starts with a short historical background to acknowl-
edge the developers of the technology. I am conscious that my views of what
was important in the past differ from those of many of my academic colleagues.
In this book I have given more credit than is usual to the engineers who actually
made the processes work.

Readers of the theoretical section (Chapter 2) and elsewhere in the book
will see that membrane permeation is described using simple phenomenologi-
cal equations, most commonly, Fick’s law. There is no mention of irreversible
thermodynamics. The irreversible thermodynamic approach to permeation was
very fashionable when I began to work with membranes in the 1960s. This
approach has the appearance of rigor but hides the physical reality of even simple
processes behind a fog of tough equations. As a student and young researcher, I
struggled with irreversible thermodynamics for more than 15 years before finally
giving up in the 1970s. I have lived happily ever after.
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Finally, a few words on units. Because a great deal of modern membrane tech-
nology originated in the United States, the US engineering units—gallons, cubic
feet, and pounds per square inch—are widely used in the membrane industry.
Unlike the creators of the Pascal, I am not a worshipper of mindless uniformity.
Metric units are used when appropriate, but US engineering units are used when
they are the industry standard.
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1 OVERVIEW OF MEMBRANE
SCIENCE AND TECHNOLOGY

Introduction

Membranes have gained an important place in chemical technology and are used
in a broad range of applications. The key property that is exploited is the ability
of a membrane to control the permeation rate of a chemical species through the
membrane. In controlled drug delivery, the goal is to moderate the permeation
rate of a drug from a reservoir to the body. In separation applications, the goal
is to allow one component of a mixture to permeate the membrane freely, while
hindering permeation of other components.

This book provides a general introduction to membrane science and technology.
Chapters 2 to 4 cover membrane science, that is, topics that are basic to all
membrane processes, such as transport mechanisms, membrane preparation, and
boundary layer effects. The next six chapters cover the industrial membrane
separation processes, which represent the heart of current membrane technology.
Carrier facilitated transport is covered next, followed by a chapter reviewing the
medical applications of membranes. The book closes with a chapter that describes
various minor or yet-to-be-developed membrane processes, including membrane
reactors, membrane contactors and piezodialysis.

Historical Development of Membranes

Systematic studies of membrane phenomena can be traced to the eighteenth cen-
tury philosopher scientists. For example, Abbé Nolet coined the word ‘osmosis’
to describe permeation of water through a diaphragm in 1748. Through the nine-
teenth and early twentieth centuries, membranes had no industrial or commercial
uses, but were used as laboratory tools to develop physical/chemical theories. For
example, the measurements of solution osmotic pressure made with membranes
by Traube and Pfeffer were used by van’t Hoff in 1887 to develop his limit law,
which explains the behavior of ideal dilute solutions; this work led directly to the

Membrane Technology and Applications R. W. Baker
© 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6



2 MEMBRANE TECHNOLOGY AND APPLICATIONS

van’t Hoff equation. At about the same time, the concept of a perfectly selective
semipermeable membrane was used by Maxwell and others in developing the
kinetic theory of gases.

Early membrane investigators experimented with every type of diaphragm
available to them, such as bladders of pigs, cattle or fish and sausage casings
made of animal gut. Later, collodion (nitrocellulose) membranes were preferred,
because they could be made reproducibly. In 1907, Bechhold devised a technique
to prepare nitrocellulose membranes of graded pore size, which he determined
by a bubble test [1]. Other early workers, particularly Elford [2], Zsigmondy and
Bachmann [3] and Ferry [4] improved on Bechhold’s technique, and by the early
1930s microporous collodion membranes were commercially available. During
the next 20 years, this early microfiltration membrane technology was expanded
to other polymers, notably cellulose acetate. Membranes found their first signif-
icant application in the testing of drinking water at the end of World War II.
Drinking water supplies serving large communities in Germany and elsewhere
in Europe had broken down, and filters to test for water safety were needed
urgently. The research effort to develop these filters, sponsored by the US Army,
was later exploited by the Millipore Corporation, the first and still the largest US
microfiltration membrane producer.

By 1960, the elements of modern membrane science had been developed, but
membranes were used in only a few laboratory and small, specialized industrial
applications. No significant membrane industry existed, and total annual sales of
membranes for all industrial applications probably did not exceed US$20 million
in 2003 dollars. Membranes suffered from four problems that prohibited their
widespread use as a separation process: They were too unreliable, too slow, too
unselective, and too expensive. Solutions to each of these problems have been
developed during the last 30 years, and membrane-based separation processes
are now commonplace.

The seminal discovery that transformed membrane separation from a labora-
tory to an industrial process was the development, in the early 1960s, of the
Loeb—Sourirajan process for making defect-free, high-flux, anisotropic reverse
osmosis membranes [5]. These membranes consist of an ultrathin, selective sur-
face film on a much thicker but much more permeable microporous support,
which provides the mechanical strength. The flux of the first Loeb—Sourirajan
reverse osmosis membrane was 10 times higher than that of any membrane then
available and made reverse osmosis a potentially practical method of desalting
water. The work of Loeb and Sourirajan, and the timely infusion of large sums
of research and development dollars from the US Department of Interior, Office
of Saline Water (OSW), resulted in the commercialization of reverse osmosis and
was a major factor in the development of ultrafiltration and microfiltration. The
development of electrodialysis was also aided by OSW funding.

Concurrently with the development of these industrial applications of mem-
branes was the independent development of membranes for medical separation
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processes, in particular, the artificial kidney. W.J. Kolf [6] had demonstrated
the first successful artificial kidney in The Netherlands in 1945. It took almost
20 years to refine the technology for use on a large scale, but these developments
were complete by the early 1960s. Since then, the use of membranes in artifi-
cial organs has become a major life-saving procedure. More than 800 000 people
are now sustained by artificial kidneys and a further million people undergo
open-heart surgery each year, a procedure made possible by development of the
membrane blood oxygenator. The sales of these devices comfortably exceed the
total industrial membrane separation market. Another important medical applica-
tion of membranes is for controlled drug delivery systems. A key figure in this
area was Alex Zaffaroni, who founded Alza, a company dedicated to develop-
ing these products in 1966. The membrane techniques developed by Alza and
its competitors are widely used in the pharmaceutical industry to improve the
efficiency and safety of drug delivery.

The period from 1960 to 1980 produced a significant change in the status
of membrane technology. Building on the original Loeb—Sourirajan technique,
other membrane formation processes, including interfacial polymerization and
multilayer composite casting and coating, were developed for making high-
performance membranes. Using these processes, membranes with selective layers
as thin as 0.1 wm or less are now being produced by a number of compa-
nies. Methods of packaging membranes into large-membrane-area spiral-wound,
hollow-fine-fiber, capillary, and plate-and-frame modules were also developed,
and advances were made in improving membrane stability. By 1980, micro-
filtration, ultrafiltration, reverse osmosis and electrodialysis were all established
processes with large plants installed worldwide.

The principal development in the 1980s was the emergence of industrial mem-
brane gas separation processes. The first major development was the Monsanto
Prism® membrane for hydrogen separation, introduced in 1980 [7]. Within a few
years, Dow was producing systems to separate nitrogen from air, and Cynara and
Separex were producing systems to separate carbon dioxide from natural gas.
Gas separation technology is evolving and expanding rapidly; further substantial
growth will be seen in the coming years. The final development of the 1980s was
the introduction by GFT, a small German engineering company, of the first com-
mercial pervaporation systems for dehydration of alcohol. More than 100 ethanol
and isopropanol pervaporation dehydration plants have now been installed. Other
pervaporation applications are at the early commercial stage.

Types of Membranes

This book is limited to synthetic membranes, excluding all biological structures,
but the topic is still large enough to include a wide variety of membranes that dif-
fer in chemical and physical composition and in the way they operate. In essence,
a membrane is nothing more than a discrete, thin interface that moderates the
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Figure 1.1 Schematic diagrams of the principal types of membranes

permeation of chemical species in contact with it. This interface may be molecu-
larly homogeneous, that is, completely uniform in composition and structure, or
it may be chemically or physically heterogeneous, for example, containing holes
or pores of finite dimensions or consisting of some form of layered structure. A
normal filter meets this definition of a membrane, but, by convention, the term
filter is usually limited to structures that separate particulate suspensions larger
than 1 to 10 wm. The principal types of membrane are shown schematically in
Figure 1.1 and are described briefly below.

Isotropic Membranes
Microporous Membranes

A microporous membrane is very similar in structure and function to a conven-
tional filter. It has a rigid, highly voided structure with randomly distributed,
interconnected pores. However, these pores differ from those in a conventional
filter by being extremely small, on the order of 0.01 to 10 wm in diameter. All
particles larger than the largest pores are completely rejected by the membrane.
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Particles smaller than the largest pores, but larger than the smallest pores are
partially rejected, according to the pore size distribution of the membrane. Par-
ticles much smaller than the smallest pores will pass through the membrane.
Thus, separation of solutes by microporous membranes is mainly a function of
molecular size and pore size distribution. In general, only molecules that differ
considerably in size can be separated effectively by microporous membranes, for
example, in ultrafiltration and microfiltration.

Nonporous, Dense Membranes

Nonporous, dense membranes consist of a dense film through which permeants
are transported by diffusion under the driving force of a pressure, concentra-
tion, or electrical potential gradient. The separation of various components of a
mixture is related directly to their relative transport rate within the membrane,
which is determined by their diffusivity and solubility in the membrane material.
Thus, nonporous, dense membranes can separate permeants of similar size if their
concentration in the membrane material (that is, their solubility) differs signifi-
cantly. Most gas separation, pervaporation, and reverse osmosis membranes use
dense membranes to perform the separation. Usually these membranes have an
anisotropic structure to improve the flux.

Electrically Charged Membranes

Electrically charged membranes can be dense or microporous, but are most com-
monly very finely microporous, with the pore walls carrying fixed positively
or negatively charged ions. A membrane with fixed positively charged ions is
referred to as an anion-exchange membrane because it binds anions in the sur-
rounding fluid. Similarly, a membrane containing fixed negatively charged ions
is called a cation-exchange membrane. Separation with charged membranes is
achieved mainly by exclusion of ions of the same charge as the fixed ions of the
membrane structure, and to a much lesser extent by the pore size. The separation
is affected by the charge and concentration of the ions in solution. For example,
monovalent ions are excluded less effectively than divalent ions and, in solutions
of high ionic strength, selectivity decreases. Electrically charged membranes are
used for processing electrolyte solutions in electrodialysis.

Anisotropic Membranes

The transport rate of a species through a membrane is inversely proportional to
the membrane thickness. High transport rates are desirable in membrane separa-
tion processes for economic reasons; therefore, the membrane should be as thin as
possible. Conventional film fabrication technology limits manufacture of mechan-
ically strong, defect-free films to about 20 wm thickness. The development of
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novel membrane fabrication techniques to produce anisotropic membrane struc-
tures was one of the major breakthroughs of membrane technology during the
past 30 years. Anisotropic membranes consist of an extremely thin surface layer
supported on a much thicker, porous substructure. The surface layer and its
substructure may be formed in a single operation or separately. In composite
membranes, the layers are usually made from different polymers. The separation
properties and permeation rates of the membrane are determined exclusively by
the surface layer; the substructure functions as a mechanical support. The advan-
tages of the higher fluxes provided by anisotropic membranes are so great that
almost all commercial processes use such membranes.

Ceramic, Metal and Liquid Membranes

The discussion so far implies that membrane materials are organic polymers and,
in fact, the vast majority of membranes used commercially are polymer-based.
However, in recent years, interest in membranes formed from less conventional
materials has increased. Ceramic membranes, a special class of microporous
membranes, are being used in ultrafiltration and microfiltration applications for
which solvent resistance and thermal stability are required. Dense metal mem-
branes, particularly palladium membranes, are being considered for the separation
of hydrogen from gas mixtures, and supported liquid films are being developed
for carrier-facilitated transport processes.

Membrane Processes

Six developed and a number of developing and yet-to-be-developed industrial
membrane technologies are discussed in this book. In addition, sections are
included describing the use of membranes in medical applications such as the
artificial kidney, blood oxygenation, and controlled drug delivery devices. The
status of all of these processes is summarized in Table 1.1.

The four developed industrial membrane separation processes are microfiltra-
tion, ultrafiltration, reverse osmosis, and electrodialysis. These processes are all
well established, and the market is served by a number of experienced companies.

The range of application of the three pressure-driven membrane water sep-
aration processes—reverse osmosis, ultrafiltration and microfiltration—is illus-
trated in Figure 1.2. Ultrafiltration (Chapter 6) and microfiltration (Chapter 7)
are basically similar in that the mode of separation is molecular sieving through
increasingly fine pores. Microfiltration membranes filter colloidal particles and
bacteria from 0.1 to 10 pwm in diameter. Ultrafiltration membranes can be used
to filter dissolved macromolecules, such as proteins, from solutions. The mech-
anism of separation by reverse osmosis membranes is quite different. In reverse
osmosis membranes (Chapter 5), the membrane pores are so small, from 3 to
5 A in diameter, that they are within the range of thermal motion of the polymer



OVERVIEW OF MEMBRANE SCIENCE AND TECHNOLOGY

Table 1.1 Membrane technologies addressed in this book

Category Process Status
Developed industrial Microfiltration Well-established unit
membrane separation Ultrafiltration operations. No major
technologies Reverse osmosis breakthroughs seem
Electrodialysis imminent

Developing industrial
membrane separation
technologies

Gas separation
Pervaporation

Carrier facilitated
transport

Membrane contactors

Piezodialysis, etc.

To-be-developed
industrial membrane
separation
technologies

Medical applications of Artificial kidneys

A number of plants have been
installed. Market size and
number of applications
served are expanding

Major problems remain to be
solved before industrial
systems will be installed on
a large scale

Well-established processes.

membranes Artificial lungs Still the focus of research to
Controlled drug delivery improve performance, for
example, improving
biocompatibility
Pseudomonas
Na+ diminuta
(8.7 A) Influenza 4 o8 m) Staphylococcus
H,0 Sucrose Hemoglobin virus bacteria
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o o) O O
Starch
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Microfiltration
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0SMosis
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Pore diameter

Figure 1.2 Reverse osmosis, ultrafiltration, microfiltration, and conventional filtration
are related processes differing principally in the average pore diameter of the membrane
filter. Reverse osmosis membranes are so dense that discrete pores do not exist; transport
occurs via statistically distributed free volume areas. The relative size of different solutes
removed by each class of membrane is illustrated in this schematic
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chains that form the membrane. The accepted mechanism of transport through
these membranes is called the solution-diffusion model. According to this model,
solutes permeate the membrane by dissolving in the membrane material and
diffusing down a concentration gradient. Separation occurs because of the dif-
ference in solubilities and mobilities of different solutes in the membrane. The
principal application of reverse osmosis is desalination of brackish groundwater
or seawater.

Although reverse osmosis, ultrafiltration and microfiltration are conceptually
similar processes, the difference in pore diameter (or apparent pore diameter)
produces dramatic differences in the way the membranes are used. A simple
model of liquid flow through these membranes is to describe the membranes as
a series of cylindrical capillary pores of diameter d. The liquid flow through a
pore (q) is given by Poiseuille’s law as:

_ ad*
128 e

q Ap (1.1)

where Ap is the pressure difference across the pore, | is the liquid viscosity and
£ is the pore length. The flux, or flow per unit membrane area, is the sum of all
the flows through the individual pores and so is given by:

wd*

128 e

Ap (1.2)

where N is the number of pores per square centimeter of membrane.

For membranes of equal pore area and porosity (¢), the number of pores per
square centimeter is proportional to the inverse square of the pore diameter.
That is,

N 4 (1.3)
=& — .
wd?
It follows that the flux, given by combining Equations (1.2) and (1.3), is
A
= 2P p (1.4)
32 ne

From Figure 1.2, the typical pore diameter of a microfiltration membrane
is 10000 A. This is 100-fold larger than the average ultrafiltration pore and
1000-fold larger than the (nominal) diameter of pores in reverse osmosis mem-
branes. Because fluxes are proportional to the square of these pore diameters, the
permeance, that is, flux per unit pressure difference (J/Ap) of microfiltration
membranes is enormously higher than that of ultrafiltration membranes, which in
turn is much higher than that of reverse osmosis membranes. These differences
significantly impact the operating pressure and the way that these membranes are
used industrially.
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The fourth fully developed membrane process is electrodialysis (Chapter 10),
in which charged membranes are used to separate ions from aqueous solutions
under the driving force of an electrical potential difference. The process utilizes
an electrodialysis stack, built on the filter-press principle and containing several
hundred individual cells, each formed by a pair of anion and cation exchange
membranes. The principal application of electrodialysis is the desalting of brack-
ish groundwater. However, industrial use of the process in the food industry, for
example, to deionize cheese whey, is growing, as is its use in pollution-control
applications. A schematic of the process is shown in Figure 1.3.

Table 1.1 shows two developing industrial membrane separation processes: gas
separation with polymer membranes (Chapter 8) and pervaporation (Chapter 9).
Gas separation with membranes is the more advanced of the two techniques; at
least 20 companies worldwide offer industrial, membrane-based gas separation
systems for a variety of applications. Only a handful of companies currently offer
industrial pervaporation systems. In gas separation, a gas mixture at an elevated
pressure is passed across the surface of a membrane that is selectively permeable
to one component of the feed mixture; the membrane permeate is enriched in this
species. The basic process is illustrated in Figure 1.4. Major current applications
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Figure 1.3 Schematic diagram of an electrodialysis process
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Figure 1.4 Schematic diagram of the basic membrane gas separation process

of gas separation membranes are the separation of hydrogen from nitrogen, argon
and methane in ammonia plants; the production of nitrogen from air; and the
separation of carbon dioxide from methane in natural gas operations. Membrane
gas separation is an area of considerable current research interest, and the number
of applications is expanding rapidly.

Pervaporation is a relatively new process that has elements in common with
reverse osmosis and gas separation. In pervaporation, a liquid mixture contacts
one side of a membrane, and the permeate is removed as a vapor from the other.
The driving force for the process is the low vapor pressure on the permeate
side of the membrane generated by cooling and condensing the permeate vapor.
The attraction of pervaporation is that the separation obtained is proportional
to the rate of permeation of the components of the liquid mixture through the
selective membrane. Therefore, pervaporation offers the possibility of separating
closely boiling mixtures or azeotropes that are difficult to separate by distilla-
tion or other means. A schematic of a simple pervaporation process using a
condenser to generate the permeate vacuum is shown in Figure 1.5. Currently,
the main industrial application of pervaporation is the dehydration of organic
solvents, in particular, the dehydration of 90—-95 % ethanol solutions, a diffi-
cult separation problem because of the ethanol—water azeotrope at 95 % ethanol.
Pervaporation membranes that selectively permeate water can produce more than
99.9 % ethanol from these solutions. Pervaporation processes are also being devel-
oped for the removal of dissolved organics from water and for the separation of
organic mixtures.

A number of other industrial membrane processes are placed in the category of
to-be-developed technologies in Table 1.1. Perhaps the most important of these is
carrier facilitated transport (Chapter 11), which often employs liquid membranes
containing a complexing or carrier agent. The carrier agent reacts with one com-
ponent of a mixture on the feed side of the membrane and then diffuses across
the membrane to release the permeant on the product side of the membrane. The
reformed carrier agent then diffuses back to the feed side of the membrane. Thus,
the carrier agent acts as a shuttle to selectively transport one component from
the feed to the product side of the membrane.
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Figure 1.5 Schematic diagram of the basic pervaporation process

Facilitated transport membranes can be used to separate gases; membrane trans-
port is then driven by a difference in the gas partial pressure across the membrane.
Metal ions can also be selectively transported across a membrane, driven by a
flow of hydrogen or hydroxyl ions in the other direction. This process is some-
times called coupled transport. Examples of carrier facilitated transport processes
for gas and ion transport are shown in Figure 1.6.

Because the carrier facilitated transport process employs a reactive carrier
species, very high membrane selectivities can be achieved. These selectivities
are often far larger than the selectivities achieved by other membrane pro-
cesses. This one fact has maintained interest in facilitated transport for the past
30 years, but no commercial applications have developed. The principal problem
is the physical instability of the liquid membrane and the chemical instability of
the carrier agent. In recent years a number of potential solutions to this prob-
lem have been developed, which may yet make carrier facilitated transport a
viable process.

The membrane separation processes described above represent the bulk of the
industrial membrane separation industry. Another process, dialysis, is not used
industrially but is used on a large scale in medicine to remove toxic metabolites
from blood in patients suffering from kidney failure. The first successful artificial
kidney was based on cellophane (regenerated cellulose) dialysis membranes and
was developed in 1945. Over the past 50 years, many changes have been made.
Currently, most artificial kidneys are based on hollow-fiber membranes formed
into modules having a membrane area of about 1 m?; the process is illustrated
in Figure 1.7. Blood is circulated through the center of the fiber, while isotonic
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Figure 1.6 Schematic examples of carrier facilitated transport of gas and ions. The gas
transport example shows the transport of oxygen across a membrane using hemoglobin
as the carrier agent. The ion transport example shows the transport of copper ions across
a membrane using a liquid ion-exchange reagent as the carrier agent
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Figure 1.7 Schematic of a hollow fiber artificial kidney dialyser used to remove urea
and other toxic metabolites from blood. About 100 million of these devices are used
every year
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saline, the dialysate, is pumped countercurrently around the outside of the fibers.
Urea, creatinine, and other low-molecular-weight metabolites in the blood diffuse
across the fiber wall and are removed with the saline solution. The process is
quite slow, usually requiring several hours to remove the required amount of the
metabolite from the patient, and must be repeated one or two times per week.
In terms of membrane area used and dollar value of the membrane produced,
artificial kidneys are the single largest application of membranes.

Following the success of the artificial kidney, similar devices were developed to
remove carbon dioxide and deliver oxygen to the blood. These so-called artificial
lungs are used in surgical procedures during which the patient’s lungs cannot
function. The dialysate fluid shown in Figure 1.7 is replaced with a carefully
controlled sweep gas containing oxygen, which is delivered to the blood, and
carbon dioxide, which is removed. These two medical applications of membranes
are described in Chapter 12.

Another major medical use of membranes is in controlled drug delivery
(Chapter 12). Controlled drug delivery can be achieved by a wide range of
techniques, most of which involve membranes; a simple example is illustrated
in Figure 1.8. In this device, designed to deliver drugs through the skin, drug
is contained in a reservoir surrounded by a membrane. With such a system,

Initial high release of
agent that has migrated
into membrane on storage
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Constant release as long as/'
a constant concentration
is maintained in depot

r
Release rapidly declines when
Membrane device approaches exhaustion

Drug release rate

Drug

Time
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Figure 1.8 Schematic of transdermal patch in which the rate of delivery of drug to the
body is controlled by a polymer membrane. Such patches are used to deliver many drugs
including nitroglycerine, estradiol, nicotine and scopalamine
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the release of drug is constant as long as a constant concentration of drug
is maintained within the device. A constant concentration is maintained if the
reservoir contains a saturated solution and sufficient excess of solid drug. Systems
that operate using this principle are used to moderate delivery of drugs such as
nitroglycerine (for angina), nicotine (for smoking cessation), and estradiol (for
hormone replacement therapy) through the skin. Other devices using osmosis or
biodegradation as the rate-controlling mechanism are also produced as implants
and tablets. The total market of controlled release pharmaceuticals is comfortably
above US$3 billion per year.
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2 MEMBRANE TRANSPORT
THEORY

Introduction

The most important property of membranes is their ability to control the rate of
permeation of different species. The two models used to describe the mechanism
of permeation are illustrated in Figure 2.1. One is the solution-diffusion model, in
which permeants dissolve in the membrane material and then diffuse through the
membrane down a concentration gradient. The permeants are separated because
of the differences in the solubilities of the materials in the membrane and the
differences in the rates at which the materials diffuse through the membrane.
The other model is the pore-flow model, in which permeants are transported by
pressure-driven convective flow through tiny pores. Separation occurs because
one of the permeants is excluded (filtered) from some of the pores in the mem-
brane through which other permeants move. Both models were proposed in the
nineteenth century, but the pore-flow model, because it was closer to normal
physical experience, was more popular until the mid-1940s. However, during
the 1940s, the solution-diffusion model was used to explain transport of gases
through polymeric films. This use of the solution-diffusion model was relatively
uncontroversial, but the transport mechanism in reverse osmosis membranes was
a hotly debated issue in the 1960s and early 1970s [1-6]. By 1980, however,
the proponents of solution-diffusion had carried the day; currently only a few
die-hard pore-flow modelers use this approach to rationalize reverse osmosis.
Diffusion, the basis of the solution-diffusion model, is the process by which
matter is transported from one part of a system to another by a concentration
gradient. The individual molecules in the membrane medium are in constant ran-
dom molecular motion, but in an isotropic medium, individual molecules have
no preferred direction of motion. Although the average displacement of an indi-
vidual molecule from its starting point can be calculated, after a period of time
nothing can be said about the direction in which any individual molecule will
move. However, if a concentration gradient of permeate molecules is formed
in the medium, simple statistics show that a net transport of matter will occur

Membrane Technology and Applications R. W. Baker
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Figure 2.1 Molecular transport through membranes can be described by a flow through
permanent pores or by the solution-diffusion mechanism

from the high concentration to the low concentration region. For example, when
two adjacent volume elements with slightly different permeant concentrations
are separated by an interface, then simply because of the difference in the num-
ber of molecules in each volume element, more molecules will move from the
concentrated side to the less concentrated side of the interface than will move
in the other direction. This concept was first recognized by Fick theoretically
and experimentally in 1855 [7]. Fick formulated his results as the equation now
called Fick’s law of diffusion, which states

J; = —Di% 2.1
dx

where J; is the rate of transfer of component i or flux (g/cm2 -s) and dc; /dx is the
concentration gradient of component i. The term D; is called the diffusion coef-
ficient (cm?/s) and is a measure of the mobility of the individual molecules. The
minus sign shows that the direction of diffusion is down the concentration gradi-
ent. Diffusion is an inherently slow process. In practical diffusion-controlled sep-
aration processes, useful fluxes across the membrane are achieved by making the
membranes very thin and creating large concentration gradients in the membrane.

Pressure-driven convective flow, the basis of the pore flow model, is most
commonly used to describe flow in a capillary or porous medium. The basic
equation covering this type of transport is Darcy’s law, which can be written as

, . dp
J,‘ =K Ci— (22)
dx
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where dp/dx is the pressure gradient existing in the porous medium, ¢; is the
concentration of component i in the medium and K’ is a coefficient reflecting the
nature of the medium. In general, convective-pressure-driven membrane fluxes
are high compared with those obtained by simple diffusion.

The difference between the solution-diffusion and pore-flow mechanisms lies in
the relative size and permanence of the pores. For membranes in which transport
is best described by the solution-diffusion model and Fick’s law, the free-volume
elements (pores) in the membrane are tiny spaces between polymer chains caused
by thermal motion of the polymer molecules. These volume elements appear
and disappear on about the same timescale as the motions of the permeants
traversing the membrane. On the other hand, for a membrane in which transport
is best described by a pore-flow model and Darcy’s law, the free-volume elements
(pores) are relatively large and fixed, do not fluctuate in position or volume on the
timescale of permeant motion, and are connected to one another. The larger the
individual free volume elements (pores), the more likely they are to be present
long enough to produce pore-flow characteristics in the membrane. As a rough
rule of thumb, the transition between transient (solution-diffusion) and permanent
(pore-flow) pores is in the range 5-10 A diameter.

The average pore diameter in a membrane is difficult to measure directly and
must often be inferred from the size of the molecules that permeate the membrane
or by some other indirect technique. With this caveat in mind membranes can be
organized into the three general groups shown in Figure 2.2:

e Ultrafiltration, microfiltration and microporous Knudsen-flow gas separation
membranes are all clearly microporous, and transport occurs by pore flow.

e Reverse osmosis, pervaporation and polymeric gas separation membranes have
a dense polymer layer with no visible pores, in which the separation occurs.
These membranes show different transport rates for molecules as small as
2-5 A in diameter. The fluxes of permeants through these membranes are
also much lower than through the microporous membranes. Transport is best
described by the solution-diffusion model. The spaces between the polymer
chains in these membranes are less than 5 A in diameter and so are within
the normal range of thermal motion of the polymer chains that make up the
membrane matrix. Molecules permeate the membrane through free volume
elements between the polymer chains that are transient on the timescale of the
diffusion processes occurring.

e Membranes in the third group contain pores with diameters between 5 A
and 10 A and are intermediate between truly microporous and truly solution-
diffusion membranes. For example, nanofiltration membranes are intermediate
between ultrafiltration membranes and reverse osmosis membranes. These
membranes have high rejections for the di- and trisaccharides sucrose and raffi-
nose with molecular diameters of 10—13 A, but freely pass the monosaccharide
fructose with a molecular diameter of about 5—6 A.
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Figure 2.2 Schematic representation of the nominal pore size and best theoretical model
for the principal membrane separation processes

In this chapter, permeation through dense nonporous membranes is covered
first; this includes permeation in reverse osmosis, pervaporation, and gas separa-
tion membranes. Transport occurs by molecular diffusion and is described by the
solution-diffusion model. The predictions of this model are in good agreement
with experimental data, and a number of simple equations that usefully rational-
ize the properties of these membranes result. In the second part of the chapter,
transport in microporous ultrafiltration and microfiltration membranes is covered
more briefly. Transport through these membranes occurs by convective flow with
some form of sieving mechanism producing the separation. However, the ability
of theory to rationalize transport in these membranes is poor. A number of fac-
tors concurrently affect permeation, so a simple quantitative description of the
process is not possible. Finally, a brief discussion of membranes that fall into
the ‘intermediate’ category is given.

Solution-diffusion Model

Molecular Dynamics Simulations

The solution-diffusion model applies to reverse osmosis, pervaporation and gas
permeation in polymer films. At first glance these processes appear to be very
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different. Reverse osmosis uses a large pressure difference across the membrane
to separate water from salt solutions. In pervaporation, the pressure difference
across the membrane is small, and the process is driven by the vapor pressure
difference between the feed liquid and the low partial pressure of the permeate
vapor. Gas permeation involves transport of gases down a pressure or concentra-
tion gradient. However, all three processes involve diffusion of molecules in a
dense polymer. The pressure, temperature, and composition of the fluids on either
side of the membrane determine the concentration of the diffusing species at the
membrane surface in equilibrium with the fluid. Once dissolved in the membrane,
individual permeating molecules move by the same random process of molecu-
lar diffusion no matter whether the membrane is being used in reverse osmosis,
pervaporation, or gas permeation. Often, similar membranes are used in very
different processes. For example, cellulose acetate membranes were developed
for desalination of water by reverse osmosis, but essentially identical membranes
have been used in pervaporation to dehydrate alcohol and are widely used in gas
permeation to separate carbon dioxide from natural gas. Similarly, silicone rubber
membranes are too hydrophobic to be useful in reverse osmosis but are used to
separate volatile organics from water by pervaporation and organic vapors from
air in gas permeation.

The advent of powerful computers has allowed the statistical fluctuations in
the volumes between polymer chains due to thermal motion to be calculated.
Figure 2.3 shows the results of a computer molecular dynamics simulation cal-
culation for a small-volume element of a polymer. The change in position of
individual polymer molecules in a small-volume element can be calculated at
short enough time intervals to represent the normal thermal motion occurring in
a polymeric matrix. If a penetrant molecule is placed in one of the small-free-
volume microcavities between polymer chains, its motion can also be calculated.
The simulated motion of a carbon dioxide molecule in a 6FDA-4PDA polyimide
matrix is shown in Figure 2.3 [8]. During the first 100 ps of the simulation,
the carbon dioxide molecule bounces around in the cavity where it has been
placed, never moving more than about 5 A, the diameter of the microcavity.
After 100 ps, however, a chance thermal motion moves a segment of the poly-
mer chains sufficiently for the carbon dioxide molecule to jump approximately
10 A to an adjacent cavity where it remains until another movement of the poly-
mer chains allows it to jump to another cavity. By repeating these calculations
many times and averaging the distance moved by the gas molecule, its diffusion
coefficient can be calculated.

An alternative method of representing the movement of an individual molecule
by computational techniques is shown in Figure 2.4 [9]. This figure shows the
movement of three different permeate molecules over a period of 200 ps in a
silicone rubber polymer matrix. The smaller helium molecule moves more fre-
quently and makes larger jumps than the larger methane molecule. Helium, with
a molecular diameter of 2.55 A, has many more opportunities to move from one



20 MEMBRANE TECHNOLOGY AND APPLICATIONS

Jump length A

25
From Smit et al. (1992)
Jump
20 -
Movement in cavity

< 15~ Movement in cavity
s
:‘§
g 10—

Jump length

Cavity size

0 | | | | | | | | |
0 20 40 60 80 100 120 140 160 180 200

Simulation time (picoseconds)

Figure 2.3 Motion of a carbon dioxide molecule in a 6FDA-4PDA polymer matrix [8].
Reprinted from J. Membr. Sci. 73, E. Smit, M.H.V. Mulder, C.A. Smolders, H. Kar-
renbeld, J. van Eerden and D. Feil, Modeling of the Diffusion of Carbon Dioxide in
Polyimide Matrices by Computer Simulation, p. 247, Copyright 1992, with permission
from Elsevier

position to another than methane, with a molecular diameter of 3.76 A. Oxygen,
with a molecular diameter of 3.47 A, has intermediate mobility. The effect of
polymer structure on diffusion can be seen by comparing the distance moved by
the gas molecules in the same 200-ps period in Figures 2.3 and 2.4. Figure 2.3
simulates diffusion in a glassy rigid-backbone polyimide. In 200 ps, the perme-
ate molecule has made only one large jump. Figure 2.4 simulates diffusion in
silicone rubber, a material with a very flexible polymer backbone. In 200 ps, all
the permeants in silicone rubber have made a number of large jumps from one
microcavity to another.

Molecular dynamics simulations also allow the transition from the solution-
diffusion to the pore-flow transport mechanism to be seen. As the microcavities
become larger, the transport mechanism changes from the diffusion process
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Figure 2.4 Simulated trajectories of helium, oxygen and methane molecules during a
200-ps time period in a poly(dimethylsiloxane) matrix [9]. Reprinted with permission from
S.G. Charati and S.A. Stern, Diffusion of Gases in Silicone Polymers: Molecular Dynamic
Simulations, Macromolecules 31, 5529. Copyright 1998, American Chemical Society

simulated in Figures 2.3 and 2.4 to a pore-flow mechanism. Permanent pores
form when the microcavities are larger than about 10 A in diameter.

However, molecular dynamics calculations are at an early stage of devel-
opment. Current estimates of diffusion coefficients from these simulations are
generally far from matching the experimental values, and enormous computing
power and a better understanding of the interactions between the molecules of
polymer chains will be required to produce accurate predictions. Nonetheless,
the technique demonstrates the qualitative basis of the solution-diffusion model
in a very graphic way. Currently, the best quantitative description of perme-
ation uses phenomenological equations, particularly Fick’s law. This description
is given in the section that follows, which outlines the mathematical basis of the
solution-diffusion model. Much of this section is adapted from a 1995 Journal
of Membrane Science article written with my colleague, Hans Wijmans [10].

Concentration and Pressure Gradients in Membranes

The starting point for the mathematical description of diffusion in membranes
is the proposition, solidly based in thermodynamics, that the driving forces of
pressure, temperature, concentration, and electrical potential are interrelated and
that the overall driving force producing movement of a permeant is the gradient
in its chemical potential. Thus, the flux, J,'(g/cm2 -s), of a component, i, is
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described by the simple equation

du;
"dx

where du; /dx is the chemical potential gradient of component i and L; is a coeffi-
cient of proportionality (not necessarily constant) linking this chemical potential
driving force to flux. Driving forces, such as gradients in concentration, pres-
sure, temperature, and electrical potential can be expressed as chemical potential
gradients, and their effect on flux expressed by this equation. This approach is
extremely useful, because many processes involve more than one driving force,
for example, both pressure and concentration in reverse osmosis. Restricting the
approach to driving forces generated by concentration and pressure gradients, the
chemical potential is written as

Ji=-L (2.3)

du; = RTdIn(y;n;) + v;dp (2.4)

where n; is the mole fraction (mol/mol) of component i, y; is the activity coef-
ficient (mol/mol) linking mole fraction with activity, p is the pressure, and v; is
the molar volume of component i.

In incompressible phases, such as a liquid or a solid membrane, volume does
not change with pressure. In this case, integrating Equation (2.4) with respect to
concentration and pressure gives

i = i + RT In(y;n;) + vi(p — p;) (2.5)

where ! is the chemical potential of pure i at a reference pressure, p?.
In compressible gases, the molar volume changes with pressure. Using the
ideal gas laws in integrating Equation (2.4) gives

Wi = u? + RT In(y;n;) + RT In pﬁ 2.6)

L

To ensure that the reference chemical potential u? is identical in Equations (2.5)
and (2.6), the reference pressure p; is defined as the saturation vapor pressure
of i, p; . Equations (2.5) and (2.6) can then be rewritten as

wi = ui + RT In(yin;) +vi(p — piy,) (2.7)
for incompressible liquids and the membrane phase, and as

)4

wi = i + RT In(y;n;) + RT In (2.8)

i.\ill
for compressible gases.
Several assumptions must be made to define any permeation model. Usually,
the first assumption governing transport through membranes is that the fluids on
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either side of the membrane are in equilibrium with the membrane material at the
interface. This assumption means that the gradient in chemical potential from one
side of the membrane to the other is continuous. Implicit in this assumption is that
the rates of absorption and desorption at the membrane interface are much higher
than the rate of diffusion through the membrane. This appears to be the case in
almost all membrane processes, but may fail in transport processes involving
chemical reactions, such as facilitated transport, or in diffusion of gases through
metals, where interfacial absorption can be slow.

The second assumption concerns the pressure and concentration gradients in the
membrane. The solution-diffusion model assumes that when pressure is applied
across a dense membrane, the pressure throughout the membrane is constant at the
highest value. This assumes, in effect, that solution-diffusion membranes transmit
pressure in the same way as liquids. Consequently, the solution-diffusion model
assumes that the pressure within a membrane is uniform and that the chemical
potential gradient across the membrane is expressed only as a concentration
gradient [5,10]. The consequences of these two assumptions are illustrated in
Figure 2.5, which shows pressure-driven permeation of a one-component solution
through a membrane by the solution-diffusion mechanism.

In the solution-diffusion model, the pressure within the membrane is constant
at the high-pressure value (p,), and the gradient in chemical potential across the
membrane is expressed as a smooth gradient in solvent activity (y;n;). The flow
that occurs down this gradient is expressed by Equation (2.3), but because no
pressure gradient exists within the membrane, Equation (2.3) can be rewritten by
combining Equations (2.3) and (2.4). Assuming y; is constant, this gives

RTL, dl’ll'
Ji = — : (2.9)
n; dx

Solution-diffusion model

High-pressure Membrane Low-pressure
solution \ solution

Chemical potential

Pressure p

Solvent activity y;n; —N—

Figure 2.5 Pressure driven permeation of a one-component solution through a mem-
brane according to the solution-diffusion transport model
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In Equation (2.9), the gradient of component i across the membrane is expressed
as a gradient in mole fraction of component i. Using the more practical term
concentration c; (g/cm3 ) defined as

ci = m;pn; (2.10)

where m; is the molecular weight of i (g/mol) and p is the molar density
(mol/cm?), Equation (2.9) can be written as
RTL, dC,’

Ji = .
ci dx

2.11)

Equation (2.11) has the same form as Fick’s law in which the term RT L;/c; can
be replaced by the diffusion coefficient D;. Thus,

dc;
J = —D, =5 (2.12)
dx
Integrating over the thickness of the membrane then gives'
Di(c,,, —¢i
= l( n(m)Z l((m)) (2'13)

By using osmosis as an example, concentration and pressure gradients according
to the solution-diffusion model can be discussed in a somewhat more complex
situation. The activity, pressure, and chemical potential gradients within this type
of membrane are illustrated in Figure 2.6.

Figure 2.6(a) shows a semipermeable membrane separating a salt solution from
the pure solvent. The pressure is the same on both sides of the membrane. For
simplicity, the gradient of salt (component j) is not shown in this figure, but the
membrane is assumed to be very selective, so the concentration of salt within
the membrane is small. The difference in concentration across the membrane
results in a continuous, smooth gradient in the chemical potential of the water
(component i) across the membrane, from u;, on the water side to w;, on the
salt side. The pressure within and across the membrane is constant (that is,
Po = Pm = pe¢) and the solvent activity gradient (y;, n;,,) falls continuously
from the pure water (solvent) side to the saline (solution) side of the membrane.
Consequently, water passes across the membrane from right to left.

Figure 2.6(b) shows the situation at the point of osmotic equilibrium, when
sufficient pressure has been applied to the saline side of the membrane to bring
the flow across the membrane to zero. As shown in Figure 2.6(b), the pressure

'In the equations that follow, the terms i and j represent components of a solution, and the terms
o and ¢ represent the positions of the feed and permeate interfaces, respectively, of the membrane.
Thus the term c;, represents the concentration of component i in the fluid (gas or liquid) in contact
with the membrane at the feed interface. The subscript m is used to represent the membrane phase.
Thus, ¢;,,, is the concentration of component i in the membrane at the feed interface (point o).

o(m)
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Figure 2.6 Chemical potential, pressure, and solvent activity profiles through an osmotic
membrane following the solution-diffusion model. The pressure in the membrane is uni-
form and equal to the high-pressure value, so the chemical potential gradient within the
membrane is expressed as a concentration gradient

within the membrane is assumed to be constant at the high-pressure value (p,).
There is a discontinuity in pressure at the permeate side of the membrane, where
the pressure falls abruptly from p, to p,, the pressure on the solvent side of the
membrane. This pressure difference (p, — p¢) can be expressed in terms of the
chemical potential difference between the feed and permeate solutions.
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The membrane in contact with the permeate-side solution is in equilibrium
with this solution. Thus, Equation (2.7) can be used to link the two phases in
terms of their chemical potentials, that is

Wiy = Mi, (2.14)
and so
RT In(¥iy igmy) + ViPo = RT In(y;,n;,) + vi pe (2.15)
On rearranging, this gives
RT In(¥jy, Riy,,) — RT In(y;,ni,) = —vi(po — pe) (2.16)

At osmotic equilibrium A(y;n;) can also be defined by
AYin:) = Vihi, = Vi Mieen (2.17)
and, since y;,n;, ~ 1, it follows, on substituting Equation (2.17) into (2.16), that
RT In[1 — A(y;n))] = —vi(po — Pe) (2.18)
Since A(y;n;)is small, In[1 — A(y;n;)] & A(y;n;), and Equation (2.18) reduces to

—Vi(po — pr)  —UiAT
RT ~ RT

Thus, the pressure difference, (p, — p¢) = Am, across the membrane balances
the solvent activity difference A(y;n;) across the membrane, and the flow is zero.

If a pressure higher than the osmotic pressure is applied to the feed side of the
membrane, as shown in Figure 2.6(c), then the solvent activity difference across
the membrane increases further, resulting in a flow from left to right. This is the
process of reverse osmosis.

The important conclusion illustrated by Figures 2.5 and 2.6 is that, although
the fluids on either side of a membrane may be at different pressures and con-
centrations, within a perfect solution-diffusion membrane, there is no pressure
gradient—only a concentration gradient. Flow through this type of membrane is
expressed by Fick’s law, Equation (2.13).

A(ying) =

(2.19)

Application of the Solution-diffusion Model to Specific Processes

In this section the solution-diffusion model is used to describe transport in dialy-
sis, reverse osmosis, gas permeation and pervaporation membranes. The resulting
equations, linking the driving forces of pressure and concentration with flow, are
then shown to be consistent with experimental observations.

The general approach is to use the first assumption of the solution-diffusion
model, namely, that the chemical potential of the feed and permeate fluids are
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in equilibrium with the adjacent membrane surfaces. From this assumption, the
chemical potential in the fluid and membrane phases can be equated using the
appropriate expressions for chemical potential given in Equations (2.7) and (2.8).
By rearranging these equations, the concentrations of the different species in the
membrane at the fluids interface (c;,,,, and c;,,, ) can be obtained in terms of the
pressure and composition of the feed and permeate fluids. These values for ¢;,
and ¢;,,, can then be substituted into the Fick’s law expression, Equation (2.13),
to give the transport equation for the particular process.

Dialysis

Dialysis is the simplest application of the solution-diffusion model because only
concentration gradients are involved. In dialysis, a membrane separates two solu-
tions of different compositions. The concentration gradient across the membrane
causes a flow of solute and solvent from one side of the membrane to the other.

Following the general procedure described above, equating the chemical poten-
tials in the solution and membrane phase at the feed-side interface of the mem-
brane gives

Hiy = Miy, (2.20)

Substituting the expression for the chemical potential of incompressible fluids
from Equation (2.7) gives

uf + RT In(yn;,) + vi(po — pi) = i + RT In(y;,, ni,,) + Vi (Po — Pisy)

(2.21)
which leads to?
In(ytni,) = iy i) (2.22)
and thus
Vi
Pigyy = —= * 1, (2.23)
io(m)
or from Equation (2.10)
o = Vi Pm_ i (2.24)
yi(,(m,po
Hence, defining a sorption coefficient K lL as
Kb = Yulm (2.25)
Vin(m) Lo
Equation (2.24) becomes
Cipm = K"+ i (2.26)

2The superscripts G and L are used here and later to distinguish between gas phase and liquid phase
activity coefficients, sorption coefficients and permeability coefficients.
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From Theeuwes et al. (1978)
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On the permeate side of the membrane, the same procedure can be followed,
leading to an equivalent expression

(2.27)

_ L
Cigimy = Ki Gy

The concentrations of permeant within the membrane phase at the two interfaces
can then be substituted from Equations (2.26) and (2.27) into the Fick’s law
expression, Equation (2.13), to give the familiar expression describing permeation
through dialysis membranes:

DKL pL
=7 (ci, —ci,) = 7(050 —ci,) (2.28)
The product D; KiL is normally referred to as the permeability coefficient, Pl.L.
For many systems, D;, KiL, and thus PiL are concentration dependent. Thus,
Equation (2.28) implies the use of values for D;, KZ.L, and PiL that are averaged
over the membrane thickness.

The permeability coefficient Pl.L is often treated as a pure materials constant,
depending only on the permeant and the membrane material, but in fact the nature
of the solvent used in the liquid phase is also important. From Equations (2.28)
and (2.25), PF can be written as

Ji

R (2.29)
Po

The presence of the term yl.L makes the permeability coefficient a function
of the solvent used as the liquid phase. Some experimental data illustrating
this effect are shown in Figure 2.7 [11], which is a plot of the product of the
progesterone flux and the membrane thickness, J;£ against the concentration
difference across the membrane, (c¢;, — ¢;,). From Equation (2.28), the slope of
this line is the permeability, P. Three sets of dialysis permeation experiments
are reported, in which the solvent used to dissolve the progesterone is water,
silicone oil and poly(ethylene glycol) MW 600 (PEG 600), respectively. The
permeability calculated from these plots varies from 9.5 x 10~/ cm?/s for water
to 6.5 x 107!9 cm?/s for PEG 600. This difference reflects the activity term ;-
in Equation (2.28). However, when the driving force across the membrane is

Figure 2.7 Permeation of progesterone through polyethylene vinyl acetate films. The
thickness-normalized progesterone flux (J; - £) is plotted against the progesterone con-
centration across the membrane, Ac [11]. The solvents for the progesterone are (a) water,
(b) silicone oil and (c) poly(ethylene glycol) (PEG 600). Because of the different solu-
bilities of progesterone in these solvents, the permeabilities calculated from these data
through Equation (2.28) vary 1000-fold. All the data can be rationalized onto a single
curve by plotting the thickness-normalized flux against fractional progesterone saturation
as described in the text and shown in (d). The slope of this line, PiLcSat or Dim; o/ Vi,
is a materials property dependent only on the membrane material and the permeant and
independent of the solvent
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represented not as a difference in concentration but as a difference in fractional
saturation between the feed and permeate solution, all the data fall on a single
line as shown in Figure 2.7(d). The slope of this line is the term PiLcsat. This
result is also in agreement with Equation (2.29), which when combined with
the approximation that, for dilute solutions, the activity of component i can be
written as

1 m;p

L iMo
L—- - = 2.30
yl nisat Clsdl ( )

yields

Dim; py,

Ple, = - P (2.31)
Lim)

The terms D;m; 0, /Vi,, and, therefore, PiLCSat are determined solely by the per-
meant and the membrane material and are thus independent of the liquid phase
surrounding the membrane.

Reverse Osmosis

Reverse osmosis and normal osmosis (dialysis) are directly related processes.
In simple terms, if a selective membrane (i.e., a membrane freely permeable to
water, but much less permeable to salt) separates a salt solution from pure water,
water will pass through the membrane from the pure water side of the membrane
into the side less concentrated in water (salt side) as shown in Figure 2.8. This
process is called normal osmosis. If a hydrostatic pressure is applied to the salt
side of the membrane, the flow of water can be retarded and, when the applied
pressure is sufficient, the flow ceases. The hydrostatic pressure required to stop

Osmosis Osmotic equilibrium Reverse osmosis
| Osmotic
— | Pressure Hydrostatic
| || | (a7) pressure
T (Ap> An)

T o

Water Salt Semipermeable
solution membrane

Figure 2.8 A schematic illustration of the relationship between osmosis (dialysis), os-
motic equilibrium and reverse osmosis
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the water flow is called the osmotic pressure (Am). If pressures greater than the
osmotic pressure are applied to the salt side of the membrane, then the flow of
water is reversed, and water begins to flow from the salt solution to the pure
water side of the membrane. This process is called reverse osmosis, which is an
important method of producing pure water from salt solutions.

Reverse osmosis usually involves two components, water (i) and salt (j).
Following the general procedure, the chemical potentials at both sides of the
membrane are first equated. At the feed interface, the pressure in the feed solution
and within the membrane are identical (as shown in Figure 2.6c). Equating the
chemical potentials at this interface gives the same expression as in dialysis [cf.
Equation (2.26)]

K L - Ci

cio(m) = 1 o

(2.32)

A pressure difference exists at the permeate interface (as shown in Figure 2.6¢)
from p, within the membrane to p, in the permeate solution. Equating the chem-
ical potentials across this interface gives

Kiy = Wiy, (233)

Substituting the appropriate expression for the chemical potential of an incom-
pressible fluid to the liquid and membrane phases [Equation (2.7)] yields

H’? + RT ln(yilzniz) + ;i (pﬁ - pisal) = /’Lio + RT ln(yii(m)nil(m)) + v (po - pisa[)
(2.34)
which leads to
Vi (Po — pe)

o (2.35)

ln(yz‘%nia) = ln(yihm)nimm)) +

Rearranging and substituting for the sorption coefficient, K [Equations (2.10)
and (2.25)], gives the expression

Civy = K[+ i, - exp [W} (2.36)

The expressions for the concentrations within the membrane at the interface in
Equations (2.32) and (2.36) can now be substituted into the Fick’s law expression,
Equation (2.13), to yield

DK} =i (po —
Ji = i {Ci,, — ¢i, EXp [M]} (2.37)

14 RT

Equation (2.37) and the equivalent expression for component j give the water
flux and the salt flux across the reverse osmosis membrane in terms of the
pressure and concentration difference across the membrane. There is an analytical
expression for Equation (2.37) for a two-component feed mixture that allows the
performance of the membrane to be calculated for known permeabilities, D; K /¢
and D; KJL /¢, and feed concentrations, ¢;, and c;. However, more commonly
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Equation (2.37) is simplified by assuming that the membrane selectivity is high,
that is, D; KiL/E > Dj K}‘/Z. This is a good assumption for most of the reverse
osmosis membranes used to separate salts from water. Consider the water flux
first. At the point at which the applied hydrostatic pressure balances the water
activity gradient, that is, the point of osmotic equilibrium in Figure 2.6(b), the
flux of water across the membrane is zero. Equation (2.37) becomes

D;KF —v; (AT)
Ji =0= IT {Cin — Cj, €Xp [T]} (238)
and, on rearranging
v; (AT)
ci, = ¢j, exp [ ’RT ] (2.39)

At hydrostatic pressures higher than Asw, Equations (2.37) and (2.39) can be
combined to yield

DK} —il(po — o) — A
Jy= ik (1 — exp | —YlPo — p0) = A7) ) (2.40)
¢ RT
* D.K" Ap — A
g = Dikic o | Zvitar — AT 2.41)
0 RT

where Ap is the difference in hydrostatic pressure across the membrane (p, —
pe). A trial calculation shows that the term —v;(Ap — Am)/RT is small under
the normal conditions of reverse osmosis. For example, in water desalination,
when Ap = 100 atm, Az = 10 atm, and v; = 18 cm®/mol, the term v;(Ap —
Am)/RT is about 0.06.

Under these conditions, the simplification 1 —exp(x) — x as x — 0 can be
used, and Equation (2.41) can be written to a very good approximation as

;o D;iKEe; vi(Ap — Ar)
t (RT

(2.42)

This equation can be simplified to
Ji = A(Ap — Am) (2.43)

where A is a constant equal to the term D; K iLcio v; /ERT. In the reverse osmosis
literature, the constant A is usually called the water permeability constant.

Similarly, a simplified expression for the salt flux, J;, through the membrane
can be derived, starting with the equivalent to Equation (2.37)

DK% —v;(p, —
g =1 {cjn—cj[exp[ivj(pn pz}]} (2.44)

£ RT
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Because the term —v;(p, — p¢)/RT is small, the exponential term in Equa-
tion (2.44) is close to one, and Equation (2.44) can then be written as

DK}
Jj = 7 (Cju — Cj[) (245)
or
J/ = B(Cjn - le) (2'46)

where B is usually called the salt permeability constant and has the value

D; K}“
B=—"= (2.47)
12

Predictions of salt and water transport can be made from this application of
the solution-diffusion model to reverse osmosis (first derived by Merten and co-
workers) [12,13]. According to Equation (2.43), the water flux through a reverse
osmosis membrane remains small up to the osmotic pressure of the salt solution
and then increases with applied pressure, whereas according to Equation (2.46),
the salt flux is essentially independent of pressure. Some typical results are shown
in Figure 2.9. Also shown in this figure is a term called the rejection coefficient,
R, which is defined as

R = ( - i) x 100 % (2.48)

Cj,

The rejection coefficient is a measure of the ability of the membrane to separate
salt from the feed solution.

For a perfectly selective membrane the permeate salt concentration, ¢;, =0
and R = 100 %, and for a completely unselective membrane the permeate salt
concentration is the same as the feed salt concentration, c¢;, = ¢;, and R = 0 %.
The rejection coefficient increases with applied pressure as shown in Figure 2.9,
because the water flux increases with pressure, but the salt flux does not.

Hyperfiltration

By convention, the term reverse osmosis is used to describe the separation of
an aqueous salt solution by pressure-driven flow through a semipermeable mem-
brane. Recently, the same type of process has been applied to the separation of
organic mixtures. For example, Mobil Oil has installed a large plant to separate
methyl ethyl ketone (MEK) from MEK-oil mixtures created in the production of
lubricating oil [14] as described in Chapter 5. Separation of this type of mixture
is probably best called hyperfiltration.
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From Wijmans and Baker (1995)
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Figure 2.9 Flux and rejection data for a model seawater solution (3.5 % sodium chloride)
in a good quality reverse osmosis membrane (FilmTec Corp. FT 30 membrane) as a
function of pressure [10]. The salt flux, in accordance with Equation (2.44), is essentially
constant and independent of pressure. The water flux, in accordance with Equation (2.43),
increases with pressure, and, at zero flux, meets the pressure axis at the osmotic pressure
of seawater ~350 psi

The mathematical description of this process is identical to that of reverse
osmosis given in Equations (2.37) and (2.44) and leads to expressions for the
solute and solvent fluxes

DK} —~ui(po — o)
5= {cin—cil exp[#]} (2.49)
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DKk —vi(p, —
Jj = —— {cjo—cj[exp[w:“ (2.50)

and

With the advent of the personal computer, the numerical solution to these
equations is straightforward even for multicomponent mixtures. Figure 2.10
shows an example calculation for the separation of a 20 wt% solution of n-
decane in MEK. In these calculations, the ratio of the permeabilities of MEK
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N MEK
<
< 15| flux
£
2 -~
§ —
= 10 405 ¥
X [9V]
u do04 £
X
n-Decane 403 %
5L flux £
L 402 o
C
{01 8
0 1 1 1 0 Dé
0 500 1000 1500 2000
100
__ 80t
e
Pt
o
B 60k
2
o
(0]
S 40t
(6]
[0
Q
<
20|
0 1 1 1
0 500 1000 1500 2000

Applied pressure (psig)

Figure 2.10 Flux and rejection curves calculated using Equations (2.49) and (2.50) for
a 20 wt % n-decane solution in methyl ethyl ketone (MEK). MEK is assumed to be 10
times more permeable than n-decane
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and n-decane, D;K;/D;K;, is set at 10. The curves have essentially the same
form as the salt solution flux data in Figure 2.9. At high pressures, the rejection
approaches a limiting value of 90 %, and the limiting Equations (2.43) for the
solvent (MEK) flux and (2.47) for the solute flux apply.

Gas Separation

In gas separation, a gas mixture at a pressure p, is applied to the feed side of the
membrane, while the permeate gas at a lower pressure (p,) is removed from the
downstream side of the membrane. As before, the starting point for the derivation
of the gas separation transport equation is to equate the chemical potentials on
either side of the gas/membrane interface. This time, however, the chemical
potential for the gas phase is given by Equation (2.8) for a compressible fluid,
whereas Equation (2.7) for an incompressible medium is applied to the membrane
phase. Substitution of these equations into Equation (2.20) at the gas/membrane
feed interface yields®

Do
u{ + RT In(yn;,) + RT In == = u? + RT In(y;,,, ni,,,) + vi(po — pi,)
(2.51)
which rearranges to
G
yi o — Ui 0o Pig
My = ——— Lo - 1, eXp [M} (2.52)
Yiomy Pl RT

Because the exponential term is again very close to one,*

pressures (p,), Equation (2.52) reduces to

even for very high

G
_ yia niu Po

Niyy = ] ]
yln(m) plsat

(2.53)

The term n;, p, is the partial pressure of i in the feed gas, p; . Equation (2.53)
then simplifies to

y.G Di
Py = lo | 2o (2.54)
Yiow — Pisu
or N
Cipmy = m; p, M (255)

m
yio(/lx) pisa!

3At this point the superscript G is introduced to denote the gas phase. For example y,5, the activity
of component i in the gas phase, and K ,G , the sorption coefficient of component i between the gas
and membrane phases [Equation (2.56)].

“In evaluating this exponential term (the Poynting correction), it is important to recognize that v; is
not the molar volume of 7 in the gas phase, but the molar volume of i dissolved in the membrane
material, which is approximately equal to the molar volume of liquid i.
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By defining a gas phase sorption coefficient K as

G
m; PmY;

kG = DY, (2.56)
Yioy, Pisa

i

the concentration of component i at the feed interface of the membrane can be
written as
G
Cipoy = Ki7 - D, (2.57)

In exactly the same way, the concentration of component i at the membrane/
permeate interface can be shown to be

— KS. p, (2.58)

Cigg)
Combining Equations (2.57) and (2.58) with the Fick’s law expression, Equa-
tion (2.13), gives
_ DiKP(pi, — pi)
B ¢

The product D; Kl.G is often abbreviated to a permeability coefficient, Pl.G, to give
the familiar expression

J; (2.59)

_ PS(pi, — pi)
- ¢
Equation (2.60) is widely used to accurately and predictably rationalize the prop-
erties of gas permeation membranes.

The derivation of Equation (2.60) might be seen as a long-winded way of arriv-
ing at a trivial result. However, this derivation explicitly clarifies the assumptions
behind this equation. First, a gradient in concentration occurs within the mem-
brane, but there is no gradient in pressure. Second, the absorption of a component
into the membrane is proportional to its activity (partial pressure) in the adjacent
gas, but is independent of the total gas pressure. This is related to the approxi-
mation made in Equation (2.52), in which the Poynting correction was assumed
to be 1.

The permeability coefficient, Pl.G, equal to the product D; K lG can be expressed
from the definition of K lG in Equation (2.56) as

Ji (2.60)

ViGDimipm
Vi = Pisu

PSS —

l

2.61)

In Equation (2.60) the membrane flux, J;, is a mass flux (g/cm2 - 8), whereas
the gas separation literature predominantly uses a molar flux, typically expressed
in the units cm*(STP)/cm? - s. The molar flux, j;, can be linked to the mass flux,
Ji, by the expression

vl
Ji=Ji— (2.62)

m;
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where vl-C' is the molar volume of gas i (cm*(STP)/mol). Similarly the mass
permeability unit Pl.G, defined in Equation (2.60), can be linked to the molar gas
permeability 73?, usually in the units cm*(STP) - cm/cm? - s - cmHg, as

PSS
PO = (2.63)
m;
Equation (2.60) can then be written as
. PS
Jji = Tj(p,;, - pi,) (2.64)
and combining Equations (2.61) and (2.63) gives
SDvCpom
pG = Y =it Py (2.65)
yi(m) pisat

Equation (2.65) is not commonly used as an expression for gas-phase mem-
brane permeability, but is of interest because it shows that large permeability
coefficients are obtained for compounds with a large diffusion coefficient (D;),
a limited affinity for the gas phase (large in), a high affinity for the membrane
material (small y;n)), and a low saturation vapor pressure (p;, ). The molar gas
permeation permeability (PiG) is close to being a materials constant, relatively
independent of the composition and pressure of the feed and permeate gases.
This is in sharp contrast to the permeability constant for liquids as described in
the discussion centered on Figure 2.7 earlier, but, even for gases, the concept of
permeability as a materials constant must be treated with caution. For example,
the permeability of vapors at partial pressures close to saturation often increases
substantially with increasing partial pressure. This effect is commonly ascribed
to plasticization and other effects of the permeant on the membrane, changing
D; and y;,, in Equation (2.65). However, significant deviations of the vapor’s
activity coefficient, yic', from ideality can also occur at high partial pressures.

Equation (2.65) is also a useful way to rationalize the effect of molecular
weight on permeability. The permeant’s saturation vapor pressure (p;,) and dif-
fusion coefficient both decrease with increasing molecular weight, creating com-
peting effects on the permeability coefficient. In glassy polymers, the decrease
in diffusion coefficient far outweighs other effects, and permeabilities fall sig-
nificantly as molecular weight increases [15]. In rubbery polymers, on the other
hand, the two effects are more balanced. For molecular weights up to 100, per-
meability generally increases with increasing molecular weight because p;  is
the dominant term. Above molecular weight 100, the molecular weight term
gradually becomes dominant, and permeabilities fall with increasing molecular
weight of the permeant. Some data illustrating this behavior for permeation of
simple alkanes in silicone rubber membranes are shown in Figure 2.11. As the
molecular weight increases from CH4 to CsH,, the effect of the decrease in p;_,
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Figure 2.11 Permeability coefficient, PC, of n-alkanes in poly(dimethylsiloxane) as a
function of saturation pressure (p;,,)

is larger than the effect of increasing size or D;. Above pentane, however, the
trend is reversed.

Pervaporation

Pervaporation is a separation process in which a multicomponent liquid is passed
across a membrane that preferentially permeates one or more of the components.
A partial vacuum is maintained on the permeate side of the membrane, so that
the permeating components are removed as a vapor mixture. Transport through
the membrane is induced by maintaining the vapor pressure of the gas on the
permeate side of the membrane at a lower vapor pressure than the feed liquid.
The gradients in chemical potential, pressure, and activity across the membrane
are illustrated in Figure 2.12.

At the liquid solution/membrane feed interface, the chemical potential of the
feed liquid is equilibrated with the chemical potential in the membrane at the
same pressure. Equation (2.7) then gives

1l + RT In(yn;,)) + vi(po — pi,) = + RT In(y;,,, i) + Vi (Po — Pi)
(2.66)
which leads to an expression for the concentration at the feed side interface

L
-2 = K . C:
Cia(m) - : Ciu - i Clo

Viom Po

(2.67)
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Figure 2.12 Chemical potential, pressure, and activity profiles through a pervaporation
membrane following the solution-diffusion model

where K lL is the liquid-phase sorption coefficient defined in Equation (2.26) in
the dialysis section.

At the permeate gas/membrane interface, the pressure drops from p, in the
membrane to p, in the permeate vapor. The equivalent expression for the chem-
ical potentials in each phase is then

uf + RT In(ySn;) + RT In <ﬂ> = ¢ + RT Wi 1) + 05 (P = pi)
(2.68)
Rearranging Equation (2.68) gives
Vi D —Vi(Po — Piy)
n,-[(m) = e, L . niz . exp [#] (269)
Vi((m) pisat RT

As before, the exponential term is close to unity; thus, the concentration at the
permeate side interface is

Vi? Pe
Rigy = - n, (2.70)

Le

Yien Pisy

The product n;, p, can be replaced by the partial pressure term p;,, thus

Py =~ (2.71)
Yie Pisa
or, substituting concentration for mole fraction from Equation (2.10),
G
Vi, Di
Cirony = MiPm + ——— = K p;, (2.72)

Yieon Pisa
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where K is the gas-phase sorption coefficient defined in Equation (2.56) in the
gas separation section.

The concentration terms in Equations (2.67) and (2.72) can be substituted into
Equation (2.13) (Fick’s law) to obtain an expression for the membrane flux.

_ Di(Klc;, — KPpi,)
¢

However, the sorption coefficient in Equation (2.67) is a liquid-phase coefficient,
whereas the sorption coefficient in Equation (2.72) is a gas-phase coefficient. The
interconversion of these two coefficients can be handled by considering a hypo-
thetical vapor in equilibrium with a feed solution. This vapor—liquid equilibrium
can then be written

Ji (2.73)

1!+ RT In(yn}) + vi(p — pi) = n{ + RT In(y°nf) + RT In ( P )
Pis

(2.74)
where the superscripts L and G represent the liquid and the gas phases. By follow-
ing the same steps as were taken from Equation (2.68) to (2.72), Equation (2.74)

becomes G
AN 2.75)

yi pisal

Substituting for concentration with Equation (2.10) gives

G,.
ek =mp Lt L (2.76)
Vi pism
and so G
L= K i (2.77)
i KL 1 .

This expression links the concentration of component i in the liquid phase, ¢~

with p;, the partial vapor pressure of i in equilibrium with the liquid. Substitution
of Equation (2.77) into Equation (2.73) yields

_ D;KZ(pi, — pi,)
B [

where p; and p;, are the partial vapor pressures of component i on either side
of the membrane. Equation (2.67) can also be written as

J; (2.78)

G

Ji = Tf(Pi,, = DPi) (2.79)

This equation explicitly expresses the driving force in pervaporation as the vapor
pressure difference across the membrane, a form of the pervaporation process
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derived first by Kataoka et al. [16]. Equation (2.77) links the concentration of a
sorbed vapor in the liquid phase (ciL") with the equilibrium partial pressure of the
vapor. This is known as Henry’s law and is usually written as’

H; - cf = p (2.80)

From Equations (2.77) and (2.80) it follows that the Henry’s law coefficient, H;,
can be written as

KL L b,
Hy = —L = Y Pl 2.81)
K mipy;
These expressions can be used to write Equation (2.73) as
pg
Ji = Tf(CiOHi - DPi,) (2.82)
or
PL
Ji = T;(Ci,, — pi,/Hi) (2.83)

Equation (2.79) expresses the driving force in pervaporation in terms of the vapor
pressure. The driving force could equally well have been expressed in terms
of concentration differences, as in Equation (2.83). However, in practice, the
vapor pressure expression provides much more useful results and clearly shows
the connection between pervaporation and gas separation, Equation (2.60). Also,
PiG, the gas phase coefficient, is much less dependent on temperature than P.
The reliability of Equation (2.79) has been amply demonstrated experimentally
[17,18]. Figure 2.13, for example, shows data for the pervaporation of water as a
function of permeate pressure. As the permeate pressure (p;,) increases, the water
flux falls, reaching zero flux when the permeate pressure is equal to the feed-
liquid vapor pressure (p;,) at the temperature of the experiment. The straight
lines in Figure 2.13 indicate that the permeability coefficient (PiG) of water in
silicone rubber is constant, as expected in this and similar systems in which the
membrane material is a rubbery polymer and the permeant swells the polymer
only moderately.

Greenlaw et al. [18] have studied the effect of feed and permeate pressure
on pervaporation flux in some detail; some illustrative results are shown in

>In Equation (2.80), the Henry’s law coefficient H; has the units atm - cm?/g. More commonly,
Henry’s law is written in terms of mole fraction:

’ L
H; -n;y = p;

where H/ has the units atm/mol fraction. Using Equation (2.10), the two coefficients are linked by

the expression
H/
H = —1
m; - pi
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Figure 2.13 The effect of permeate pressure on the water flux through a silicone rubber
pervaporation membrane. The arrows on the lower axis represent the saturation vapor
pressures of the feed solution at the temperature of these experiments as predicted by
Equation (2.79) [15]

Figure 2.14. As Figure 2.14(a) shows, the dependence of flux on permeate pres-
sure in pervaporation is in accordance with Equation (2.79). The flux decreases
with increasing permeate pressure, reaching a minimum value when the perme-
ate pressure equals the saturation vapor pressure of the feed. The curvature of
the line in Figure 2.14(a) shows that the permeability coefficient decreases with
decreasing permeate pressure, that is, PC ,  decreases as hexane concentration in
the membrane decreases. This behavior is typical of membranes that are swollen
significantly by the permeant. If, on the other hand, as shown in Figure 2.14(b),
the permeate pressure is fixed at a low value, the hydrostatic pressure of the feed
liquid can be increased to as much as 20 atm without any significant change
in the flux. This is because increased hydrostatic pressure produces a minimal
change in the partial pressure of the feed liquid partial pressure (p; ), the true
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Figure 2.14 The effect of feed and permeate pressure on the flux of hexane through
a rubbery pervaporation membrane. The flux is essentially independent of feed pres-
sure up to 20 atm but is extremely sensitive to permeate pressure [18]. The explanation
for this behavior is in the transport equation (2.79). Reprinted from J. Membr. Sci. 2,
F.W. Greenlaw, W.D. Prince, R.A. Shelden and E.V. Thompson, Dependence of Diffu-
sive Permeation Rates by Upstream and Downstream Pressures, p. 141, Copyright 1977,
with permission from Elsevier

driving force shown in Equation (2.79). Thus, the properties of pervaporation
membranes illustrated in Figures 2.13 and 2.14 are easily rationalized by the
solution-diffusion model but are much more difficult to explain by a pore-flow
mechanism, although this has been tried.

Evidence for the Solution-diffusion Model

In the discussion above, the solution-diffusion model was used to derive equations
that predict the experimentally observed performance of the membrane processes
of dialysis, gas separation, reverse osmosis, and pervaporation. It was not nec-
essary to resort to any additional process-specific model to obtain these results.
This agreement between theory and experiment is good evidence for the validity
of the solution-diffusion model. Moreover, the large body of permeability, dif-
fusion, and partition coefficient data obtained over the past 20 years for these
membrane processes are in good numerical agreement with one another. This
universality and the simplicity of the solution-diffusion model are its most useful
features and are a strong argument for the validity of the model. Finally, a num-
ber of direct experimental measurements can be made to distinguish between the
solution-diffusion model and other models, such as the pore-flow model.

One prediction of the solution-diffusion model, controversial during the 1970s,
is that the action of an applied pressure on the feed side of the membrane is to
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decrease the concentration of the permeant on the low pressure side of the mem-
brane. This counterintuitive effect is illustrated by Figures 2.5 and 2.6. A number
of workers have verified this prediction experimentally with a variety of polymer
membranes, ranging from diffusion of water in glassy cellulose acetate mem-
branes to diffusion of organics in swollen rubbers [19-21]. Convincing examples
of this type of experiment are the results of Rosenbaum and Cotton shown in
Figure 2.15 [20]. In these experiments, four thin cellulose acetate films were
laminated together, placed in a high pressure reverse osmosis cell, and subjected
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Figure 2.15 Measurements of Rosenbaum and Cotton [20] of the water concentration
gradients in a laminated reverse osmosis cellulose acetate membrane under applied pres-
sures of 68 and 136 atm. Reprinted from Steady-state Distribution of Water in Cellulose
Acetate Membrane, S. Rosenbaum and O. Cotton, J. Polym. Sci. 7, 101; Copyright ©
1969. This material is used by permission of John Wiley & Sons, Inc.



46 MEMBRANE TECHNOLOGY AND APPLICATIONS

to feed pressures of 68 or 136 atm. The permeate was maintained at atmospheric
pressure. After permeation through the membrane laminate had reached a steady
state, the membrane was quickly removed from the cell, and the water concen-
tration in each laminate measured. As predicted by the solution-diffusion model
and shown in Figure 2.15, the applied pressure decreases the concentration of
water on the permeate side of the membrane. Also, the concentration difference
across the membrane at 136 atm applied pressure is about twice that observed at
68 atm, and the measured concentration on the permeate side is within 20 % of
the expected value calculated from Equation (2.36).

Another series of papers by Paul and co-workers [4-6,19,22] focuses on the
same phenomenon using rubbery membranes and permeation of organic solvents
such as hexane, benzene and carbon tetrachloride. Such membranes are highly
swollen by the organic solvents and, when operated in reverse osmosis mode,
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Figure 2.16 Pressure permeation (reverse osmosis) of iso-octane and methyl ethyl ketone
through crosslinked 265-pm-thick natural rubber membranes. The change in the concen-
tration gradient in the membrane as the applied pressure is increased is illustrated by the
inserts. At high applied pressures, the concentration gradient and the permeation fluxes
approach their limiting values [4]. Reprinted from Pressure-induced Diffusion of Organic
Liquids Through Highly Swollen Polymer Membranes,” D.R. Paul and O.M. Ebra-Lima,
J. Appl. Polym. Sci. 14, 2201; Copyright © 1970. This material is used by permission of
John Wiley & Sons, Inc.
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large concentration gradients develop through the membrane even at relatively
modest applied pressures. This means that the concentration in the membrane on
the permeate side approaches zero and the flux through the membrane reaches a
limiting value as the feed pressure is increased. Representative data are shown
in Figure 2.16.

Paul and Paciotti [19] took this work a step further by measuring the flux of
a liquid (hexane) through a membrane both in pervaporation experiments with
atmospheric pressure on the feed side of the membrane and a vacuum on the per-
meate side, and in reverse osmosis experiments with liquid at elevated pressures
on the feed side and at atmospheric pressure on the permeate side. The hexane
flux obtained in these two sets of experiments is plotted in Figure 2.17 against
the hexane concentration difference in the membrane (c;,,, — ¢i,,)- The concen-
trations, ¢;,,, and c;,,, , were calculated from Equations (2.26), (2.36) and (2.72).
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Figure 2.17 Flux of n-hexane through a rubbery membrane as a function of the hexane
concentration difference in the membrane. Data taken from both reverse osmosis (@) and
pervaporation (O) experiments. Feed-side and permeate-side membrane concentrations,
Ciy and c;,,, , calculated from the operating conditions through Equations (2.26), (2.36)
and (2.76). Maximum flux is obtained at the maximum concentration difference, when the
permeate-side membrane concentration (c;,,,, ), equals zero [19]. Reprinted from Driving
Force for Hydraulic and Pervaporation Transport in Homogeneous Membranes, D.R. Paul
and D.J. Paciotti, J. Polym. Sci., Polym. Phys. Ed. 13, 1201; Copyright © 1975. This
material is used by permission of John Wiley & Sons, Inc.
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Sorption data were used to obtain values for K lL As pointed out by Paul and
Paciotti, the data in Figure 2.17 show that reverse osmosis and pervaporation obey
one unique transport equation—Fick’s law. In other words, transport follows
the solution-diffusion model. The slope of the curve decreases at the higher
concentration differences, that is, at smaller values for c;,,, because of decreases
in the diffusion coefficient, as the swelling of the membrane decreases.

The results illustrated in Figure 2.16 show that the solvent flux tends towards
a limiting value at very high pressures. This value is reached when the concen-
tration of sorbed solvent at the permeate side of the membrane reaches zero, the
limiting value.

Structure—Permeability Relationships in Solution-diffusion
Membranes

In the preceding section the effect of concentration and pressure gradient driving
forces on permeation through membranes was described in terms of the solution-
diffusion model and Fick’s law. The resulting equations all contain a permeability
term, P, that must be experimentally determined. This section describes how the
nature of the membrane material affects permeant diffusion and sorption coeffi-
cients, which in turn determine membrane permeability. This is a difficult subject.
By analyzing the factors that determine membrane permeability, useful corre-
lations and rules of thumb can be derived to guide the selection of membrane
materials with the optimum flux and selectivity properties. Most of the experimen-
tal data in this area have been obtained with gas-permeable membranes. However,
the same general principles apply to all polymeric solution-diffusion membranes.

The problem of predicting membrane permeability can be divided into two
parts because permeability is the product of the diffusion coefficient and the
sorption coefficient:

P=D-K (2.84)

The sorption coefficient (K) in Equation (2.84) is the term linking the concen-
tration of a component in the fluid phase with its concentration in the membrane
polymer phase. Because sorption is an equilibrium term, conventional thermo-
dynamics can be used to calculate solubilities of gases in polymers to within
a factor of two or three. However, diffusion coefficients (D) are kinetic terms
that reflect the effect of the surrounding environment on the molecular motion of
permeating components. Calculation of diffusion coefficients in liquids and gases
is possible, but calculation of diffusion coefficients in polymers is much more
difficult. In the long term, the best hope for accurate predictions of diffusion in
polymers is the molecular dynamics calculations described in an earlier section.
However, this technique is still under development and is currently limited to
calculations of the diffusion of small gas molecules in amorphous polymers; the
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Figure 2.18 Diffusion and sorption coefficients plotted for gases in a family of 18 related
polyimides. Data of Tanaka et al. [23]

agreement between theory and experiment is modest. In the meantime, simple
correlations based on polymer free volume must be used.

As a general rule, membrane material changes affect the diffusion coefficient
of a permeant much more than the sorption coefficient. For example, Figure 2.18
shows some typical gas permeation data taken from a paper of Tanaka et al. [23].
The diffusion and sorption coefficients of four gases in a family of 18 related
polyimides are plotted against each other. Both sorption and diffusion coefficients
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are fairly well grouped for each gas. However, for any one gas the difference
in diffusion coefficient from the highest to lowest value is approximately 100-
fold, whereas the spread in sorption coefficient is only 2- to 4-fold. Changes
in polymer chemistry affect both the sorption and diffusion coefficients, but the
effect on the diffusion coefficient is much more profound.

More detailed examination of the data shown in Figure 2.18 shows that the
relative position of each polymer within the group of 18 is approximately the
same for all gases. That is, the polymer with the highest diffusion coefficient for
methane also has the highest diffusion coefficient for nitrogen, carbon dioxide and
hydrogen. The trend for the solubility coefficients is similar. As a general rule,
changes in polymer chemistry and structure that change the diffusion coefficient
or sorption coefficient of one gas change the properties of other gases in the
same way. This is why membrane permeabilities can be easily varied by orders
of magnitude by changing the membrane material, whereas changing membrane
selectivities (proportional to the ratio of permeabilities) by more than a factor of
two or three is difficult.

In the following sections the factors that determine the magnitude of diffusion
and solubility coefficients in polymers are discussed.

Diffusion Coefficients

The Fick’s law diffusion coefficient of a permeating molecule is a measure of
the frequency with which the molecule moves and the size of each movement.
Therefore, the magnitude of the diffusion coefficient is governed by the restrain-
ing forces of the medium on the diffusing species. Isotopically labeled carbon
in a diamond lattice has a very small diffusion coefficient. The carbon atoms of
diamond move infrequently, and each movement is very small—only 1 to 2 A.
On the other hand, isotopically labeled carbon dioxide in a gas has an extremely
large diffusion coefficient. The gas molecules are in constant motion and each
jump is of the order of 1000 A or more. Table 2.1 lists some representative values
of diffusion coefficients in different media.

Table 2.1 Typical diffusion coefficients in various media (25 °C)

Permeant/material Diffusion coefficient, D
(cm?/s)
Oxygen in air (atmospheric pressure) 1 x 107!
Salt in water 1.5 % 107
Albumin (MW 60 000) in water 6 x 1077
Oxygen in silicone rubber 1 x107°
Oxygen in polysulfone 4x1078
Sodium atoms in sodium chloride crystals 1 x 1072

Aluminum atoms in metallic copper 1 x 10730
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The main observation from Table 2.1 is the enormous range of values of
diffusion coefficients—from 107! to 1073° cm?/s. Diffusion in gases is well
understood and is treated in standard textbooks dealing with the kinetic theory
of gases [24,25]. Diffusion in metals and crystals is a topic of considerable inter-
est to the semiconductor industry but not to membrane permeation. This book
focuses principally on diffusion in liquids and polymers in which the diffusion
coefficient can vary from about 10~ to about 1071 cm?/s.

Diffusion in Liquids

Liquids are simple, well defined systems and provide the starting point for modern
theories of diffusion. An early and still fundamentally sound equation was derived
by Einstein who applied simple macroscopic hydrodynamics to diffusion at the
molecular level. He assumed the diffusing solute to be a sphere moving in a
continuous fluid of solvent, in which case it can be shown that

kT
D =
6ran

(2.89)

where k is Boltzmann’s constant, a is the radius of the solute and 5 is the
solution viscosity. This is known as the Stokes—Einstein equation. The equation
is a good approximation for large solutes with radii greater than 5-10 A. But,
as the solute becomes smaller, the approximation of the solvent as a continuous
fluid becomes less valid. In this case there may be slip of solvent at the solute
molecule’s surface. A second limiting case assumes complete slip at the surface
of the solute sphere; in this case

kT
= (2.86)
4man
Thus, the Stokes—Einstein equation is perhaps best expressed as
kT
D = 4<n<6 (2.87)
nwan

An important conclusion to be drawn from the Stokes—Einstein equation is that
the diffusion coefficient of solutes in a liquid only changes slowly with molec-
ular weight, because the diffusion coefficient is proportional to the reciprocal of
the radius, which in turn is approximately proportional to the cube root of the
molecular weight.

Application of the Stokes—Einstein equation requires a value for the solute
radius. A simple approach is to assume the molecule to be spherical and to
calculate the solute radius from the molar volume of the chemical groups making
up the molecule. Using values for the solute radius calculated this way along
with measured and known diffusion coefficients of solutes in water, Edward [26]
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Figure 2.19 Value of the coefficient n in the Stokes—Einstein equation [Equation (2.87)]
required to achieve agreement between calculation and experimental solute diffusion coef-
ficients in water. [26]. Reprinted with permission from the Journal of Chemical Education
47, No. 4, 1970, pp. 261-270, Figure 12, copyright © 1970, Division of Chemical Edu-
cation, Inc.

constructed the graph of the coefficient n in the Stokes—Einstein equation, Equa-
tion (2.87), as a function of solute radius as shown in Figure 2.19. With large
solutes, n approaches 6, that is, Einstein’s application of normal macroscopic
fluid dynamics at the molecular level is a valid approximation. However, when
the solute radius falls below about 4 A water can no longer be regarded as a
continuous fluid, and n falls below 6. Nonetheless, that an equation based on
macroscopic hydrodynamic theory applies to molecules to the 4 A level is an
interesting result.

The Stokes—Einstein equation works well for diffusion of solutes in simple
liquids but fails in more complex fluids, such as a solution of a high-molecular-
weight polymer. Dissolving a polymer in a liquid increases the solvent’s viscosity,
but the solute’s diffusion coefficient is not significantly affected. For example, as
the concentration of poly(vinyl pyrrolidone) dissolved in water is changed from 0
to 20 wt %, the viscosity of the solution increases by several orders of magnitude.
However, the diffusion coefficient of sucrose in these solutions only changes by a
factor of four [27]. The long polymer chains of dissolved poly(vinyl pyrrolidone)
molecules link distant parts of the aqueous solution and change the viscosity of the
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fluid substantially, but, in the fluid immediately surrounding the diffusing sucrose
molecule, the effect of polymer chain length is much less noticeable. This result
illustrates the difference between the microscopic viscosity in the immediate
environment of the diffusing solute and the macroscopic viscosity measured by
conventional viscometers. In simple liquids the macroscopic and microscopic
viscosities are the same, but in liquids containing dissolved macromolecules,
or in gels and polymer films, the microscopic viscosity and the macroscopic
viscosity differ significantly.

Diffusion in Polymers

The concept that the local environment around the permeating molecule determines
the permeate’s diffusion coefficient is key to understanding diffusion in polymer
membranes. Polymers can be divided into two broad categories—rubbery and
glassy. In a rubbery polymer, segments of the polymer backbone can rotate freely
around their axis; this makes the polymer soft and elastic. Thermal motion of these
segments also leads to high permeant diffusion coefficients. In a glassy polymer,
steric hindrance along the polymer backbone prohibits rotation of polymer seg-
ments; the result is a rigid, tough polymer. Thermal motion in this type of material
is limited, so permeant diffusion coefficients are low. If the temperature of a glassy
polymer is raised, a point is reached at which the increase in thermal energy is
sufficient to overcome the steric hindrance restricting rotation of polymer back-
bone segments. At this temperature, called the glass transition temperature (T,),
the polymer changes from a glass to a rubber.

Figure 2.20 shows a plot of diffusion coefficient as a function of molecu-
lar weight for permeants diffusing through a liquid (water), two soft rubbery
polymers (natural rubber and silicone rubber), and a hard, stiff glassy polymer
(polystyrene) [28]. For very small molecules, such as helium and hydrogen, the
diffusion coefficients in all of the media are comparable, differing by no more
than a factor of two or three. These very small molecules only interact with
one or two atoms in their immediate proximity. The local environment for these
small solutes in the three polymers is not radically different to that in a liquid
such as water. On the other hand, larger diffusing solutes with molecular weights
of 200 to 300 and above have molecular diameters of 6 to 10 A. Such solutes
are in quite different local environments in the different media. In water, the
Stokes—Einstein equation applies, and the resistance to movement of the solute
is not much larger than that of a very small solute. In polymer membranes, how-
ever, several segments of the polymer chain are involved in each movement of
the diffusing species. This type of cooperative movement is statistically unlikely;
consequently, diffusion coefficients are much smaller than in liquid water. More-
over, the differences between the motion of polymer segments in the flexible
rubbery membranes and in the stiff polystyrene membrane are large. The poly-
mer chains in rubbers are considerably more flexible and rotate more easily than
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Figure 2.20 Permeant diffusion coefficient as a function of permeant molecular weight
in water, natural rubber, silicone rubber and polystyrene. Diffusion coefficients of solutes
in polymers usually lie between the value in natural rubber, an extremely permeable
polymer, and the value in polystyrene, an extremely impermeable material [28]

those in polystyrene. One manifestation of this difference in chain flexibility is the
difference in elastic properties; another is the difference in diffusion coefficient.

An example of the change in diffusion coefficient as the matrix material
changes is illustrated by Figure 2.21. In this example, the polymer matrix material
is changed by plasticization of the polymer, ethyl cellulose, by the perme-
ant, dichloroethane [29]. The resulting change in the diffusion coefficient is
shown in the figure. The concentration of dichloroethane in the polymer matrix
increases from very low levels (<1 % dichloroethane) to very high levels (>90 %
dichloroethane). As the concentration of dichloroethane increases, the polymer
changes from a glassy polymer to a rubbery polymer, to a solvent-swollen gel,
and finally to a dilute polymer solution. Ethyl cellulose is a glassy polymer with
a glass transition of about 45-50°C. At low concentrations of dichloroethane
(below about 5 vol %) in the polymer, the ethyl cellulose matrix is glassy, and
the dichloroethane diffusion coefficient is in the range 1 to 5 x 10~ cm?/s. As
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Figure 2.21 Changes in the diffusion coefficient of dichloroethane in ethyl cellulose as
a function of the volume fraction of dichloroethane dissolved in the polymer matrix. Data
of Artsis et al. [29]

the dichloroethane concentration increases to above 5 vol %, enough solvent has
dissolved in the polymer to reduce the glass transition temperature to below the
temperature of the experiment. The polymer chains then have sufficient freedom
to rotate, and the polymer becomes rubbery. As the dichloroethane concentration
increases further, the polymer chain mobility also increases as does the diffusion
coefficient of dichloroethane. At 20 % dichloroethane, the diffusion coefficient
is 1 x 1077 cm?/s, 100 times greater than the diffusion coefficient in the glassy
polymer. Above 20 vol % dichloroethane, sufficient solvent is present to allow
relatively large segments of the polymer chain to move. In this range, between 20
and 70 vol % dichloroethane, the matrix is best characterized as a solvent-swollen



56 MEMBRANE TECHNOLOGY AND APPLICATIONS

gel, and the diffusion coefficient of dichloroethane increases from 1 x 1077 to
2 x 107% cm? /s. Finally, at dichloroethane concentrations above 70 vol %, suffi-
cient solvent is present for the matrix to be characterized as a polymer solution.
In this final solvent concentration range, the increase in diffusion coefficient with
further increases in dichloroethane concentration is relatively small.

Figures 2.20 and 2.21 show the significant difference between diffusion in
liquids and in rubbery and glassy polymers. A great deal of work has been
performed over the last two decades to achieve a quantitative link between the
structure of polymers and their permeation properties. No such quantitative struc-
ture—property relationship is at hand or even in sight. What has been achieved
is a set of semiempirical rules that allow the permeation properties of related
families of polymers to be correlated based on small changes in their chemical
structures. The correlating tool most generally used is the polymer’s fractional
free volume vy (cm’/cm?), usually defined as

vV — v,

vy = — (2.88)

where v is the specific volume of the polymer (cm?/g), that is, the reciprocal of
the polymer density, and v, is the volume occupied by the molecules themselves
(cm?/g). The free volume of a polymer is the sum of the many small spaces
between the polymer chains in these amorphous, noncrystalline materials.

The free volume of a polymer can be determined by measuring the polymer’s
specific volume, then calculating the occupied volume (v,) of the groups that
form the polymer. Tables of the molar volume of different chemical groups have
been prepared by Bondi [30] and Van Krevelen [31]. By summing the molar
volume of all the groups in the polymer repeat unit, the occupied molar volume
of the polymer can be calculated. The occupied volume obtained in this way
is about 1.3 times larger than the Van der Waals volume of the groups. The
factor of 1.3 occurs because some unoccupied space is inevitably present even in
crystals at 0 K. The fractional free volumes of a number of important membrane
materials are given in Table 2.2.

The concept of polymer free volume is illustrated in Figure 2.22, which shows
polymer specific volume (cm®/g) as a function of temperature. At high tem-
peratures the polymer is in the rubbery state. Because the polymer chains do
not pack perfectly, some unoccupied space—{free volume—exists between the
polymer chains. This free volume is over and above the space normally present
between molecules in a crystal lattice; free volume in a rubbery polymer results
from its amorphous structure. Although this free volume is only a few percent of
the total volume, it is sufficient to allow some rotation of segments of the poly-
mer backbone at high temperatures. In this sense a rubbery polymer, although
solid at the macroscopic level, has some of the characteristics of a liquid. As
the temperature of the polymer decreases, the free volume also decreases. At the
glass transition temperature, the free volume is reduced to a point at which the
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Table 2.2 Calculated fractional free volume for representative membrane materials at

ambient temperatures (Bondi method)

Polymer Polymer Glass transition Fractional free
type temperature, T, volume
(°0) (em’ /em?)
Silicone rubber Rubber —129 0.16
Natural rubber Rubber =73 0.16
Polycarbonate Glass 150 0.16
Poly(phenylene oxide) Glass 167 0.20
Polysulfone Glass 186 0.16
6FDA-ODA polyimide Glass 300 0.16
Poly(4-methyl-2-pentyne) (PMP) Glass >250 0.28
Poly(1-trimethylsilyl-1-propyne) (PTMSP) Glass >250 0.34
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Figure 2.22 The change in specific volume as a function of temperature for a typi-
cal polymer

polymer chains can no longer rotate freely. Segmental motion then ceases, and
the remaining free volume elements between the polymer chains are essentially
frozen into the polymer matrix. As the polymer temperature is reduced further,
its occupied volume will continue to decrease as the vibrational energy of the
groups forming the polymer decreases, but the free volume elements remain
essentially constant. Therefore, a glassy polymer contains both the normal free
volume elements caused by the incomplete packing of the groups making up the
polymer chains and the excess free volume elements frozen into the polymer
matrix because the polymer chains cannot rotate.
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Figure 2.23 Structure of two high-free-volume substituted polyacetylenes, PTMSP and
PMP. The carbon—carbon double bond is completely rigid, and depending on the size
of the substituents, rotation around the carbon—carbon single bond can be very restricted
also. The result is very stiff-backboned, rigid polymer chains which pack very poorly,
leading to unusually high fractional free volumes

The fractional free volume of most materials is quite small and the value
depends on the methods used for the calculation. For rubbers, the volume calcu-
lated by the Bondi method is generally about 10 to 15 % and for glassy polymers
slightly higher, generally in the range 15 to 20 % because of the excess free vol-
ume contribution. Recently, a number of substituted polyacetylene polymers with
extraordinarily rigid polymer backbones have been prepared. The structures of
two such polymers are shown in Figure 2.23. Their glass transition temperatures
are very high, and their free volumes are correspondingly unusually high—as
much as 25 to 35 % of the polymers’ volume is unoccupied space.

Correlation of the permeation properties of a wide variety of polymers with
their free volume is not possible [32]. But, within a single class of materials,
there is a correlation between the free volume of polymers and gas diffusion
coefficients; an example is shown in Figure 2.24 [33]. The relationship between
the free volume and the sorption and diffusion coefficients of gases in polymers,
particularly glassy polymers, has been an area of a great deal of experimen-
tal and theoretical work. The subject has recently been reviewed in detail by
Petropoulos [34] and by Paul and co-workers [35,36].

Sorption Coefficients in Polymers

The second key factor determining permeability in polymers is the sorption coef-
ficient. The data in Figure 2.18 show that sorption coefficients for a particular gas
are relatively constant within a single family of related materials. In fact, sorp-
tion coefficients of gases in polymers are relatively constant for a wide range
of chemically different polymers. Figure 2.25 plots sorption and diffusion coeffi-
cients of methane in Tanaka’s fluorinated polyimides [23], carboxylated polyvinyl
trimethylsiloxane [37] and substituted polyacetylenes [38], all amorphous glassy
polymers, and a variety of substituted siloxanes [39], all rubbers. The diffusion
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Aitken et al. (1992)
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Figure 2.24 Correlation of the oxygen permeability coefficient for a family of related
polysulfones with inverse fractional free volume (calculated using the Bondi method)
[33]. Reprinted with permission from C.L. Aitken, W.J. Koros and D.R. Paul, Effect of
Structural Symmetry on Gas Transport Properties of Polysulfones, Macromolecules 25,
3424. Copyright 1992, American Chemical Society

coefficients of methane in the different polymers vary by more than 100000,
showing the extraordinary sensitivity of the permeant diffusion coefficients to
changes in the packing of the polymer chains and to their flexibility. In contrast,
sorption coefficients vary by only a factor of 10 around a mean value of about
15 x 1072 cm*(STP)/cm?® - cmHg.

The sorption coefficients of gases in polymers remain relatively constant be-
cause sorption in polymers behaves as though the polymers were ideal fluids.
Gas sorption in a polymer is expressed from Equation (2.57) as

Cioy = KPP (2.89)

By substituting for the sorption coefficient Kl.G from Equation (2.56), Equa-
tion (2.89) can be written as

v pi
Yiim Piga

(2.90)

Ci(m) = mlpm

From the conversion of concentration to mole fraction [Equation (2.10)], it fol-
lows that

Ciyy = Mi PN, 2.91)
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Figure 2.25 Diffusion and sorption coefficients of methane in different families of poly-
mer materials. Diffusion coefficients change over a wide range but sorption coefficients
are relatively constant. Data from references [23,35-37]
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and so Equation (2.90) can be written as

. G,
Cim) . Yi Pi
Lam)

= (2.92)
PmMi Vi Pisa

For an ideal gas dissolving in an ideal liquid, in and y;,, are both unity, so
Equation (2.92) can be written as

=P (2.93)

Pigy

i),

where n;,, is the mole fraction of the gas sorbed in the liquid, p; is the partial
pressure of the gas, and p; is the saturation vapor pressure at the pressure and
temperature of the liquid. To apply Equation (2.93), the gas saturation vapor pres-
sure must be determined. This can be done by extrapolating from available vapor
pressure data to the ambient range using the Clausius—Clapeyron equation. For
some gases the vapor pressure thereby obtained does not correspond to a stable
gas—liquid equilibrium because the gas is supercritical at ambient temperatures.
However, the calculated value is adequate to calculate the sorption coefficient
using Equation (2.93) [40]. At 25°C the saturation vapor pressure of methane
extrapolated in this way is 289 atm. Thus, from Equation (2.93) the mole fraction
of methane dissolved in an ideal liquid is 1/289 or 0.0035. The ideal solubility
and measured solubilities of methane in a number of common liquids are given in
Table 2.3. Although there is some spread in the data, particularly for small polar
solvent molecules such as water or methanol, the overall agreement is remarkably
good. A more detailed discussion of the solubility of gases in liquids is given in
the book by Fogg and Gerrard [41].

To apply the procedure outlined above to a polymer, it is necessary to use the
Flory—Huggins theory of polymer solution, which takes into account the entropy
of mixing of solutes in polymers caused by the large difference in molecular size

Table 2.3 Mole fraction of methane in vari-
ous solvents at 25°C and 1 atm. The solubil-
ity of methane in an ideal liquid under these
conditions is 0.0035 [40]

Liquid Methane solubility
(mole fraction)
Ethyl ether 0.0045
Cyclohexane 0.0028
Carbon tetrachloride 0.0029
Acetone 0.0022
Benzene 0.0021
Methanol 0.0007

Water 0.00002
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between the two components. The Flory—Huggins expression for the free energy
of mixing of a gas in polymer solution can be written [42]

AG = RTIn -

— RT [mvi + (1 — ﬂ) (1— VI-)} (2.94)

Vj

Lsat

where v; and v; are the molar volumes of the gas i and the polymer j respec-
tively, and V; the volume fraction of the polymer j occupied by the sorbed gas
i. When v; & vy, that is, the gas and polymer molecules are approximately the
same size, Equation (2.94) reduces to Equation (2.93), the ideal liquid case. When
v; < vj, that is, when the molar volume of a gas (v;) is much smaller than the
molar volume of the polymer (v;), then v; /v; — 0 and Equation (2.94) becomes

In Di

=hnhV,+(1-V) (2.95)

Lsat

Equation (2.95) can be rearranged to

Pi/ Pig,

i = m (2.96)

and since V; is small, exp(l — V}) is approximately exp(l) & 2.72, Equation
(2.95) then becomes
V= Pi/ Pis
2.72

Comparing Equations (2.93) and (2.97), we see that the volume fraction of gas
sorbed by an ideal polymer is 1/2.72 of the mole fraction of a gas sorbed in an
ideal liquid.®

The results of such a calculation are shown in Table 2.4. In Figure 2.26, the
calculated sorption coefficients in an ideal polymer from Table 2.4 are plot-
ted against the average sorption coefficients of the same gases in Tanaka’s
polyimides [23]. The calculated values are within a factor of two of the experi-
mental values, which is extremely good agreement considering the simplicity of
Equation (2.97). A more detailed discussion of sorption of gases in polymers is
given in a review by Petropoulos [34].

As shown above, thermodynamics can qualitatively predict the sorption of
simple gases in polymers to within a factor of two. Moreover, Equation (2.97)
predicts that all polymers should have about the same sorption for the same gas
and that sorption is inversely proportional to saturation vapor pressure.

Another way of showing the same effect is to plot gas sorption against some
convenient measure of saturation vapor pressure, such as the gas boiling point

(2.97)

6V is the volume fraction of the gas sorbed in the polymer. To calculate the amount of gas sorbed

in cm® (STP)/cm?, the molar density of the sorbed gas must be known. We assume this density is
/MW (mol/cm?).
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Table 2.4 Solubility of gases in an ideal liquid and an ideal polymer (35 °C)

Gas Calculated saturation Ideal solubility in a Ideal solubility in a polymer
vapor pressure, liquid at 1 atm [1073 cm*(STP)/cm?® - cmHg]
Pi,, (atm) (mole fraction) [Equation (2.97)]
[Equation (2.93)]
N, 1400 0.0007 2.6
0, 700 0.0014 4.8
CH4 366 0.0027 18.4
CO, 79.5 0.0126 29.5
100

-
o

Measured gas sorption
(103cm3(STP)/cm3.cmHg)

O,

1 120 0 11l Lol [
1 10 100

Gas solubility in an ideal polymer
(10-3cm3(STP)/cm3.cmHg)

Figure 2.26 Average sorption coefficients of simple gases in a family of 18 related
polyimides plotted against the expected sorption in an ideal polymer calculated using
Equation (2.97). Data from Tanaka et al. [23]

or critical temperature. Figure 2.27 shows a plot of this type for a typical glassy
polymer (polysulfone), a typical rubber (silicone rubber), and the values for the
ideal solubility of a gas in a polymer calculated using Equation (2.97) [43]. The
figure shows that the difference in gas sorptions of polymers is relatively small
and the values are grouped around the calculated value.

Although all of these predictions are qualitatively correct, the differences
between the behavior of an ideal polymer and an actual polymer are important
in selecting the optimum material for a particular separation. The usual starting
point for this fine-tuning is the dual-sorption model originally proposed by Bar-
rer et al. [44]. This model has since been extended by Michaels et al. [45], Paul
et al. [46], Koros et al. [47] and many others.
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Figure 2.27 Solubilities as a function of critical temperature (7;) for a typical glassy
polymer (polysulfone) and a typical rubbery polymer (silicone rubber) compared with
values for the ideal solubility calculated from Equation (2.97)[43]

According to the dual-sorption model, gas sorption in a polymer (c,,) occurs in
two types of sites. The first type is filled by gas molecules dissolved in the equi-
librium free volume portion of material (concentration cg). In rubbery polymers
this is the only population of dissolved gas molecules, but in glassy polymers
a second type of site exists. This population of dissolved molecules (concentra-
tion cp) is dissolved in the excess free volume of the glassy polymer. The total
sorption in a glassy polymer is then

cn =Cp+cy (2.98)

The number of molecules (cp) dissolved in the equilibrium free volume por-
tion of the polymer will behave as in normal sorption in a liquid and can be
related to the pressure in the surrounding gas by a linear expression equivalent
to Equation (2.89)

Cp = K DP (299)

This fraction of the total sorption is equivalent to the value calculated in Equa-
tion (2.97). The other fraction (cg) is assumed to be sorbed into the excess
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free volume elements, which are limited, so sorption will cease when all the
sites are filled. Sorption in these sites is best approximated by a Langmuir-type

absorption isotherm
b
ey = —HoP (2.100)
14+ bp

At high pressures cy — ¢, where ¢, is the saturation sorption concentration at
which all excess free volume sites are filled.

From Equations (2.99) and (2.100) it follows that the total sorption can be
written as
cybp
1+bp

cm = Kpp + (2.101)

The form of the sorption isotherm predicted from the dual sorption model is
shown in Figure 2.28. Because the expressions for sorption contain three ad-
justable parameters, good agreement between theory and experiment is obtained.

Often, much is made of the particular values of the constants c/H, b, and K.
However, these constants should be treated with caution because they depend
totally on the starting point of the curve-fitting exercise. That is, starting with
an arbitrary value of c7;, the other constants » and K can usually be adjusted to
obtain good agreement of Equation (2.101) with experiment. If the starting value
for ¢, is changed, then equally good agreement between theory and experiment
can still be obtained but with different values of » and K [48].

Total sorption

c
c
= -
=3 ~
-
3 -
(7] ~
@ e — ———— — —_——
[©) P -
7 . .
- Langmuir sorption
P o CH bp
e - H™ 1+ bp
-

<~ Henry's law sorption ¢ = kpp

Gas pressure (p)

Figure 2.28 An illustration of the two components that contribute to gas sorption in a
glassy polymer according to the dual sorption model. Henry’s law sorption occurs in the
equilibrium free volume portion of the polymer. Langmuir sorption occurs in the excess
free volume between polymer chains that exists in glassy polymers
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Permeation of gases in glassy polymers can also be described in terms of the
dual sorption model. One diffusion coefficient (Dp) is used for the portion of
the gas dissolved in the polymer according to the Henry’s law expression and
a second, somewhat larger, diffusion coefficient (Dg) for the portion of the gas
contained in the excess free volume. The Fick’s law expression for flux through
the membrane has the form

J=-Dp—2 —py—-2 (2.102)

Pore-flow Membranes

The creation of a unified theory able to rationalize transport in the dense mem-
branes used in reverse osmosis, pervaporation and gas separation occurred over
a 20-year period from about 1960 to 1980. Development of this theory was one
of the successes of membrane science. The theory did not form overnight as the
result of one single breakthrough but rather as the result of a series of incre-
mental steps. The paper of Lonsdale et al. [12] applying the solution-diffusion
model to reverse osmosis for the first time was very important.” Also important
was the series of papers by Paul and co-workers showing the connection between
hydraulic permeation (reverse osmosis) and pervaporation [4—6, 19] and provid-
ing the experimental support for the solution-diffusion model as applied to these
processes. Unfortunately no equivalent unified theory to describe transport in
microporous membranes has been developed. Figure 2.29 illustrates part of the
problem, namely the extremely heterogeneous nature of microporous membranes.
All of the microporous membranes shown in this figure perform approximately
the same separation, but their porous structure and the mechanism of the sep-
aration differ significantly. The nucleation track membrane (Figure 2.29a) and
the asymmetric Loeb—Sourirajan membrane (Figure 2.29d) both separate par-
ticles by molecular sieving. The cellulose acetate/cellulose nitrate membrane
(Figure 2.29¢) is a depth filter which captures particles within the interior of the
membrane by adsorption. The expanded film membrane (Figure 2.29b) captures
particles by both methods. The materials from which these membranes are made
also differ, ranging from polyethylene and polysulfone, both hydrophobic, low-
surface-energy materials, to cellulose acetate, a hydrophilic material that often
carries charged surface groups.

The parameters available to characterize the complexity of microporous
membranes are also imperfect. Some widely used parameters are illustrated in
Figure 2.30. The membrane porosity (¢) is the fraction of the total membrane

"This paper was initially submitted by its three industrial authors for publication to the Journal of
Physical Chemistry and was rejected as insufficiently fundamental. More than 30 years after it was
finally published in the Journal of Applied Polymer Science, it remains one of the most cited papers
on membrane transport theory.
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(a) Track etch (b) Expanded film

(d) Loeb—Sourirajan

Skin layar

Figure 2.29 Scanning electron micrographs at approximately the same magnification
of four microporous membranes having approximately the same particle retention.
(a) Nuclepore (polycarbonate) nucleation track membrane; (b) Celgard® (polyethylene)
expanded film membrane; (c) Millipore cellulose acetate/cellulose nitrate phase separation
membrane made by water vapor imbibition (Courtesy of Millipore Corporation, Billerica,
MA); (d) anisotropic polysulfone membrane made by the Loeb—Sourirajan phase
separation process

volume that is porous. Typical microporous membranes have average porosities
in the range 0.3—0.7. This number can be obtained easily by weighing the
membrane before and after filling the pores with an inert liquid. The average
porosity obtained this way must be treated with caution, however, because the
porosity of a membrane can vary from place to place. For example, anisotropic
membranes, such as the Loeb—Sourirajan phase separation membrane shown in
Figure 2.29(d), often have an average porosity of 0.7—0.8, but the porosity of
the skin layer that performs the actual separation may be as low as 0.05.

The membrane tortuosity () reflects the length of the average pore compared to
the membrane thickness. Simple cylindrical pores at right angles to the membrane
surface have a tortuosity of one, that is, the average length of the pore is the
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Figure 2.30 Microporous membranes are characterized by their tortuosity (t), their
porosity (¢), and their average pore diameter (d)

membrane thickness. Usually pores take a more meandering path through the
membrane, so typical tortuosities are in the range 1.5-2.5.

The most important property characterizing a microporous membrane is the
pore diameter (d). Some of the methods of measuring pore diameters are described
in Chapter 7. Although microporous membranes are usually characterized by a
single pore diameter value, most membranes actually contain a range of pore
sizes. In ultrafiltration, the pore diameter quoted is usually an average value, but
to confuse the issue, the pore diameter in microfiltration is usually defined in
terms of the largest particle able to penetrate the membrane. This nominal pore
diameter can be 5 to 10 times smaller than the apparent pore diameter based on
direct microscopic examination of the membrane.

Permeation in Ultrafiltration and Microfiltration Membranes

Microporous ultrafiltration and microfiltration membranes used to filter particu-
lates from liquids fall into the two general categories illustrated in Figure 2.31.
The first category (a) is the surface or screen filter; such membranes contain sur-
face pores smaller than the particles to be removed. Particles in the permeating
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(a) Screen filtration (b) Depth filtration

Figure 2.31 Separation of particulates can take place at the membrane surface according
to a screen filtration mechanism (a) or in the interior of the membrane by a capture
mechanism as in depth filtration (b)

fluid are captured and accumulate on the surface of the membrane. These mem-
branes are usually anisotropic, with a relatively finely microporous surface layer
on a more open microporous support. Particles small enough to pass through the
surface pores are not normally captured in the interior of the membrane. Most
ultrafiltration membranes are screen filters.

The second category of microporous membranes is the depth filter (b), which
captures the particles to be removed in the interior of the membrane. The average
pore diameter of a depth filter is often 10 times the diameter of the smallest
particle able to permeate the membrane. Some particles are captured at small
constrictions within the membrane, others by adsorption as they permeate the
membrane by a tortuous path. Depth filters are usually isotropic, with a similar
pore structure throughout the membrane. Most microfiltration membranes are
depth filters.

Screen Filters

The mechanism of particle filtration by screen filters has been the subject of
many studies because it is relatively easily described mathematically; Bungay
has published a review of this work [49]. Ferry [50] was the first to model
membrane retention by a screen filter; in his model pores were assumed to be
equal circular capillaries with a large radius, r, compared to the solvent molecule
radius. Therefore, the total area of the pore is available for transport of solvent.
A solute molecule whose radius, a, is an appreciable fraction of the pore radius
cannot approach nearer than one molecular radius of the pore overall. The model
is illustrated in Figure 2.32.

The area, A, of the pore available for solute transport is given by the equation

A (r —a)?

o
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Figure 2.32 Tllustration of the Ferry mechanical exclusion model of solute transport in
small pores

where A, is the area of the pore available for solvent molecules. Later, Renkin
[51] showed that Equation (2.103) has to be modified to account for the parabolic
velocity profile of the fluid as it passes through the pore. The effective fractional
pore area available for solutes in this case is

(ﬁyzzo_gy_@_gy (2.104)

where (A/A,)’ is equal to the ratio of the solute concentration in the filtrate (c;)
to the concentration in the feed (c,), that is,

A /_ Cy
() =(%) 109
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It follows that from Equation (2.105) and the definition of solution rejection
[Equation (2.48)] that the rejection of the membrane is

a\? a\*
R=|:1—2<1—;) +<1—;)]x100% (2.106)

The Ferry—Renkin equation can be used to estimate the pore size of ultrafiltra-
tion membranes from the membrane’s rejection of a solute of known radius. The
rejections of globular proteins by four typical ultrafiltration membranes plotted
against the cube root of the protein molecular weight (an approximate measure
of the molecular radius) are shown in Figure 2.33(a). The theoretical curves
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Figure 2.33 (a) Rejection of globular proteins by ultrafiltration membranes of increasing
pore size; (b) calculated rejection curves from the Ferry—Renkin equation (2.106) plotted
on the same scale [52]
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Table 2.5 Marker molecules used to characterize ultrafiltration membranes

Species Molecular weight Estimated molecular
(x1000) diameter (A)
Sucrose 0.34 11
Raffinose 0.59 13
Vitamin By, 1.36 17
Bacitracin 1.41 17
Insulin 5.7 27
Cytochrome ¢ 13.4 38
Myoglobin 17 40
«-Chymotrysinogene 25 46
Pepsin 35 50
Ovalbumin 43 56
Bovine albumin 67 64
Aldolase 142 82
y-Globulin 150 84

calculated from Equation (2.106) are shown directly in Figure 2.33(b) [52]. The
abscissae of both figures have been made comparable because the radius of gyra-
tion of albumin is approximately 30 A. A pore size that appears to be reasonable
can then be obtained by comparing the two graphs. This procedure for obtain-
ing an approximate pore size from membrane retention measurements shown in
Figure 2.33 has been widely used. Globular proteins are usually the basis for
this work because their molecular weights and molecular diameter can be cal-
culated precisely. A list of some commonly used molecular markers is given in
Table 2.5.

Depth Filters

The mechanism of particle capture by depth filtration is more complex than for
screen filtration. Simple capture of particles by sieving at pore constructions in
the interior of the membrane occurs, but adsorption of particles on the interior
surface of the membrane is usually at least as important. Figure 2.34 shows four
mechanisms that contribute to particle capture in depth membrane filters. The
most obvious mechanism, simple sieving and capture of particles at constrictions
in the membrane, is often a minor contributor to the total separation. The three
other mechanisms, which capture particles by adsorption, are inertial capture,
Brownian diffusion and electrostatic adsorption [53,54]. In all cases, particles
smaller than the diameter of the pore are captured by adsorption onto the internal
surface of the membrane.

In inertial capture, relatively large particles in the flowing liquid cannot follow
the fluid flow lines through the membrane’s tortuous pores. As a result, such
particles are captured as they impact the pore wall. This capture mechanism is
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Figure 2.34 Particle capture mechanism in filtration of liquid solutions by depth micro-
filters. Four capture mechanisms are shown: simple sieving; electrostatic adsorption;
inertial impaction; and Brownian diffusion
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more frequent for larger diameter particles. In experiments with colloidal gold
particles and depth filtration membranes with tortuous pores approximately 5 pm
in diameter, Davis showed that 60 % of 0.05-p.m-diameter particles were captured
[55]. Nucleation track membranes with 5-pum, almost straight-through pores and
no tortuosity retained less than 1% of the particles. The retention of the small
particles by the depth filter was caused by the greater tortuosity which led to
inertial capture.

The second mechanism is capture by Brownian diffusion, which is more of
a factor for smaller particles. Small particles are easily carried along by the
moving fluid. However, because the particles are small, they are subject to random
Brownian motion that periodically brings them into contact with the pore walls.
When this happens, capture by surface adsorption occurs.

The third mechanism is capture of charged particles by membranes having
surface-charged groups. Many common colloidal materials carry a slight nega-
tive charge, so membranes containing an excess of positive groups can provide
enhanced removals. Several microfiltration membrane manufacturers produce this
type of charged membrane. One problem is that the adsorption capacity of the
charged group is exhausted as filtration proceeds, and the retention falls.



74 MEMBRANE TECHNOLOGY AND APPLICATIONS

104 =
E Capture by
- inertial
interception Capture by
I~ Brownian
105 diffusion
c L
o -
g
@ 106
c =
[ =
o C
E -
c -
o
*6‘ —
<
w 107 —
- Most
- penetrating
| particle
10-8 Lol L1
0.01 0.10 1.00

Particle diameter (um)
Figure 2.35 Gas-borne particle penetration through an ultrathin PVDF membrane [55,56]

In filtration of gas-borne aerosol particles by microfiltration membranes, cap-
ture by adsorption is usually far more important than capture by sieving. This
leads to the paradoxical result that the most penetrating particle may not be the
smallest one. This is because capture by inertial interception is most efficient for
larger particles, whereas capture by Brownian motion is most efficient for smaller
particles. As a result the most penetrating particle has an intermediate diameter,
as shown in Figure 2.35 [55,56].

Knudsen Diffusion and Surface Diffusion in Microporous Membranes

Essentially all industrial gas separation membranes involve permeation through
dense polymeric membranes. But the study of gas permeation through finely
microporous membranes has a long history dating back to Graham’s work in the
1850s. To date, the only application of these membranes has been the separation
of U*3Fg and U**Fg in the Manhattan project. More recently finely microporous
membranes made by carbonizing poly(vinylidene chloride) and other polymers
have been developed and taken to the pilot plant scale.

If the pores of a microporous membrane are 0.1 wm or larger, gas permeation
will take place by normal convective flow described by Poiseuille’s law. As



MEMBRANE TRANSPORT THEORY 75

the pore radius (r) decreases it can become smaller than the mean free path
(1) of the gas. (At atmospheric pressure the mean free path of common gases
is in the range 500—2000 A.) When this occurs the ratio of the pore radius to
the gas mean free path (r/)A) is less than one. Diffusing gas molecules then
have more collisions with the pore walls than with other gas molecules. Gas
permeation in this region is called Knudsen diffusion. At every collision with the
pore walls, the gas molecules are momentarily adsorbed and then reflected in a
random direction. Molecule—molecule collisions are rare, so each gas molecule
moves independently of all others. Hence with gas mixtures in which the different
species move at different average velocities, a separation is possible. The gas flow
in a membrane made of cylindrical right capillaries for Knudsen diffusion is given
by Equation (2.103)

4 2RT\'* p, —
re <—> Do P (2.107)

I =3 \am ¢-RT
where m is the molecular weight of the gas, j is the flux in gmol/cm? -s, ¢ is
the porosity of the membrane, r is the pore radius, £ is the pore length and p,
and p, are the absolute pressures of the gas species at the beginning of the pore
(x =0) and at the end (x = ¢).

The equivalent equation for permeation by Poiseuille flow is

r’e [po = pellpo + el

8n £-RT

J= (2.108)
where 7 is the viscosity of the gas. Equation (2.108) differs from the more famil-
iar Poiseuille equation for liquids by the additional term [p, + p¢] which arises
from the expansion of a gas as it moves down the pressure gradient.

Figure 2.36 shows the effect of the ratio r/A on the relative proportions of
Knudsen to Poiseuille flow in a cylindrical capillary [57]. When r/A is greater
than one, Poiseuille flow predominates. Because the mean free path of gases
at atmospheric pressure is in the range of 500—-2000 A, for Knudsen flow to
predominate and a separation to be obtained, the membrane pore radius must be
less than 500 A.

It follows from Equation (2.107) that the permeability of a gas (i) through a
Knudsen diffusion membrane is proportional to 1/,/m;. The selectivity of this
membrane (c;/;), proportional to the ratio of gas permeabilities, is given by
the expression

= (2.109)

mi
This result was first observed experimentally by Graham and is called Graham’s
law of diffusion. Knudsen diffusion membranes have been used to separate gas
isotopes that are difficult to separate by other methods, for example tritium from
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Figure 2.36 Illustration of the proportion of Knudsen to Poiseuille flow as a function
of r/A (after Barrer) [57]

hydrogen, C'*H, from C!*H, and most importantly U>*Fg from U?®*Fg. The
membrane selectivity for U>¥F4/U?*8F4 mixtures is only 1.0043, so hundreds of
separation stages are required to produce a complete separation. Nevertheless, at
the height of the Cold War, the US Atomic Energy Commission operated three
plants fitted with microporous metal membranes that processed almost 20000
tons/year of uranium.

When the pore diameter of a microporous membrane decreases to the 5—10 A
range, the pores begin to separate gases by a molecular sieving effect. The
difficulty of making these membranes defect-free has so far prevented their
application to industrial separations. However, in the laboratory, spectacular sep-
arations have been reported for gases that differ in size by only 0.1 A. Figure 2.37
shows some data for permeation through microporous silica membranes [58]. No
polymeric membranes can match this separation.

Surface adsorption and diffusion add a second contribution to gas permeation
that can occur in small-pore-diameter membranes. This phenomenon is shown
schematically in Figure 2.38. Adsorption onto the walls of the small pores
becomes noticeable when the pore diameter drops below about 100 A. At this
pore diameter the surface area of the pore walls is in the range 100 m?/cm? of
material. Significant amounts of gas then adsorb onto the pore walls, particularly
if the gas is condensable. Often the amount of gas sorbed on the pore walls is
much greater than the amount of nonsorbed gas. Sorbed gas molecules are mobile
and can move by a process of surface diffusion through the membrane according
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Figure 2.37 Permeability coefficients as a function of the gas kinetic diameter in micro-
porous silica hollow fine fibers [58]. Reprinted from J. Membr. Sci. 75, A.B. Shelekhin,
A.G. Dixon and Y.H. Ma, Adsorption, Permeation, and Diffusion of Gases in Microporous
Membranes, 233, Copyright 1992, with permission from Elsevier

to a Fick’s law type of expression

deg
Jy=—Ds— (2.110)
dx
where J; is the contribution to permeation by surface diffusion of the sorbed
gas ¢; and D; is a surface diffusion coefficient. At room temperature, typical
surface diffusion coefficients are in the range 1 x 107>~1 x 10~* cm?/s, inter-
mediate between the diffusion coefficients of molecules in gases and liquids [59].
Although these coefficients are less than the diffusion coefficients for nonsorbed
gas, surface diffusion still makes a significant contribution to total permeation.

Some typical results illustrating the effect of surface diffusion are shown in
Figure 2.39 for permeation of gases through microporous glass [60]. The expected
permeability normalized for gas molecular weight, P./m, is constant, but only
the very low boiling gases, helium, hydrogen and neon, approach this value. As
the condensability of the gas increases (as measured by boiling point or critical
temperature) the amount of surface adsorption increases and the contribution of
surface diffusion to gas permeation increases. For butane, for example, 80 % of
the total gas permeation is due to surface diffusion.

In experiments with mixtures of condensable and noncondensable gases, ad-
sorption of the condensable gas component can restrict or even completely block
permeation of the noncondensable gas [61,62]. This effect was first noticed by
Barrer and Pope in experiments with sulfur dioxide/hydrogen mixtures [63]; some
of the data are shown in Figure 2.40. Sorption of sulfur dioxide on the pore walls
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Figure 2.38 Permeation of noncondensable and condensable gas mixtures through finely
microporous membranes. With noncondensable gases molecular sieving occurs when the
pore wall reaches the 5- to 10-A diameter range. With gas mixtures containing condensable
gases surface diffusion increases as the pore diameter decreases and the temperature
decreases (increasing adsorption)

of the microporous carbon membrane inhibits the flow of hydrogen. If adsorption
is increased by increasing the sulfur dioxide partial pressure or by lowering the
temperature, sufficient sulfur dioxide is adsorbed to cause capillary condensation
of sulfur dioxide in the membrane pores, completely blocking permeation of
hydrogen. At this point the membrane only permeates sulfur dioxide.
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Figure 2.39 Molecular-weight-normalized permeability of gases through Vycor microp-
orous glass membranes [60]. Reprinted from Techniques of Chemistry, Vol. VII, Membranes
in Separations, S.T. Hwang and K. Kammermeyer; A. Weissberger (ed.); Copyright ©
1975. This material is used by permission of John Wiley & Sons, Inc.

Microporous carbonized hollow fibers were developed over a period of 20 years
by Soffer, Koresh, and others (64) at Carbon Membranes Ltd. and were brought
to the small module scale. Spectacular separations were reported, but the mem-
branes were difficult to make defect-free and were relatively sensitive to fouling
and breaking. More recently, Rao, Sirkar, and others at Air Products tried to
use microporous membranes to separate hydrogen/light hydrocarbon gas mix-
tures found in refinery waste gas streams [65,66]. They also used microporous
carbon membranes, this time formed by vacuum carbonization of polymer films
cast onto microporous ceramic supports. The adsorbed hydrocarbons permeate
the membranes by surface diffusion while permeation of hydrogen in the gas
phase is blocked by capillary condensation in the membrane pores. The process
was tried at the pilot-plant scale, but eventually abandoned in part because of
blocking of the membranes by permanently adsorbed higher hydrocarbons in the
feed gas.

Despite these failures, microporous carbon membranes continue to be a sub-
ject of research by a number of groups [67—70]. The selectivities obtained are
often very good, even for simple gas mixtures such as oxygen/nitrogen or carbon
dioxide/methane. However long-term, it is difficult to imagine carbon membranes
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Figure 2.40 Blocking of hydrogen in hydrogen/sulfur dioxide gas mixture permeation
experiments with finely microporous membranes [63] as a function of the amount of sulfur
dioxide adsorbed by the membrane. As sulfur dioxide sorption increases the hydrogen
permeability is reduced until at about 140 cm?(SO,)(STP)/g, the membrane is completely
blocked and only sulfur dioxide permeates. Data obtained at several temperatures fall
on the same master curve (@, 0°C; A, —10°C; O, —20.7°C; A, —33.6°C). Reprinted
from R. Ash, R.M. Barrer and C.G. Pope, Flow of Adsorbable Gases and Vapours in
Microporous Medium, Proc. R. Soc. London, Ser. A, 271, 19 (1963) with permission from
The Royal Society

competing with polymeric membranes for these separations. Carbon membranes
are likely to be 10 to 100 times more expensive than equivalent polymeric
membranes. This cost differential can only be tolerated in applications in which
polymeric membranes completely fail to make the separation. Such applications
might be the high-temperature separation of hydrocarbon vapor/vapor mixtures;
the chemical and physical stability of ceramic and carbon membranes is a real
advantage in this type of separation.

Although the literature of gas separation with microporous membranes is domi-
nated by inorganic materials, polymer membranes have also been tried with some
success. The polymers used are substituted polyacetylenes, which can have an
extraordinarily high free volume, on the order of 25 vol %. The free volume is so
high that the free volume elements in these polymers are probably interconnected.
Membranes made from these polymers appear to function as finely microporous
materials with pores in the 5 to 15 A diameter range [71,72]. The two most
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widely studied polyacetylenes are poly(1-trimethylsilyl-1-propyne) (PTMSP) and
poly(4-methyl-2-pentyne) (PMP), with the structures shown in Figure 2.23. Gas
permeabilities in these materials are orders of magnitude higher than those of
conventional, low-free-volume glassy polymers, and are even substantially higher
than those of poly(dimethylsiloxane), for many years the most permeable polymer
known. The extremely high free volume provides a sorption capacity as much as
10 times that of a conventional glassy polymer. More dramatically, diffusion coef-
ficients are 10% to 10° times greater than those observed in conventional glassy
polymers. This combination of extraordinarily high permeabilities, together with
the very high free volume, hints at a pore-flow contribution. Nonetheless, the
ratio of the diffusion coefficients of oxygen and nitrogen (Dg,/Dy,) is 1.4, a
small value for a glassy polymer membrane but still more than would be expected
for a simple Knudsen diffusion membrane.

These high-free-volume polymers also have unusual permeability characteris-
tics with mixtures of condensable and noncondensable gases. For example, in
the presence of as little as 1200 ppm of a condensable vapor such as the per-
fluorocarbon FC-77 (a perfluoro octane-perfluoro decane mixture), the nitrogen
permeability of PTMSP is 20 times lower than the pure nitrogen permeability
[71], as shown in Figure 2.41. When the condensable vapor is removed from the
feed gas the nitrogen permeability rapidly returns to its original value. The best
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Figure 2.41 The change in nitrogen flux through a PTMSP membrane caused by the
presence of a condensable vapor in the feed gas [71]. This behavior is characteris-
tic of extremely finely porous microporous ceramic or ultrahigh-free-volume polymeric
membranes such as PTMSP. The condensable vapor adsorbs in the 5- to 15-A-diameter
pores of the membrane, blocking the flow of the noncondensable nitrogen gas
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explanation for these unusual vapor permeation properties is that PTMSP, because
of its very high free volume, is an ultra-microporous membrane in which pore-
flow transport occurs. The FC-77 vapor causes capillary condensation in which
the pores are partially or completely blocked by the adsorbed vapor, preventing
the flow of noncondensed gases (nitrogen) through the membrane.

The Transition Region

The transition between pore-flow and solution-diffusion transport seems to occur
with membranes having very small pores. Ultrafiltration membranes that reject
sucrose and raffinose but pass all micro-ions are clearly pore-flow membranes,
whereas desalination-grade sodium-chloride-rejecting reverse osmosis membranes
clearly follow the solution-diffusion model. Presumably, the transition is in the
nanofiltration range, with membranes having good rejections to divalent ions and
most organic solutes, but rejection of monovalent ions in the 20—70 % range. The
performance of a family of nanofiltration membranes of this type is illustrated in
Table 2.6 [73]. The FT30 membrane is clearly a good reverse osmosis membrane,
whereas the XP-20 is a very small pore flow ultrafiltration membrane. The XP-45
membrane is intermediate in character.

The transition between reverse osmosis membranes with a salt rejection of
more than 95 % and molecular weight cutoffs below 50 and ultrafiltration mem-
branes with a salt rejection of less than 10 % and a molecular weight cutoff
of more than 1000 is shown in Figure 2.42 [74]. The very large change in the
pressure-normalized flux of water that occurs as the membranes become more
retentive is noteworthy. Because these are anisotropic membranes, the thick-
ness of the separating layer is difficult to measure, but clearly the permeability of

Table 2.6 Rejection of microsolutes by nanofiltration mem-
branes (FilmTec data) [73]. Reprinted from Desalination, 70,
J. Cadotte, R. Forester, M. Kim, R. Petersen and T. Stocker,
Nanofiltration Membranes Broaden the Use of Membrane Sepa-
ration Technology, p. 77, Copyright 1988, with permission from

Elsevier
Solute Solute rejection (%)
FT-30 XP-45 XP-20

NaCl 99.5 50 20
MgCl, >99.5 83 —
MgSO, >99.5 97.5 85
NaNO; 90 <20 0
Ethylene glycol 70 24 11
Glycerol 96 44 15
Glucose 99 95 60

Sucrose 100 100 89
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Figure 2.42 Diagram of the region of nanofiltration membrane performance relative to
reverse osmosis and ultrafiltration membranes [74]

water through the pores of ultrafiltration membranes is orders of magnitude higher
than permeability through dense solution-diffusion reverse osmosis membranes.
Gas permeation also places high-free-volume substituted polyacetylene polymer
membranes in the transition area between solution-diffusion and pore flow.

Conclusions and Future Directions

During the last 30 years the basis of permeation through membranes has become
much clearer. This is particularly true for reverse osmosis, gas permeation and
pervaporation for which the solution-diffusion model is now almost universally
accepted and well-supported by a body of experimental evidence. This model
provides simple equations that accurately link the driving forces of concentration
and pressure with flux and selectivity. The solution-diffusion model has been
less successful at providing a link between the nature of the membrane material
and the membrane permeation properties. This link requires an ability to cal-
culate membrane diffusion and sorption coefficients. These calculations require
knowledge of the molecular level of interactions of permeant molecules and their
motion in the polymer matrix that is not yet available. Only semiempirical corre-
lations such as the dual sorption model or free volume correlations are available.
The best hope for future progress towards a priori methods of calculating perme-
ant sorption and diffusion coefficients lies in computer-aided molecular dynamic
simulations, but accurate predictions using this technique are years—perhaps
decades—away.
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The theory of permeation through microporous membranes in ultrafiltration
and microfiltration is much less developed and it is difficult to see a clear path
forward. Permeation through these membranes is affected by a variety of hard-
to-compute effects and is also very much a function of membrane structure and
composition. Measurements of permeation through ideal uniform-pore-diameter
membranes made by the nucleation track method are in good agreement with
theory. Unfortunately, industrially useful membranes have nonuniform tortuous
pores and are often anisotropic as well. Current theories cannot predict the per-
meation properties of these membranes.
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3 MEMBRANES AND
MODULES

Introduction

The surge of interest in membrane separation processes that began in the late
1960s was prompted by two developments: first, the ability to produce high flux,
essentially defect-free membranes on a large scale and second, the ability to
form these membranes into compact, high-surface-area, economical membrane
modules. These breakthroughs in membrane technology took place in the 1960s
to early 1970s, as part of the development of reverse osmosis and ultrafiltra-
tion. Adaptation of the technology to other membrane processes took place in
the 1980s.

Several factors contribute to the successful fabrication of a high-performance
membrane module. First, membrane materials with the appropriate chemical,
mechanical and permeation properties must be selected; this choice is very
process-specific. However, once the membrane material has been selected, the
technology required to fabricate this material into a robust, thin, defect-free
membrane and then to package the membrane into an efficient, economical, high-
surface-area module is similar for all membrane processes. Therefore, this chapter
focuses on methods of forming membranes and membrane modules. The criteria
used to select membrane materials for specific processes are described in the
chapters covering each application.

In this chapter membrane preparation techniques are organized by membrane
structure: isotropic membranes, anisotropic membranes, ceramic and metal mem-
branes, and liquid membranes. Isotropic membranes have a uniform composition
and structure throughout; such membranes can be porous or dense. Anisotropic
(or asymmetric) membranes, on the other hand, consist of a number of layers each
with different structures and permeabilities. A typical anisotropic membrane has
a relatively dense, thin surface layer supported on an open, much thicker micro-
porous substrate. The surface layer performs the separation and is the principal
barrier to flow through the membrane. The open support layer provides mechani-
cal strength. Ceramic and metal membranes can be either isotropic or anisotropic.

Membrane Technology and Applications R. W. Baker
© 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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However, these membranes are grouped separately from polymeric membranes
because their preparation methods are so different.

Liquid membranes are the final membrane category. The selective barrier in
these membranes is a liquid phase, usually containing a dissolved carrier that
selectively reacts with a specific permeant to enhance its transport rate through the
membrane. Liquid membranes are used almost exclusively in carrier facilitated
transport processes, so preparation of these membranes is covered in that chapter
(Chapter 11).

The membrane classification scheme described above works fairly well. How-
ever, a major membrane preparation technique, phase separation, also known as
phase inversion, is used to make both isotropic and anisotropic membranes. This
technique is covered under anisotropic membranes.

Isotropic Membranes

Isotropic Nonporous Membranes

Dense nonporous isotropic membranes are rarely used in membrane separation
processes because the transmembrane flux through these relatively thick mem-
branes is too low for practical separation processes. However, they are widely
used in laboratory work to characterize membrane properties. In the laboratory,
isotropic (dense) membranes are prepared by solution casting or thermal melt-
pressing. The same techniques can be used on a larger scale to produce, for
example, packaging material.

Solution Casting

Solution casting is commonly used to prepare small samples of membrane for
laboratory characterization experiments. An even film of an appropriate polymer
solution is spread across a flat plate with a casting knife. The casting knife
consists of a steel blade, resting on two runners, arranged to form a precise gap
between the blade and the plate onto which the film is cast. A typical hand-held
knife is shown in Figure 3.1. After casting, the solution is left to stand, and the
solvent evaporates to leave a thin, uniform polymer film. A detailed description
of many types of hand casting knives and simple casting machines is given in
the book by Gardner and Sward [1].

The polymer solution used for solution casting should be sufficiently viscous
to prevent it from running over the casting plate, so typical polymer concen-
trations are in the range 15-20 wt%. Preferred solvents are moderately volatile
liquids such as acetone, ethyl acetate and cyclohexane. Films cast from these
solutions are dry within a few hours. Solvents with high boiling points such as
dimethyl formamide or N-methyl pyrrolidone are unsuitable for solution casting,
because their low volatility requires long evaporation times. During an extended
solvent evaporation time, the cast film can absorb sufficient atmospheric water to
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Figure 3.1 A typical hand-casting knife. (Courtesy of Paul N. Gardner Company, Inc.,
Pompano Beach, FL)

precipitate the polymer, producing a mottled, hazy surface. Very volatile solvents
such as methylene chloride can also cause problems. Rapid evaporation of the
solvent cools the casting solution, causing gelation of the polymer. The result
is a film with a mottled, orange-peel-like surface. Smooth films can be obtained
with rapidly evaporating solvents by covering the cast film with a glass plate
raised 1 to 2 cm above the film to slow evaporation. When the solvent has com-
pletely evaporated the dry film can be lifted from the glass plate. If the cast film
adheres to the plate, soaking in a swelling non-solvent such as water or alcohol
will usually loosen the film.

Solution-cast film is produced on a larger scale for medical applications, battery
separators, or other specialty uses with machinery of the type shown in Figure 3.2
[2]. Viscous film is made by this technique. The solution is cast onto the surface
of a rotating drum or a continuous polished stainless steel belt. These machines
are generally enclosed to control water vapor pickup by the film as it dries and
to minimize solvent vapor losses to the atmosphere.

Melt Extruded Film

Many polymers, including polyethylene, polypropylene, and nylons, do not dis-
solve in appropriate solvents at room temperature, so membranes cannot be
made by solution casting. To prepare small pieces of film, a laboratory press
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Figure 3.2 Machinery used to make solution-cast film on a commercial scale

as shown in Figure 3.3 can be used. The polymer is compressed between two
heated plates. Typically, a pressure of 2000—5000 psi is applied for 1-5 min, at
a plate temperature just below the melting point of the polymer. Melt extrusion
is also used on a very large scale to make dense films for packaging appli-
cations, either by extrusion as a sheet from a die or as blown film. Detailed
descriptions of this equipment can be found in specialized monographs. A good
overview is given in the article by Mackenzie in the Encyclopedia of Chemical
Technology [2].

Isotropic Microporous Membranes

Isotropic microporous membranes have much higher fluxes than isotropic dense
membranes and are widely used as microfiltration membranes. Further significant
uses are as inert spacers in battery and fuel cell applications and as the rate-
controlling element in controlled drug delivery devices.

The most important type of microporous membrane is formed by one of the
phase separation techniques discussed in the next section; about half of the
isotropic microporous membrane used is made in this way. The remaining types
are made by various proprietary techniques, the more important of which are
described below.

Track-etch Membranes

Track-etch membranes were developed by the General Electric Corporation
Schenectady Laboratory [3]. The two-step preparation process is illustrated in
Figure 3.4. First, a thin polymer film is irradiated with fission particles from a
nuclear reactor or other radiation source. The massive particles pass through the
film, breaking polymer chains and leaving behind a sensitized track of damaged
polymer molecules. These tracks are much more susceptible to chemical attack
than the base polymer material. So when the film is passed through a solution
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v

Figure 3.3 A typical laboratory press used to form melt-pressed membranes. (Courtesy
of Carver, Inc., Wabash, IN)

that etches the polymer, the film is preferentially etched along the sensitized
nucleation tracks, thereby forming pores. The exposure time of the film to
radiation determines the number of membrane pores; the etch time determines
the pore diameter [4]. A feature of the track-etch preparation technique is that
the pores are uniform cylinders traversing the membrane at right angles. The
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Figure 3.4 Diagram of the two-step process to manufacture nucleation track membranes
[4] and photograph of resulting structure. (Photograph courtesy of Whatman plc, Maid-
stone, Kent, UK)

membrane tortuosity is, therefore, close to one, and all pores have the same
diameter. These membranes are almost a perfect screen filter; therefore, they
are widely used to measure the number and type of suspended particles in air or
water. A known volume of fluid is filtered through the membrane, and all particles
larger than the pore diameter are captured on the surface of the membrane so they
can be easily identified and counted. To minimize the formation of doublet holes
produced when two nucleation tracks are close together, the membrane porosity
is usually kept relatively low, about 5 % or less. This low porosity results in low
fluxes. General Electric, the original developers of these membranes, assigned
the technology to a spin-off company, the Nuclepore Corporation, in 1972
[5]. Nuclepore® membranes remain the principal commercially available track-
etch membranes. Polycarbonate or polyester films are usually used as the base
membrane material and sodium hydroxide as the etching solution. Other materials
can also be used; for example, etched mica has been used in research studies.

Expanded-film Membranes

Expanded-film membranes are made from crystalline polymers by an orientation
and annealing process. A number of manufacturers produce porous membranes
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by this technique. The original development was due to a group at Celanese,
which made microporous polypropylene membranes by this process under the
trade name Celgard® [6]. In the first step of the process, a highly oriented film
is produced by extruding polypropylene at close to its melting point coupled
with a very rapid drawdown. The crystallites in the semi-crystalline polymer
are then aligned in the direction of orientation. After cooling and annealing,
the film is stretched a second time, up to 300 %. During this second elongation
the amorphous regions between the crystallites are deformed, forming slit-like
voids, 200 to 2500 A wide, between the polymer crystallites. The pore size of
the membrane is controlled by the rate and extent of the second elongation step.
The formation process is illustrated in Figure 3.5. This type of membrane is
also made from poly(tetrafluoroethylene) film by W.L. Gore and sold under the
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Figure 3.5 (a) Preparation method of a typical expanded polypropylene film membrane,
in this case Celgard®. (b) Scanning electron micrograph of the microdefects formed on
uniaxial stretching of films [6]
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trade name Gore-Tex® [7]. Expanded film membrane was originally produced
as rolled flat sheets. More recently the process has also been adapted to the
production of hollow fibers [8]; Membrana produces this type of fiber on a
large scale for use in blood oxygenator equipment (Chapter 12) and membrane
contactors (Chapter 13). Gore-Tex poly(tetrafluoroethylene) film is widely used
as a water-vapor-permeable (that is, breathable) but liquid-water-impermeable
fabric. The commercial success of these membranes has motivated a number of
other companies to produce similar materials [9,10].

Template Leaching

Template leaching is another method of producing isotropic microporous mem-
branes from insoluble polymers such as polyethylene, polypropylene and poly(tet-
rafluoroethylene). In this process a homogeneous melt is prepared from a mixture
of the polymeric membrane matrix material and a leachable component. To finely
disperse the leachable component in the polymer matrix, the mixture is often
homogenized, extruded, and pelletized several times before final extrusion as a
thin film. After formation of the film, the leachable component is removed with
a suitable solvent, and a microporous membrane is formed [11-13]. The leach-
able component can be a soluble, low-molecular-weight solid, a liquid such as
liquid paraffin, or even a polymeric material such as polystyrene. A drawing of
a template leaching membrane production machine is shown in Figure 3.6.

Anisotropic Membranes

Anisotropic membranes are layered structures in which the porosity, pore size,
or even membrane composition change from the top to the bottom surface of
the membrane. Usually anisotropic membranes have a thin, selective layer sup-
ported on a much thicker, highly permeable microporous substrate. Because the
selective layer is very thin, membrane fluxes are high. The microporous substrate

Hopper

Extruder Q

Heat |
setting

Drier Guide rolls

Die
Diluent

chil supply
Extraction roll

Windup

Figure 3.6 Flow schematic of a melt extruder system used to make polypropylene mem-
branes by template leaching [13]
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provides the strength required for handling the membrane. The importance of
anisotropic membranes was not recognized until Loeb and Sourirajan prepared
the first high-flux, anisotropic reverse osmosis membranes by what is now known
as the Loeb—Sourirajan technique [14]. Hindsight makes it clear that some of
the membranes produced in the 1930s and 1940s were also anisotropic. Loeb
and Sourirajan’s discovery was a critical breakthrough in membrane technol-
ogy. Their anisotropic reverse osmosis membranes were an order of magnitude
more permeable than the isotropic membranes produced previously from the
same materials. For a number of years the Loeb—Sourirajan technique was the
only method of making anisotropic membranes, but the demonstrated bene-
fits of the anisotropic structure encouraged the development of other methods.
Improvements in anisotropic membrane preparation methods and properties were
accelerated by the availability in the late 1960s of the scanning electron micro-
scope (SEM), which allowed the effects of changes in the membrane formation
process on structure to be assessed easily.

Membranes made by the Loeb—Sourirajan process consist of a single mem-
brane material, but the porosity and pore size change in different layers of the
membrane. Anisotropic membranes made by other techniques and used on a large
scale often consist of layers of different materials which serve different functions.
Important examples are membranes made by the interfacial polymerization pro-
cess discovered by Cadotte [15] and the solution-coating processes developed by
Ward [16], Francis [17] and Riley [18]. The following sections cover four types
of anisotropic membranes:

e Phase separation membranes. This category includes membranes made by
the Loeb—Sourirajan technique involving precipitation of a casting solution
by immersion in a nonsolvent (water) bath. Also covered are a variety of
related techniques such as precipitation by solvent evaporation, precipitation
by absorption of water from the vapor phase, and precipitation by cooling.

e Interfacial polymerization membranes. This type of anisotropic membrane is
made by polymerizing an extremely thin layer of polymer at the surface of a
microporous support polymer.

e Solution-coated composite membranes. To prepare these membranes, one or
more thin, dense polymer layers are solution coated onto the surface of a
microporous support.

e Other anisotropic membranes. This category covers membranes made by a
variety of specialized processes, such as plasma deposition, in the laboratory
or on a small industrial scale to prepare anisotropic membranes for specific
applications.

Phase Separation Membranes

The Loeb—Sourirajan technique is now recognized as a special case of a more
general class of membrane preparation process, best called the phase separation
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Table 3.1 Phase separation membrane preparation procedures

Procedure Process
Water precipitation (the The cast polymer solution is immersed in a nonsolvent bath
Loeb—Sourirajan (typically water). Absorption of water and loss of solvent
process) cause the film to rapidly precipitate from the top surface
down
Water vapor absorption The cast polymer solution is placed in a humid atmosphere.
Water vapor absorption causes the film to precipitate
Thermal gelation The polymeric solution is cast hot. Cooling causes
precipitation
Solvent evaporation A mixture of solvents is used to form the polymer casting

solution. Evaporation of one of the solvents after casting
changes the solution composition and causes precipitation

process, but sometimes called the phase inversion process or the polymer pre-
cipitation process. The term phase separation describes the process most clearly,
namely, changing a one-phase casting solution into two separate phases. In all
phase separation processes, a liquid polymer solution is precipitated into two
phases: a solid, polymer-rich phase that forms the matrix of the membrane and
a liquid, polymer-poor phase that forms the membrane pores.

Precipitation of the cast liquid polymer solution to form the anisotropic mem-
brane can be achieved in several ways, as summarized in Table 3.1. Precipitation
by immersion in a bath of water was the technique discovered by Loeb and Souri-
rajan, but precipitation can also be caused by absorption of water from a humid
atmosphere. A third method is to cast the film as a hot solution. As the cast film
cools, a point is reached at which precipitation occurs to form a microporous
structure; this method is called thermal gelation. Finally, evaporation of one of
the solvents in the casting solution can be used to cause precipitation. In this
technique the casting solution consists of a polymer dissolved in a mixture of a
volatile good solvent and a less volatile nonsolvent (typically water or alcohol).
When a film of the solution is cast and allowed to evaporate, the volatile good
solvent evaporates first, the film then becomes enriched in the nonvolatile non-
solvent, and finally precipitates. Many combinations of these processes have also
been developed. For example, a cast film placed in a humid atmosphere can pre-
cipitate partly because of water vapor absorption but also because of evaporation
of one of the more volatile components.

Polymer Precipitation by Water (the Loeb—Sourirajan Process)

The first phase separation membrane was developed at UCLA from 1958 to 1960
by Sidney Loeb, then working on his Master’s degree, and Srinivasa Sourirajan,
then a post-doctoral researcher. In their process, now called the Loeb—Sourirajan
technique, precipitation is induced by immersing the cast film of polymer solution
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in a water bath. In the original Loeb—Sourirajan process, a solution containing
20 to 25 wt% cellulose acetate dissolved in a water-miscible solvent was cast as
a thin film on a glass plate. The film was left to stand for 10—100 s to allow
some of the solvent to evaporate, after which the film was immersed in a water
bath to precipitate the film and form the membrane. The membrane was usually
post-treated by annealing in a bath of hot water. The steps of the process are
illustrated in Figure 3.7.

The Loeb—Sourirajan process remains by far the most important membrane-
preparation technique. The process is part of the overall membrane preparation
procedure for almost all reverse osmosis and ultrafiltration and for many gas
separation membranes. Reverse osmosis and gas separation membranes made
by this technique consist of a completely dense top surface layer (the skin)
on top of a microporous support structure. Ultrafiltration membranes, support
membranes for solution coating, and interfacial polymerization membranes have
the same general anisotropic structure, but the skin layer is very finely microp-
orous, typically with pores in the 10- to 200-A diameter range. Also, the porous
substrate of ultrafiltration membranes is usually more open, often consisting of
large finger-like cavities extending from just under the selective skin layer to
the bottom surface of the membrane. Scanning electron micrographs of typi-
cal sponge-structure reverse-osmosis type and finger-structure ultrafiltration-type
membranes are shown in Figure 3.8 [19]. These photographs show how small
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Figure 3.7 Process scheme used to form Loeb—Sourirajan water precipitation phase
separation membranes [14]
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Figure 3.8 Scanning electron micrographs of aromatic polyamide (Nomex, Du Pont)
Loeb—Sourirajan membranes cast from 22 and 18 wt% Nomex in dimethylacetamide [19]

changes in the casting solution can produce major differences in membrane
properties. Both membranes are prepared from a Nomex® (DuPont, Wilmington,
DE) polyamide-dimethylacetamide casting solution, but the polymer concentra-
tion in the solutions is different.

The Loeb—Sourirajan water precipitation membranes shown in Figure 3.8 were
made by casting the membranes onto glass plates. This procedure is still used
in the laboratory, but for commercial production large casting machines produce
rolls of membrane up to 5000 m long and 1 to 2 m wide. A diagram of a small
casting machine is shown in Figure 3.9. The polymer solution is cast onto a
moving nonwoven paper web. The cast film is then precipitated by immersion
in a water bath. The water precipitates the top surface of the cast film rapidly,
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Figure 3.9 Schematic of Loeb—Sourirajan membrane casting machine used to prepare
reverse osmosis or ultrafiltration membranes. A knife and trough are used to coat the
casting solution onto a nonwoven paper web. The coated web then enters the water-filled
gel tank, where the casting solution precipitates. After the membrane has formed, it is
washed thoroughly to remove residual solvent before being wound up on the take-up roll

forming the dense, selective skin. This skin slows entry of water into the under-
lying polymer solution, which precipitates much more slowly and forms a more
porous substructure. Depending on the polymer, the casting solution, and other
parameters, the thickness of the dense skin varies from 0.1 to 1.0 pm. Casting
machine speeds vary from as low as 1 to 2 m/min for slowly precipitating casting
solutions, such as cellulose acetate, to 10 m/min for rapidly precipitating casting
solutions, such as polysulfone. A listing of some typical casting solutions and
precipitation conditions for membranes made by the Loeb—Sourirajan technique
is given in Table 3.2 [14,20-23].

Since the discovery of the Loeb—Sourirajan technique in the 1960s, devel-
opment of the technology has proceeded on two fronts. Industrial users of the
technology have generally taken an empirical approach, making improvements in
the technique based on trial and error experience. Concurrently, theories of mem-
brane formation based on fundamental studies of the precipitation process have
been developed. These theories originated with the early industrial developers of
membranes at Amicon [19,22,24] and were then taken up at a number of aca-
demic centers. Unfortunately, much of the recent academic work is so complex
that many industrial producers of phase separation membranes no longer follow
this literature.
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Table 3.2 Historically important examples of conditions for preparation of solution-
precipitation (Loeb—Sourirajan) membranes

Casting solution
composition

Precipitation conditions

Application and
comments

22.2 wt% cellulose acetate
(39.8 wt% acetyl
polymer)

66.7 wt% acetone

10.0 wt% water

1.1 wt% magnesium
perchlorate

25 wt% cellulose acetate
(39.8 wt% acetyl
polymer)

45 wt% acetone

30 wt% formamide

8.2 wt% cellulose acetate
(39.8 wt% acetyl
polymer)

8.2 wt% cellulose triacetate
(43.2 wt% acetyl
polymer)

45.1 wt% dioxane

28.7 wt% acetone

7.4 wt% methanol

2.5 wt% maleic acid

15 wt% polysulfone (Udell
P 1700)

85 wt%
N-methyl-2-pyrrolidone

20.9 wt% polysulfone

33.2 wt% dimethyl
formamide

33.2 wt% tetrahydrofuran

12.6 wt% ethanol

3 min evaporation,
precipitate into
0 °C water, anneal
for 5 min at
65-85 °C

0.5—-2 min
evaporation, cast
into 0 °C water,
anneal for 5 min at
65-85 °C

Up to 3 min
evaporation at
—10 °C,
precipitation into
an ice bath, anneal
at 85-90 °C for
3 min

Cast into 25 °C water
bath. No
evaporation or
annealing step
necessary

Forced evaporation
with humid air
10-15s.
Precipitate into
20 °C water

The first Loeb—Sourirajan
reverse osmosis
membrane [14]

The Manjikian formulation
widely used in early
1970s for reverse
osmosis membranes
[20]

A high-performance
reverse 0smosis
cellulose acetate blend
membrane [21]

An early ultrafiltration
membrane formulation
[22]. Similar
polysulfone-based
casting solutions are
still widely used

A high-performance gas
separation membrane
with a completely dense
nonporous skin ~1000A
thick [23]

Empirical Approach to Membrane Formation by Water Precipitation

Over the years several rules of thumb have developed to guide producers of
solution precipitation membranes. These rules can be summarized as follows:

Choice of Polymer. The ideal polymer is a tough, amophorous, but not brittle
thermoplastic with a glass transition temperature more than 50 °C above the
expected use temperature. A high molecular weight is important. Commercial
polymers made for injection molding have molecular weights in the 30000
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to 40000 Dalton range, but, for solution precipitation, polymers with higher
molecular weights are usually preferable. If the polymer is crystalline or a rigid
glass, the resulting membrane may be too brittle and will break if bent during later
handling. The polymer must also be soluble in a suitable water-miscible solvent.
Polymers that meet these specifications include cellulose acetate, polysulfone,
poly(vinylidine fluoride), polyetherimide and aromatic polyamides.

Choice of Casting Solution Solvent. Generally the best casting solution sol-
vents are aprotic solvents such as dimethyl formamide, N-methyl pyrrolidone
and dimethyl acetamide. These solvents dissolve a wide variety of polymers, and
casting solutions based on these solvents precipitate rapidly when immersed in
water to give porous, very anisotropic membranes. Casting solutions using low-
solubility-parameter solvents, such as tetrahydrofuran, acetone, dioxane and ethyl
formate, are generally not appropriate. Such casting solutions precipitate slowly
and give relatively nonporous membranes. However, small amounts of these sol-
vents may be added as casting solution modifiers (see below). Figure 3.10 illus-
trates the apparent correlation between solvent solubility parameter and membrane
porosity as demonstrated by So et al. [25].

100
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90—  acetic acid pyrrolidone _sulfoxide
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Q O ethyl .
g 70F lactate triethyl Rapid
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£ 60
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Figure 3.10 The porosity of cellulose acetate membranes cast from 15-wt% solutions
with various solvents. The same trend of high porosity and rapid precipitation with high
solubility-parameter solvents was seen with a number of other membrane materials [25]



104 MEMBRANE TECHNOLOGY AND APPLICATIONS

Increasing the polymer casting solution concentration always reduces the poros-
ity and flux of the membrane. Typical concentrations for porous ultrafiltration
membranes are in the range 15-20 wt%. Polymer casting solution concentra-
tions for reverse osmosis or gas separation membranes are higher, generally
about 25 wt%, and casting solutions used to make hollow fiber membranes by
spinning a hot solution at 60 to 80 °C may contain as much as 35 % polymer.

Precipitation Medium. Water is almost always the casting solution precipitation
medium. Some work has been done with organic solvents, particularly to form
hollow fiber membranes for which the mechanical and safety problems of han-
dling an organic solvent precipitation bath and limiting atmospheric emissions are
more easily controlled than in flat sheet casting. In general, the results obtained
with nonaqueous precipitation baths have not justified the increased complex-
ity of the process. Organic-based solvent precipitation media such as methanol
or isopropanol almost always precipitate the casting solution more slowly than
water, and the resulting membranes are usually denser, less anisotropic, and lower
flux than membranes precipitated with water.

The temperature of the water used to precipitate the casting solution is impor-
tant; this temperature is controlled in commercial membrane plants. Generally
low-temperature precipitation produces lower flux, more retentive membranes.
For this reason chilled water is frequently used to prepare cellulose acetate reverse
osmosis membranes.

Casting Solution Modifiers. Membrane properties are often tailored by adding
small amounts of modifiers to the casting solution. The casting solutions shown
in Table 3.2 contain two to four components, but modern commercial casting
solutions may be more complex. Even though the solution may contain only
5 to 20 wt% modifiers, these modifiers can change the membrane performance
significantly. This aspect of membrane preparation is a black art, and most prac-
titioners have their preferred ingredients. Addition of low solubility solvents such
as acetone, tetrahydrofuran or dioxane will normally produce denser, more reten-
tive membranes. Increasing the polymer concentration of the casting solution
will also make the membrane more dense. Addition of salts such as zinc chloride
and lithium chloride usually gives more open membranes. Polymeric additives
may also be used—commonly poly(vinyl pyrrolidone) and poly(ethylene glycol);
generally these polymers make the membrane more porous. Also, although most
of these water-soluble polymers and salts are removed during precipitation and
washing of the membrane, a portion remains trapped, making the final membrane
more hydrophilic.

When developing membranes from a new polymer, practitioners of the empir-
ical approach usually prepare a series of trial casting solutions based on past
experience with similar polymers. Membrane films are made by casting onto
glass plates and precipitation in a water bath. The casting solutions most likely
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to yield good membranes are often immediately apparent. The rate of precipitation
is important. Slow precipitation produces dense, more isotropic membranes;
rapid precipitation produces porous, anisotropic membranes. The appearance and
mechanical properties of the membrane surface—shine, brittleness and thick-
ness—compared to casting solution thickness also provide clues to the membrane
structure. Based on these trials one or more casting solutions will be selected for
systematic parametric development.

Theoretical Approach to Membrane Formation

Over the years several approaches have been used to rationalize the formation of
Loeb—Sourirajan (solution precipitation) and other phase inversion membranes.
Most have involved the polymer—solvent—precipitation medium phase diagrams
popularized by Michaels [22], Strathmann [19,24,26] and Smolders [27-29]. In
this approach the change in composition of the casting solution as membrane for-
mation takes place is tracked as a path through the phase diagram. The path starts
at a point representing the original casting solution and finishes at a point repre-
senting the composition of the final membrane. The casting solution composition
moves to the final membrane composition by losing solvent and gaining water.
A typical three-component phase diagram for the components used to pre-
pare Loeb—Sourirajan membranes is shown in Figure 3.11. The corners of the
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Figure 3.11 Schematic of the three-component phase diagram often used to rationalize
the formation of water-precipitation phase separation membranes
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triangle represent the three pure components—polymer, solvent, and nonsolvent
(water); points within the triangle represent mixtures of the three components.
The diagram has two principal regions: a one-phase region, in which all compo-
nents are miscible; and a two-phase region, in which the system separates into
a solid (polymer-rich) phase and a liquid (polymer-poor) phase. During precip-
itation of the membrane casting solution, the solution loses solvent and gains
water. The casting solution moves from a composition in the one-phase region
to a composition in the two-phase region.

Although the one-phase region in the phase diagram is thermodynamically
continuous, for practical purposes it can be conveniently subdivided into a lig-
uid polymer solution region, a polymer gel region, and a glassy solid polymer
region. Thus, in the low-polymer-concentration region, typical of the original
casting solution, the compositions are viscous liquids. But, if the concentration
of polymer is increased, the viscosity of compositions in the one-phase region
increases rapidly, reaching such high values that the system can be regarded as
a solid gel. The transition between the liquid and gel regions is arbitrary but can
be placed at a polymer concentration of 30 to 40 wt%. If the one-phase solution
contains more than 90 wt% polymer, the swollen polymer gel may become so
rigid that the polymer chains can no longer rotate. The polymer gel then becomes
a solid polymer glass.

During the precipitation process, the casting solution enters the two-phase
region of the phase diagram by crossing the so-called binodal boundary. This
brings the casting solution into a metastable two-phase region. Polymer solu-
tion compositions in this region are thermodynamically unstable but will not
normally precipitate unless well nucleated. The metastable region in the phase
diagrams of low-molecular-weight materials is very small, but can be large for
high-molecular-weight materials. As more solvent leaves the casting solution and
water enters the solution, the composition crosses into another region of the phase
diagram in which a one-phase solution is always thermodynamically unstable. In
this region, polymer solutions spontaneously separate into two phases with com-
positions linked by tie lines. The boundary between the metastable and unstable
regions is called the spinodal boundary.

Thus, the membrane precipitation process is a series of steps. First, solvent
exchange with the precipitation medium occurs. Then, as the composition enters
the two-phase region of the phase diagram, phase separation or precipitation
begins. The time taken for solvent—water exchange before precipitation occurs
can be measured because the membrane turns opaque as soon as precipitation
begins. Depending on the casting solution composition, the time to first precipi-
tation may be almost instantaneous to as long as 30—60 s. Initially, the polymer
phase that separates on precipitation may be a liquid or semi-liquid gel, and
the precipitation domains may be able to flow and agglomerate at this point.
In the final step of the precipitation process, desolvation of the polymer phase
converts the polymer to a relatively solid gel phase, and the membrane structure
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is fixed. The solid polymer phase forms the matrix of the final membrane, and
the liquid solvent—nonsolvent phase forms the pores. The precipitation behav-
ior of polymer—solvent mixtures is further complicated by slow kinetics caused
by the viscosity of polymer solutions and by thermodynamic effects that allow
metastable solutions to exist for a prolonged time without precipitating. Much
has been made of these effects in a number of theoretical papers, but application
to concretely predicting membrane permeation properties has proved difficult.
The original approach of Strathmann ef al. [24] was to present the process
of membrane formation as a line through the phase diagram. This approach is
shown in Figure 3.12. During membrane formation, the composition changes
from a composition A, which represents the initial casting solution composi-
tion, to a composition D, which represents the final membrane composition. At
composition D, the two phases are in equilibrium: a solid (polymer-rich) phase,
which forms the matrix of the final membrane, represented by point S, and a
liquid (polymer-poor) phase, which constitutes the membrane pores filled with
precipitant, represented by point L. The position of composition D on the line
S-L determines the overall porosity of the membrane. The entire precipitation
process is represented by the path A-D, along which the solvent is exchanged
by the precipitant. The point B along the path is the concentration at which the
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Figure 3.12 Membrane formation in water-precipitation membranes was first rational-
ized as a path through the three-component phase diagram from the initial polymer casting
solution (A) to the final membrane (D) [24]
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polymer initially precipitates. As precipitation proceeds, more solvent is lost, and
precipitant is imbibed by the polymer-rich phase, raising the viscosity. At some
point, the viscosity is high enough for the precipitated polymer to be regarded as
a solid. This composition is at C in Figure 3.12. Once the precipitated polymer
solidifies, further bulk movement of the polymer is hindered.

The precipitation path in Figure 3.12 is shown as a single line representing the
average composition of the whole membrane. In fact, the rate of precipitation and
the precipitation path through the phase diagram differ at different points in the
membrane. When the cast film of polymer solution is exposed to the precipitation
medium, the top surface begins to precipitate first. This surface layer precipitates
rapidly, so the two phases formed on precipitation do not have time to agglom-
erate. The resulting structure is finely microporous. However, the precipitated
surface layer then becomes a barrier that slows further loss of solvent and imbi-
bition of nonsolvent by the cast film. The result is increasingly slow precipitation
from the top surface to the bottom surface of the film. As precipitation slows, the
average pore size increases because the two phases formed on precipitation have
more time to separate. The differences between the precipitation rates and the
pathway taken by different places in the casting solution mean that the precipi-
tation process is best represented by the movement of a line through the phase
diagram rather than a single point. This concept was developed in a series of
papers on phase-separation membranes by Smolders and co-workers at Twente
University [27-29]. The movement of this line is illustrated in Figure 3.13 [27].
At time 1, for example, a few seconds after the precipitation process has begun,
the top surface of the polymer film has almost completely precipitated, and the
composition of this surface layer is close to the polymer nonsolvent axis. On the
other hand, at the bottom surface of the film where precipitation has only just
begun, the composition is close to that of the original casting solution.

In Figure 3.13 the precipitation pathway enters the two-phase region of the
phase diagram above the critical point at which the binodal and spinodal lines
intersect. This is important because it means that precipitation will occur as a
liquid droplet in a continuous polymer-rich phase. If dilute casting solutions are
used, in which the precipitation pathway enters the two-phase region of the phase
diagram below the critical point, precipitation produces polymer gel particles in
a continuous liquid phase. The membrane that forms is then weak and powdery.

The simplified treatment of membrane formation using the three-component
phase diagram given above is about as far as this approach can be usefully taken.
Experimental measurement of the path taken by the membrane during the forma-
tion process is difficult. Recently, much effort has been made to calculate these
pathways through the phase diagrams and to use them to predict the effect of
membrane formation variables on the fine membrane structure. As quantitative
predictors of membrane performance this approach has failed. However, as a tool
to qualitatively rationalize the complex interplay of factors determining mem-
brane performance, the phase diagram approach has proved useful. Many of the
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Figure 3.13 The surface layer of water-precipitation membranes precipitates faster than
the underlying substrate. The precipitation pathway is best represented by the movement
of a line through the three-component phase diagram [27]

recent papers describing the application of the phase diagram approach to mem-
brane formation are a heavy read for industrial membrane producers faced with
real-world problems. This literature is reviewed in detail elsewhere [27,30—32].

Polymer Precipitation by Cooling

Perhaps the simplest solution-precipitation membrane preparation technique is
thermal gelation, in which a film is cast from a hot, one-phase polymer/solvent
solution. As the cast film cools, the polymer precipitates, and the solution sepa-
rates into a polymer matrix phase containing dispersed pores filled with solvent.
Because cooling is usually uniform throughout the cast film, the resulting mem-
branes are relatively isotropic microporous structures with pores that can be
controlled within 0.1-10 pwm.

The precipitation process that forms thermal gelation membranes can be repre-
sented by the phase diagram shown in Figure 3.14 and described in an early Akzo
patent of Castro [33]. This is a simplified drawing of the actual phase diagram,
which was described later in papers by Lloyd et al. [34], Vadalia ef al. [35]
and Caneba and Soong [36]. The phase diagram shows the metastable region
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Figure 3.14 Phase diagram showing the composition pathway traveled by the casting
solution during precipitation by cooling

between the binodal and spinodal phase boundaries discussed in reference to
Figure 3.11, with additional complications caused by the crystalline nature of
many of the polymers used to form thermal phase-separation membranes. The
pore volume in the final membrane is determined mainly by the initial compo-
sition of the solution, because this determines the ratio of the polymer to liquid
phase in the cooled film. However, the spatial distribution and size of the pores
are determined largely by the rate of cooling and hence, precipitation of the film.
In general, more rapid cooling produces smaller membrane pores and greater
membrane anisotropy [37,38]. Membrane preparation by thermal gelation is pos-
sible with many polymers, but the technique is used mainly to make membranes
from polyethylene and polypropylene, which cannot be formed into microporous
membranes by standard solution-casting methods.

Polymer precipitation by cooling to produce microporous membranes was
first developed and commercialized by Akzo [33,37], which continues to mar-
ket microfiltration polypropylene and poly(vinylidene fluoride) membranes pro-
duced by this technique under the trade name Accurel®. Flat sheet and hol-
low fiber membranes are made. Polypropylene membranes are prepared from a
solution of polypropylene in N, N-bis(2-hydroxyethyl)tallowamine. The amine
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and polypropylene form a clear solution at temperatures above 100-150 °C.
Upon cooling, the solvent and polymer phases separate to form a microporous
structure. If the solution is cooled slowly, an open cell structure of the type
shown in Figure 3.15(a) results. The interconnecting passageways between cells
are generally in the micrometer range. If the solution is cooled and precipitated

20 um

Figure 3.15 Polypropylene structures. (a) Type I: open cell structure formed at low
cooling rates. (b) Type II: fine structure formed at high cooling rates [37]. Reprinted with
permission from W.C. Hiatt, G.H. Vitzthum, K.B. Wagener, K. Gerlach and C. Josefiak,
Microporous Membranes via Upper Critical Temperature Phase Separation, in Materials
Science of Synthetic Membranes, D.R. Lloyd (ed.), ACS Symposium Series Number 269,
Washington, DC. Copyright 1985, American Chemical Society and American Pharma-
ceutical Association
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Figure 3.16 Equipment to prepare microporous membranes by the polymer precipitation
by cooling technique [37]. Reprinted with permission from W.C. Hiatt, G.H. Vitzthum,
K.B. Wagener, K. Gerlach and C. Josefiak, Microporous Membranes via Upper Critical
Temperature Phase Separation, in Materials Science of Synthetic Membranes, D.R. Lloyd
(ed.), ACS Symposium Series Number 269, Washington, DC. Copyright 1985, American
Chemical Society and American Pharmaceutical Association

rapidly, a much finer structure is formed, as shown in Figure 3.15(b). The rate
of cooling is, therefore, a key parameter determining the final structure of the
membrane. The anisotropy of the membranes can be increased by cooling the
top and bottom surface of the cast film at different rates.

A schematic diagram of a commercial-scale thermal gelation polymer precip-
itation process is shown in Figure 3.16. The hot polymer solution is cast onto
a water-cooled chill roll, which cools the solution, causing the polymer to pre-
cipitate. The precipitated film is passed through an extraction tank containing
methanol, ethanol or isopropanol to remove the solvent. Finally, the membrane
is dried, sent to a laser inspection station, trimmed and rolled up.

Polymer Precipitation by Solvent Evaporation

This technique, one of the earliest methods of making microporous membranes,
was used by Bechhold, Elford, Pierce, Ferry and others in the 1920s and 1930s
[39—-43]. In the simplest form of the method, a polymer is dissolved in a two-
component solvent mixture consisting of a volatile solvent, such as methylene
chloride or acetone, in which the polymer is readily soluble, and a less volatile
nonsolvent, typically water or an alcohol. The polymer solution is cast onto a glass
plate. As the volatile solvent evaporates, the casting solution is enriched in the
nonvolatile solvent, so the polymer precipitates, forming the membrane structure.
The process can be continued until the membrane has completely formed, or it
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can be stopped, and the membrane structure fixed, by immersing the cast film in
a precipitation bath of water or other nonsolvent. The precipitation process used
to form these membranes is much slower than precipitation by immersion into
liquid water (the Loeb—Sourirajan process). As a result membranes formed by
solvent evaporation are only modestly anisotropic and have large pores. Scanning
electron micrographs of some membranes made by this process are shown in
Figure 3.17 [44].

Many factors determine the porosity and pore size of membranes formed
by the solvent evaporation method. As Figure 3.17 shows, if the membrane is
immersed in a nonsolvent after a short evaporation time, the resulting structure
will be finely microporous. If the evaporation step is prolonged before fixing the
structure by immersion in water, the average pore size will be larger. In gen-
eral, increasing the nonsolvent content of the casting solution, or decreasing the
polymer concentration, increases porosity. It is important for the nonsolvent to
be completely incompatible with the polymer. If partially compatible nonsolvents

Figure 3.17 SEM photomicrographs of the bottom surface of cellulose acetate mem-
branes cast from a solution of acetone (volatile solvent) and 2-methyl-2,4-pentanediol
(nonvolatile nonsolvent). The evaporation time before the structure is fixed by immersion
in water is shown [44]. Reprinted from J. Membr. Sci., 87, L. Zeman and T. Fraser, For-
mation of Air-cast Cellulose Acetate Membranes, p. 267, Copyright 1994, with permission
from Elsevier
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are used, the precipitating polymer phase contains sufficient residual solvent to
allow it to flow, and the pores will collapse as the solvent evaporates. The result
is a dense rather than a microporous film.

Polymer Precipitation by Absorption of Water Vapor

Preparation of microporous membranes by solvent evaporation alone is not widely
practiced. However, a combination of solvent evaporation and absorption of water
vapor from a humid atmosphere is an important method of making microfiltration
membranes. The processes involve proprietary casting formulations not normally
disclosed by membrane developers. However, during the development of com-
posite membranes at Gulf General Atomic, Riley et al. prepared this type of
membrane and described the technology in some detail in a series of Office
of Saline Water Reports [45]. These reports remain the best published descrip-
tion of the technique. Casting solutions used to prepare these membranes are
complex and often contain 5 to 10 components. For example, a typical casting
solution composition taken from Riley’s report [45] comprises 8.1 wt% cellulose
nitrate, 1.3 wt% cellulose acetate, 49.5 wt% acetone (a volatile good solvent),
22.3 wt% ethanol and 14.7 wt% n-butanol (nonvolatile poor solvents), 2.6 wt%
water (a nonsolvent), 0.5 wt% Triton X-100 (a surfactant solution modifier), and
1.2 wt% glycerin (a polymer plasticizer).

The type of equipment used by Riley et al. is shown in Figure 3.18. The cast-
ing solution is cast onto a moving stainless steel belt. The cast film then passes
through a series of environmental chambers. Warm, humid air is usually cir-
culated through the first chamber, where the film loses the volatile solvent by
evaporation and simultaneously absorbs water. A key issue is to avoid formation
of a dense surface skin on the air side of the membrane. Dense skin formation is

Doctor Environmental
blade chambers

Casting
solution W | | |

@) —— (@ o

Stainless steel belt

Figure 3.18 Schematic of casting machine used to make microporous membranes by
water vapor absorption. A casting solution is deposited as a thin film on a moving stainless
steel belt. The film passes through a series of humid and dry chambers, where the solvent
evaporates from the solution, and water vapor is absorbed. This precipitates the polymer,
forming a microporous membrane that is taken up on a collection roll [45]
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generally prevented by incorporating sufficient polymer nonsolvent in the cast-
ing solution. Polymer precipitation and formation of two phases then occur when
even a small portion of the volatile solvent component in the mixture evaporates.
The total precipitation process is slow, taking about 10—30 min to complete.
Typical casting speeds are of the order of 1 to 5 ft/min. To allow higher casting
speeds the casting machine must be very long—commercial machines can be
up to 100 feet. The resulting membrane structure is more isotropic and more
microporous than membranes precipitated by immersion in water. After precip-
itation in the environmental chambers, the membrane passes to a second oven,
through which hot, dry air is circulated to evaporate the remaining solvent and
dry the film. The formed membrane is then wound onto a take-up roll. This
type of membrane is widely used in microfiltration. Membranes made by the
water vapor absorption-solvent evaporation precipitation process often have the
characteristic nodular form shown in Figure 3.19. A discussion of some of the

Figure 3.19 Characteristic structure of a phase-separation membrane made by water
vapor absorption and solvent evaporation. (Courtesy of Millipore Corporation, Biller-
ica, MA)
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practical considerations involved in making this type of membrane is given in a
recent book by Zeman and Zydney [46].

Interfacial Polymerization Membranes

The production by Loeb and Sourirajan of the first successful anisotropic mem-
branes spawned numerous other techniques in which a microporous membrane
is used as a support for a thin, dense separating layer. One of the most impor-
tant of these was interfacial polymerization, an entirely new method of making
anisotropic membranes developed by John Cadotte, then at North Star Research.
Reverse osmosis membranes produced by this technique had dramatically improv-
ed salt rejections and water fluxes compared to those prepared by the Loeb—Souri-
rajan process. Almost all reverse osmosis membranes are now made by the
interfacial polymerization process, illustrated in Figure 3.20. In this method,
an aqueous solution of a reactive prepolymer, such as a polyamine, is first
deposited in the pores of a microporous support membrane, typically a polysul-
fone ultrafiltration membrane. The amine-loaded support is then immersed in a
water-immiscible solvent solution containing a reactant, such as a diacid chloride
in hexane. The amine and acid chloride react at the interface of the two immiscible
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Figure 3.20 Schematic of the interfacial polymerization process. The microporous film
is first impregnated with an aqueous amine solution. The film is then treated with a mul-
tivalent crosslinking agent dissolved in a water-immiscible organic fluid, such as hexane
or Freon-113. An extremely thin polymer film forms at the interface of the two solutions
[47]. Reprinted from L.T. Rozelle, J.E. Cadotte, K.E. Cobian, and C.V. Knopp, Jr, Non-
polysaccharide Membranes for Reverse Osmosis: NS-100 Membranes, in Reverse Osmosis
and Synthetic Membranes, S. Sourirajan (ed.), National Research Council Canada, Ottawa,
Canada (1977) by permission from NRC Research Press
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solutions to form a densely crosslinked, extremely thin membrane layer. The first
membrane made by Cadotte was based on polyethyleneimine crosslinked with
toluene-2,4-diisocyanate, to form the structure shown in Figure 3.21 [47]. The
process was later refined by Cadotte et al. at FilmTec Corp. [15,48], Riley et al.
at UOP [49], and Kamiyama et al. [50] at Nitto in Japan.

Membranes made by interfacial polymerization have a dense, highly cross-
linked polymer layer formed on the surface of the support membrane at the
interface of the two solutions. A less crosslinked, more permeable hydrogel layer
forms under this surface layer and fills the pores of the support membrane.
The dense, crosslinked polymer layer, which can only form at the interface, is
extremely thin, on the order of 0.1 um or less, so the membrane permeabil-
ity is high. Because the polymer is highly crosslinked, its selectivity is also
high. Although the crosslinked interfacial polymer layer determines membrane
selectivity, the nature of the microporous support film affects membrane flux
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Figure 3.21 Idealized structure of polyethyleneimine crosslinked with toluene 2,4-diiso-
cyanate. This was called the NS-100 membrane. The chemistry was first developed by
Cadotte to make interfacial reverse osmosis membranes with almost twice the water flux
and one-fifth the salt leakage of the best reverse osmosis membranes then available. Even
better membranes have since been developed by Cadotte and others [47]
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significantly. The film has to be very finely porous to withstand the high pres-
sures applied but must also have a high surface porosity so it is not a barrier to
flow. The first reverse osmosis membranes made by the interfacial polymeriza-
tion method were five times less salt-permeable than the best cellulose acetate
Loeb—Sourirajan membranes but had better water fluxes. Since then interfa-
cial polymerization chemistry has been refined. The first membrane produced
by this method (and shown in Figure 3.21) was based on the reaction of a
polyethyleneimine (in water) and toluene-2,4-diisocyanate or isophthaloyl chlo-
ride (in hexane). These NS-100 membranes had very good permeation properties
but were very sensitive to even trace amounts (ppb levels) of chlorine commonly
used as an antibacterial agent in water. The chlorine caused chain cleavage of
the polymer at the amide bonds resulting in loss of salt rejection. A number
of other chemistries have been developed over the years; the FT-30 membrane
produced by reaction of phenylenediamine with trimesoyl chloride, also devel-
oped by Cadotte when at FilmTec (Dow Chemical), is particularly important.
This membrane, which has a high water flux and consistent salt rejections of
greater than 99.5 % with seawater [51], made single-pass seawater desalination
with anisotropic membranes possible. A more detailed description of the chem-
istry of interfacial composite membranes is given in the discussion of reverse
osmosis membranes in Chapter 5 and in a review by Petersen [48].

Production of interfacial polymerization membranes in the laboratory is rel-
atively easy, but development of equipment to produce these membranes on a
large scale required some ingenuity. The problem is the fragility of the inter-
facial surface film, which cannot be handled once formed. One solution to this
problem is illustrated in Figure 3.22. The polysulfone or other material used as
the support film is first immersed in an aqueous amine bath. On leaving this bath
the membrane passes to a second organic acid chloride bath and then through a
drying/curing oven. The transfer rollers are arranged so that the surface layer of
the polymer on which the membrane forms never contacts a roller. On leaving
the oven, the interfacial membrane is completely formed. This membrane is then
coated with a protective solution of a water-soluble polymer such as poly(vinyl
alcohol). When this solution is dried, the membrane is wound onto a take-up
roll. The poly(vinyl alcohol) layer protects the membrane from damage during
subsequent handling as it is formed into spiral-wound modules. When the module
is used for the first time, the feed water washes off the water-soluble poly(vinyl
alcohol) layer to expose the interfacial polymerized membrane, and the module
is ready for use.

Interfacial polymerization membranes are widely used in reverse osmosis and
nanofiltration but not for gas separation because of the water-swollen hydro-
gel that fills the pores of the support membrane. In reverse osmosis, this layer is
hydrated and offers little resistance to water flow, but when the membrane is dried
for use in gas separation the gel becomes a rigid glass with very low gas perme-
ability. This glassy polymer fills the membrane pores and, as a result, defect-free
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Figure 3.22 Schematic of the type of machinery used to make interfacial compos-
ite membranes

interfacial composite membranes usually have low gas fluxes, although their
selectivities can be good.

Solution-coated Composite Membranes

Another important group of anisotropic composite membranes is formed by
solution-coating a thin (0.5-2.0 pwm) selective layer on a suitable microporous
support. Membranes of this type were first prepared by Ward, Browall, and oth-
ers at General Electric [52] and by Forester and Francis at North Star Research
[17,53] using a type of Langmuir trough system. In this system, a dilute poly-
mer solution in a volatile water-insoluble solvent is spread over the surface of a
water-filled trough.

The apparatus used to make small sections of water-cast composite mem-
branes is shown in Figure 3.23. The dilute polymer solution is cast on the surface
between two Teflon rods. The rods are then moved apart to spread the film. The
thin polymer film formed on the water surface is picked up on a microporous
support. The main problem with this method is the transfer of the fragile, ultrathin
film onto the microporous support. This is usually done by sliding the support
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Figure 3.23 Schematic of the apparatus developed by Ward et al. [52] to prepare water-
cast composite membranes. Reprinted from J. Membr. Sci., 1, W.J. Ward, III, W.R.
Browall and R.M. Salemme, Ultrathin Silicone Rubber Membranes for Gas Separations,
p. 99, Copyright 1976, with permission from Elsevier

membrane under the spread film. With care, small pieces of membrane as thin
as 200 A can be made.

The water-casting procedure was scaled up to produce continuous composite
membrane films at General Electric. Figure 3.24 shows a schematic of the sys-
tem used to produce composite polycarbonate-silicone copolymer membranes for
small air separation units to produce oxygen-enriched air for medical use. The
polymer casting solution added to the surface of the water bath spreads as a thin
film and is picked up on the moving microporous support membrane. Membranes
as thin as 0.1-0.2 wm can be made. This water-casting technique was used at
General Electric and its spinoff, the Oxygen Enrichment Company, to make gas
separation membranes for several years in the 1970s. The technique has also been
adapted to coat hollow fiber membranes for gas separation applications [54,55].

Currently, most solution-coated composite membranes are prepared by the
method first developed by Riley and others [45,56,57]. In this technique, a poly-
mer solution is cast directly onto the microporous support. The support must
be clean, defect-free and very finely microporous, to prevent penetration of the
coating solution into the pores. If these conditions are met, the support can be
coated with a liquid layer 50-100 wm thick, which after evaporation leaves
a thin selective film 0.5-2 pm thick. A schematic drawing of the meniscus-
coating technique is shown in Figure 3.25 [58]. Obtaining defect-free films by
this technique requires considerable attention to the preparation procedure and
the coating solution.
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Figure 3.24 Method developed by Ward, Browall and others at General Electric to make
multilayer composite membranes by the water casting technique [55]

The characteristics of the microporous support are very important. Because the
selective layer is extremely thin, the support layer can contribute significantly to
the total resistance to transport through the membrane. Not only does the resis-
tance of the support decrease the flux through the membrane, but it can affect
the separation [32,59]. To achieve the intrinsic selectivity of the selective mem-
brane layer, the flux of the uncoated support material must be at least 10 times
that of the coated support. This ensures that more than 90 % of the resistance
to flow lies within the selective coating layer. As well as having a high flux,
the surface layer of the microporous support material must also be very finely
microporous. The pores must be small enough to support the thin selective layer
under high pressure, and must also be close together so the permeating com-
ponents do not take a long tortuous path to reach the pore. When the selective
layer is only a few tenths of a micrometer thick this requirement may be difficult
to meet. One solution to the problem is an intermediate gutter layer of a highly
permeable polymer between the microporous support and the selective layer. The
gutter layer material is much more permeable than the thin selective layer and
acts as a conduit to transport material to the support membrane pores. Finally,
because the selective layer of the composite membrane is often very thin and
correspondingly delicate, such membranes are often protected by a sealing layer,
also formed from a highly permeable material, to protect the membrane from
damage during handling. A schematic of a multilayer composite membrane of
this type is shown in Figure 3.26 together with a scanning electron micrograph.
A discussion of the issues involved in preparing this type of membrane is found
in the review by Koros and Pinnau [32].
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Figure 3.25 Schematic diagram of a film coating apparatus [58]

Other Anisotropic Membranes

Most anisotropic membranes are produced by solution precipitation, interfacial
polymerization or solution coating. A number of other techniques developed in
the laboratory are reviewed briefly below; none are used on a large scale.

Plasma Polymerization Membranes

Plasma polymerization of films was first used to form electrical insulation and
protective coatings, but a number of workers have also prepared selective mem-
branes by this method [60—63]. A simple plasma polymerization apparatus is
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Figure 3.26 Schematic and scanning electron micrograph of a multilayer composite
membrane on a microporous support. (Courtesy of Membrane Technology and Research,
Inc.)

shown in Figure 3.27. Most workers used radio frequency fields at frequencies
of 2-50 MHz to generate the plasma. In a typical plasma experiment helium,
argon, or another inert gas is introduced at a pressure of 50—100 mTorr and a
plasma is initiated. Monomer vapor is then introduced to bring the total pressure
to 200-300 mTorr. These conditions are maintained for a period of 1-10 min,
during which a thin polymer film is deposited on the membrane sample held in
the plasma field.
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Figure 3.27 Simple bell jar plasma coating apparatus

Monomer polymerization proceeds by a complex mechanism involving ionized
molecules and radicals and is completely different from conventional polymer-
ization reactions. In general, the polymer films are highly crosslinked and may
contain radicals that slowly react on standing. The stoichiometry of the film
may also be quite different from the original monomer due to fragmentation of
monomer molecules during the plasma polymerization process. The susceptibility
of monomers to plasma polymerization or the characteristics of the resulting poly-
mer film are difficult to predict. For example, many vinyl and acrylic monomers
polymerize very slowly, whereas unconventional monomers such as benzene and
hexane polymerize readily. The vapor pressure of the monomers, the power and
voltage used in the discharge reaction, and the type and temperature of the sub-
strate all affect the polymerization reaction. The inert gas used in the plasma
may also enter into the reaction. Nitrogen and carbon monoxide, for example,
are particularly reactive. In summary, the products of plasma polymerization
are ill-defined and vary according to the experimental procedures. However, the
resulting films can be very thin and have been shown to be quite selective.

The most extensive studies of plasma-polymerized membranes were performed
in the 1970s and early 1980s by Yasuda, who tried to develop high-performance
reverse osmosis membranes by depositing plasma films onto microporous poly-
sulfone films [60,61]. More recently other workers have studied the gas perme-
ability of plasma-polymerized films. For example, Stancell and Spencer [62] were
able to obtain a gas separation plasma membrane with a hydrogen/methane selec-
tivity of almost 300, and Kawakami et al. [63] have reported plasma membranes
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with an oxygen/nitrogen selectivity of 5.8. Both selectivities are good compared
to those of other membranes, and the plasma films were also quite thin. How-
ever, in both cases the plasma film was formed on a substrate made from a thick
(25-100 pm), dense polymer film, so the flux through the composite membrane
was still low. Scale-up of plasma polymerization is likely to prove difficult, so
the process will remain a laboratory technique until membranes with unique
properties are produced.

Dynamically Formed Membranes

In the late 1960s and early 1970s, much attention was devoted to preparing
dynamically formed anisotropic membranes, principally by Johnson, Kraus and
others at Oak Ridge National Laboratory [64,65]. The general procedure is to
form a layer of inorganic or polymeric colloids on the surface of a microporous
support membrane by filtering a solution containing suspended colloid through
the support membrane. A thin colloidal layer is laid down on the membrane
surface and acts as a semipermeable membrane. Over time the colloidal surface
layer is lost, and membrane performance falls. The support membrane is then
cleaned, and a new layer of colloid is deposited. In the early development of
this technique a wide variety of support membranes were used. Recently, micro-
porous ceramic or porous carbon tubes have become the most commonly used
materials. Typical colloidal materials used to make the selective membrane layer
are polyvinyl methyl ether, acrylic acid copolymers or hydrated metal oxides
such as zirconium hydroxide.

Dynamically formed membranes were pursued for many years for reverse
osmosis because of their high water fluxes and relatively good salt rejection,
especially with brackish water feeds. However, the membranes proved to be
unstable and difficult to reproduce reliably and consistently. For these reasons,
and because high-performance interfacial composite membranes were developed
in the meantime, dynamically formed reverse osmosis membranes fell out of
favor. A small application niche in high-temperature nanofiltration and ultrafil-
tration remains, and Rhone Poulenc continues their production. The principal
application is poly(vinyl alcohol) recovery from hot wash water produced in
textile dyeing operations.

Reactive Surface Treatment

Recently several groups have tried to improve the properties of anisotropic gas
separation membranes by chemically modifying the surface selective layer. For
example, Langsam at Air Products and Paul et al. at the University of Texas,
Austin have treated films and membranes with dilute fluorine gas [66—71]. In
this treatment fluorine chemically reacts with the polymer structure. By careful
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Table 3.3 Effect of fluorination on the carbon dioxide/methane selectivity of various
glassy membrane materials

Base polymer Carbon dioxide/methane selectivity
Before fluorination After fluorination
Poly(1-trimethylsilyl-1-propyne) 2.0 48
(PTMSP) [69]
Poly(phenylene oxide) [71] 15 50-60
Poly(4-methyl-1-pentene) [70] 54 30-40

control of the process conditions, the reaction can be limited to a 100- to 200-A
surface layer. The dramatic improvements in selectivity produced by this surface
treatment are illustrated by the data in Table 3.3. Scaling up this process for safe
operation on a large scale will be difficult, but several groups are studying the
approach. Ozone has also been suggested as a possible reactive surface treatment
agent [72].

Repairing Membrane Defects

In preparing anisotropic membranes, the goal is to make the selective layer that
performs the separation as thin as possible, but still defect free. Over the past
20 years, a great deal of work has been devoted to understanding the factors
that determine the properties and thickness of the selective layer. The selective
layer can be dense, as in reverse osmosis or gas separation membranes, or finely
microporous with pores in the 100- to 500-A diameter range, as in ultrafiltra-
tion membranes. In good quality membranes a thickness as low as 500—1000 A
can be achieved, but with layers as thin as this, formation of minute membrane
defects is a problem. The defects, caused by gas bubbles, dust particles and
support fabric imperfections, can be very difficult to eliminate. Such defects
may not significantly affect the performance of anisotropic membranes used
in liquid separation processes, such as ultrafiltration and reverse osmosis, but
can be disastrous in gas separation applications. Browall [55] solved this prob-
lem by overcoating defective solution-cast composite membranes with a second
thin coating layer of a highly permeable polymer to seal defects, as shown in
Figure 3.28.

Later Henis and Tripodi [73] showed that membrane defects in anisotropic
Loeb—Sourirajan membranes could be overcome in a similar way by coating the
membrane with a thin layer of a relatively permeable material such as silicone
rubber. A sufficiently thin coating does not change the properties of the under-
lying selective layer but does plug defects, through which simple convective gas
flow can occur. Henis and Tripodi’s membrane is illustrated in Figure 3.29. The
silicone rubber layer is many times more permeable than the selective layer and
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does not function as a selective barrier but rather plugs defects, thereby reducing
non-diffusive gas flow. The flow of gas through the portion of the silicone rub-
ber layer over the pore is high compared to the flow through the defect-free
portion of the membrane. However, because the area of membrane defects is
very small, the total gas flow through these plugged defects is negligible. When
this coating technique is used, the polysulfone skin layer of the Loeb—Sourirajan
membrane no longer has to be completely defect free; therefore, the membrane
can be made with a thinner skin than is possible with an uncoated membrane.
The increase in flux obtained by decreasing the thickness of the selective skin
layer more than compensates for the slight reduction in flux due to the silicone
rubber sealing layer.

Metal Membranes and Ceramic Membranes
Metal Membranes

Metal membranes, particularly palladium-based, have been considered for hydro-
gen separation for a long time. In the 1950s and 1960s, Union Carbide installed
and operated a palladium membrane plant to separate hydrogen from a refinery
off-gas stream [74]. The plant produced 99.9 % pure hydrogen in a single pass
through 25-pm-thick palladium membranes. However, even at a feed pressure of
450 psi, the membranes had to be operated at 370 °C to obtain a useful trans-
membrane hydrogen flux. A further problem was the very high membrane cost;
a 25-pm-thick palladium membrane requires approximately 250 g palladium/m?
of membrane. At current palladium costs of US$20/g, the metal cost alone is
US$5000/m? of membrane, which is 50 times the total cost of typical polymeric
membranes used for gas separations. Small-scale palladium membrane systems,
to produce ultrapure hydrogen for specialized applications, are marketed by John-
son Matthey and Company. These systems use palladium/silver alloy membranes
based on those developed by Hunter [75,76].

If noble metal membranes are ever to be used on a large scale their cost
must be reduced. One approach [77,78] is to sputter-coat a 500- to 1000-A
film of the metal on a polymer support. Because the film is extremely thin
these membranes have extremely high hydrogen fluxes even at room temperature.
Another approach, used by Buxbaum [79,80], is to coat a thin layer of palladium
on a tantalum or vanadium support film. Tantalum and vanadium are also quite
permeable to hydrogen and much less expensive than palladium. These metals
cannot be used alone because they easily form an impenetrable oxide surface
film. However, protected by a thin palladium layer, these membranes are quite
permeable at high temperatures. Edlund [81,82] is pursuing a similar approach.
A detailed discussion of hydrogen permeation in metals is given in the book by
Alefeld and Volkl [83].
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Ceramic Membranes
Metal Oxide Membranes

Several companies have developed inorganic ceramic membranes for ultrafiltra-
tion and microfiltration. These microporous membranes are made from aluminum,
titanium or silica oxides. Ceramic membranes have the advantages of being chem-
ically inert and stable at high temperatures, conditions under which polymer
membranes fail. This stability makes ceramic microfiltration/ultrafiltration mem-
branes particularly suitable for food, biotechnology and pharmaceutical applica-
tions in which membranes require repeated steam sterilization and cleaning with
aggressive solutions. Pore diameters in ceramic membranes for microfiltration
and ultrafiltration range from 0.01 to 10 wm; these membranes are generally
made by a slip coating-sintering procedure. Other techniques, particularly sol-gel
methods, are used to produce membranes with pores from 10 to 100 A. Sol-gel
membranes are the subject of considerable research interest particularly for gas
separation applications, but so far have found only limited commercial use. A
number of reviews covering the general area of ceramic membrane preparation
and use have appeared recently [84,85].

In the slip coating-sintering process a porous ceramic support tube is made by
pouring a dispersion of a fine-grain ceramic material and a binder into a mold and
sintering at high temperature. The pores between the particles that make up this
support tube are large. One surface of the tube is then coated with a suspension of
finer particles in a solution of a cellulosic polymer or poly(vinyl alcohol) which
acts as a binder and viscosity enhancer to hold the particles in suspension. This
mixture is called a slip suspension; when dried and sintered at high temperatures,
a finely microporous surface layer remains. Usually several slip-coated layers
are applied in series, each layer being formed from a suspension of progressively
finer particles and resulting in an anisotropic structure. Most commercial ceramic
ultrafiltration membranes are made this way, generally in the form of tubes or
perforated blocks. A scanning electron micrograph of the surface of this type of
multilayer membrane is shown in Figure 3.30.

The slip coating-sintering procedure can be used to make membranes with pore
diameters down to about 100—200 A. More finely porous membranes are made
by sol-gel techniques. In the sol-gel process slip coating is taken to the colloidal
level. Generally the substrate to be coated with the sol-gel is a microporous
ceramic tube formed by the slip coating-sintering technique. The solution coated
onto this support is a colloidal or polymeric gel of an inorganic hydroxide. These
solutions are prepared by controlled hydrolysis of metal salts or metal alkoxides
to hydroxides.

Sol-gel methods fall into two categories, depending on how the colloidal coat-
ing solution is formed. The processes are shown schematically in Figure 3.31
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Figure 3.30 Cross-sectional scanning electron micrograph of a three-layered alumina
membrane/support (pore sizes of 0.2, 0.8 and 12 pwm, respectively). (Courtesy of Pall
Corporation, Filterite Division, Timonium, MD)

[86—88]. In the particulate-sol method a metal alkoxide dissolved in alcohol is
hydrolyzed by addition of excess water or acid. The precipitate that results is
maintained as a hot solution for an extended period during which the precipitate
forms a stable colloidal solution. This process is called peptization from the Greek
pep—to cook (not a misnomer; many descriptions of the sol-gel process have
a strong culinary flavor). The colloidal solution is then cooled and coated onto
the microporous support membrane. The layer formed must be dried carefully to
avoid cracking the coating. In the final step the film is sintered at 500—800 °C.
The overall process can be represented as:

Precipitation: AI(OR); + H,O — AI(OH),4

Peptization: ~ Al(OH)3 — y-Al,O3 - H,O (Bohmite) or ®-Al,O5 - 3H,0 (Bayerite)

Sintering:  ¥-Al,03 - H,O —= y-Al,05 + H,0
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Figure 3.31 Slip coating-sintering and sol-gel processes used to make ceramic membranes

In the polymeric sol-gel process, partial hydrolysis of a metal alkoxide dis-
solved in alcohol is accomplished by adding the minimum of water to the solution.
The active hydroxyl groups on the alkoxides then react to form an inorganic poly-
mer molecule that can then be coated onto the ceramic support. On drying and
sintering, the metal oxide film forms. Chemically the polymeric sol-gel process
can be represented as:

Hydrolysis: Ti(OR)4 + H,O —>Ti(OR),(OH), + ROH

Polymerization: nTi(OR),(OH), —> {Ti(OR), - 07, + HO

5

|
Crosslinking:  fTi(OR), —03» —> £Ti(OH), ~OFH Ti(OH) - 0F
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Depending on the starting material and the coating procedure, a wide range
of membranes can be made by the sol-gel process. The problem of cracking
the films on drying and sintering can be alleviated by adding small amounts
of a polymeric binder to the coating solution. The coating process may also be
repeated several times to give a defect-free film. With care, membranes with pore
sizes in the 10- to 100-A range can be made by this method. In principle these
membranes could be useful in a number of processes—membrane reactors, for
example. Currently the technology is still at the laboratory stage.

Microporous Carbon Membranes

The first microporous carbon membranes were produced by Barrer in the 1950s
and 1960s by compressing high-surface-area carbon powders at very high pres-
sures [89,90]. The resulting porous plugs had pores of 5- to 30-A diameter and
were used to study diffusion of gases and vapors. More recently, practical ways
of producing microporous carbon membranes have been developed by Koresh
and Soffer [91], Hayashi et al. [92] and at Air Products by Rao and Sirkar [93].
All three groups are producing extremely finely microporous carbon membranes
by pyrolizing preformed polyimide or polyacrylonitrile membranes in an inert
atmosphere or vacuum at 500 to 800 °C. Under these conditions the polymer
is converted to carbon. Permeation properties show that the carbon membranes
have pores from 10 to 20 A diameter. The Air Products membranes are made
as thin films coated onto a ceramic support. The membranes of Koresh and Sof-
fer are made as hollow fine fibers. These membranes are brittle and difficult to
produce on a large scale, but have exceptional separation properties for some
gas mixtures.

Microporous Glass Membranes

Microporous glass membranes in the form of tubes and fibers have been made
by Corning, PPG, and Schott. Currently only the Corning membranes are still
available, under the trade name Vycor®. The leaching process used to make this
type of membrane has been described by Beaver [94]. The starting material is
a glass containing 30—70 % silica, as well as oxides of zirconium, hafnium or
titanium and extractable materials. The extractable materials comprise one or
more boron-containing compounds and alkali metal oxides and/or alkaline earth
metal oxides. Glass hollow fibers produced by melt extrusion are treated with
dilute hydrochloric acid at 90 °C for 2—4 h to leach out the extractable materials,
washed to remove residual acid, and then dried.

Liquid Membranes

Liquid membranes containing carriers to facilitate selective transport of gases or
ions were the subject of a considerable research effort in the 1970s and 1980s.
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A number of published reviews summarize this work [95,96]. Although these
membranes are still being studied in a number of laboratories, improvements
in selective conventional polymer membranes have diminished interest in pro-
cesses using liquid membranes. The preparation and use of these membranes are
described in Chapter 11.

Hollow Fiber Membranes

The membrane preparation techniques described so far were developed to pro-
duce flat-sheet membranes. However, these techniques can be adapted to produce
membranes in the form of thin tubes or fibers. An important advantage of hollow
fiber membranes is that compact modules with very high membrane surface areas
can be formed. However, this advantage is offset by the generally lower fluxes of
hollow fiber membranes compared to flat-sheet membranes made from the same
materials. Nonetheless, the development of hollow fiber membranes by Mahon
and the group at Dow Chemical in 1966 [97] and their later commercialization
by Dow, Monsanto, Du Pont, and others represents one of the major events in
membrane technology. A good review of the early development of hollow fiber
membranes is given by Baum et al. [98]. Reviews of more recent developments
are given by Moch [99] and McKelvey et al. [100].

The diameter of hollow fibers varies over a wide range, from 50 to 3000 pm.
Fibers can be made with a uniformly dense structure, but preferably are formed
as a microporous structure having a dense selective layer on either the outside or
the inside surface. The dense surface layer can be either integral with the fiber
or a separate layer coated onto the porous support fiber. Many fibers must be
packed into bundles and potted into tubes to form a membrane module; modules
with a surface area of even a few square meters require many kilometers of
fibers. Because a module must contain no broken or defective fibers, hollow
fiber production requires high reproducibility and stringent quality control.

The types of hollow fiber membranes in production are illustrated in Figure
3.32. Fibers of 50- to 200-pwm diameter are usually called hollow fine fibers. Such
fibers can withstand very high hydrostatic pressures applied from the outside, so
they are used in reverse osmosis or high-pressure gas separation applications in
which the applied pressure can be 1000 psig or more. The feed fluid is applied
to the outside (shell side) of the fibers, and the permeate is removed down the
fiber bore. When the fiber diameter is greater than 200—500 pwm, the feed fluid
is commonly applied to the inside bore of the fiber, and the permeate is removed
from the outer shell. This technique is used for low-pressure gas separations and
for applications such as hemodialysis or ultrafiltration. Fibers with a diameter
greater than 500 wm are called capillary fibers.

Two methods are used to prepare hollow fibers: solution spinning and melt
spinning [98,99]. The most common process is solution spinning or wet spin-
ning, in which a 20-30 wt% polymer solution is extruded and precipitated
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Figure 3.32 Schematic of the principal types of hollow fiber membranes

into a nonsolvent, generally water. Fibers made by solution spinning have the
anisotropic structure of Loeb—Sourirajan membranes. This technique is generally
used to make relatively large, porous hemodialysis and ultrafiltration fibers. In
the alternative technique of melt spinning, a hot polymer melt is extruded from
an appropriate die and is then cooled and solidified in air prior to immersion in
a quench tank. Melt-spun fibers are usually denser and have lower fluxes than
solution-spun fibers, but, because the fiber can be stretched after it leaves the
die, very fine fibers can be made. Melt-spun fibers can also be produced at high
speeds. The technique is usually used to make hollow fine fibers for high-pressure
reverse osmosis and gas separation applications and is also used with polymers
such as poly(trimethylpentene), which are not soluble in convenient solvents and
are difficult to form by wet spinning. The distinction between solution spinning
and melt spinning has gradually faded over the years. To improve fluxes, sol-
vents and other additives are generally added to melt spinning dopes so spinning
temperatures have fallen considerably. Many melt-spun fibers are now produced
from spinning dopes containing as much as 30 to 60 wt% solvent, which requires
the spinner to be heated to only 70—100 °C to make the dope flow. These fibers
are also often cooled and precipitated by spinning into a water bath, which also
helps to form an anisotropic structure.

The first hollow fiber spinneret system was devised by Mahon at Dow [97].
Mahon’s spinneret consists of two concentric capillaries, the outer capillary
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having a diameter of approximately 400 wm, and the central capillary having
an outer diameter of approximately 200 pm and an inner diameter of 100 pm.
Polymer solution is forced through the outer capillary, while air or liquid is forced
through the inner one. The rate at which the core fluid is injected into the fibers
relative to the flow of polymer solution governs the ultimate wall thickness of
the fiber. Figure 3.33 shows a cross-section of this type of spinneret, which is
widely used to produce the large-diameter fibers used in ultrafiltration. Exper-
imental details of this type of spinneret can be found elsewhere [101-103]. A
complete hollow fiber spinning system is shown in Figure 3.34.
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Figure 3.33 Twin-orifice spinneret design used in solution-spinning of hollow fiber
membranes. Polymer solution is forced through the outer orifice, while bore-forming
fluid is forced through the inner capillary
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Figure 3.34 A complete hollow fiber solution-spinning system. The fiber is spun into a
coagulation bath, where the polymer spinning solution precipitates forming the fiber. The
fiber is then washed, dried, and taken up on a roll
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The evaporation time between the solution exiting the spinneret and entering
the coagulation bath is a critical variable, as are the compositions of the bore
fluid and the coagulation bath. The position of the dense anisotropic skin can be
adjusted by varying the bath and bore solutions. For example, if water is used as
the bore fluid and the coagulation bath contains some solvent, precipitation will
occur first and most rapidly on the inside surface of the fiber. If the solutions are
reversed so that the bore solution contains some solvent and the coagulation bath
is water, the skin will tend to be formed on the outside surface of the fiber, as
shown in Figure 3.35. In many cases precipitation will begin on both surfaces of
the fiber, and a dense layer will form on both inside and outside surfaces. This
ability to manipulate the position of the dense skin is important because the skin
should normally face the feed fluid.

Generally, the spinning dope used in solution spinning has a higher polymer
concentration and is more viscous than the casting solutions used to form equi-
valent flat sheet membranes. This is because hollow fiber membranes must be
able not only to perform the separation required but also to withstand the applied
pressure of the process without collapsing. The mechanical demands placed on the
microporous substructure of hollow fiber membranes are more demanding than
for their flat-sheet equivalents. Consequently, a finer, stronger, and higher density
microporous support structure is required. Because more concentrated casting
solutions are used, the thickness of the skin layer of hollow fiber membranes
is also greater than their flat-sheet equivalents. Usually lower membrane fluxes
result. However, the low cost of producing a large membrane area in hollow fiber
form compensates for the poorer performance.

Hollow fiber spinning dopes and preparation procedures vary over a wider
range than their flat-sheet equivalents, but some representative dopes and spinning
conditions taken from the patent literature [98,103,104] are given in Table 3.4.

Recently some interest in forming more complex hollow fibers has developed;
for example, composite hollow fibers in which the microporous shell of the
fiber provides the mechanical strength, but the selective layer is a coating of a

Inside precipitation Qutside precipitation Outside and inside precipitation

Figure 3.35 Depending on the bore fluid and the composition of the coagulation bath,
the selective skin layer can be formed on the inside, the outside or both sides of the
hollow fiber membrane
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Table 3.4 Preparation parameters for various hollow fiber membranes

Casting dope Bore fluid Precipitation bath Membrane type

37 wt% polysulfone Water Water 25-50 °C  Gas separation fiber
(Udel P3500) a0,/N, 5.2,

36 wt% N-methyl ~50 wm diameter,
pyrrolidone anisotropic

27 wt% propionic acid outside-skinned
(spun at 15-100 °C) fibers, finely

microporous
substrate [103]

25 wt% 10 wt% dimethyl 40 wt% dimethyl  Ultrafiltration
polyacrylonitrile-vinyl formamide in formamide in capillary
acetate copolymer water water 4 °C membrane, inside

68 wt% dimethyl skin, 98 % rejection
formamide to 110000 MW

7 wt% formamide (spun dextran [104]
at 65 °C)

69 wt% cellulose Air No precipitation Early (Dow)
triacetate (spun at bath used; fiber 80-pwm-diameter
200 °C) forms on fine fiber reverse

17.2 wt% sulfolane cooling. 0osmosis membrane

13.8 wt% poly(ethylene Solvents [98]
glycol) (MW 400) removed in later

extraction step

different material. Ube, Praxair, Air Products and Medal all produce this type
of fiber for gas separation applications. Various techniques are described in the
patent literature [105-107]. A device proposed by Air Products is shown in
Figure 3.36. The preformed hollow fiber support membrane is drawn through a
volatile solution of the coating polymer. The thickness of the film formed on the
outer surface of the fiber is controlled by the concentration of polymer in the
casting solution and the diameter of the orifice in the coating die. The solvent is
evaporated and the fiber wound up.

Another method of producing composite hollow fibers, described by Kusuki
et al. at Ube [108] and Kopp et al. at Memtec [109], is to spin double-layered
fibers with a double spinneret of the type shown in Figure 3.37. This system
allows different spinning solutions to be used for the outer and inner surface
of the fibers and gives more precise control of the final structure. Often, two
different polymers are incorporated into the same fiber. The result is a hollow fiber
composite membrane equivalent to the flat sheet membrane shown in Figure 3.26.
A reason for the popularity of composite hollow fiber membranes is that different
polymers can be used to form the mechanically strong support and the selective
layer. This can reduce the amount of selective polymer required. The tailor-
made polymers developed for gas separation applications can cost as much as
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Figure 3.36  Apparatus to make composite hollow fiber membranes by coating a hollow
fiber support membrane with a thin selective coating [105]
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Figure 3.37 A double capillary spinneret sometimes used to produce two-layer hollow
fibers. After Kopp et al. [109]
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US$5-10/g. Single-layer hollow fiber membranes contain 10-20 g of polymer
per square meter of membrane, for a material cost alone of US$50—200/m?. Thus,
using a composite structure consisting of a relatively inexpensive core polymer
material coated with a thin layer of the expensive selective polymer reduces the
overall membrane material cost significantly.

Membrane Modules

Industrial membrane plants often require hundreds to thousands of square meters
of membrane to perform the separation required on a useful scale. Before a
membrane separation can be performed industrially, therefore, methods of eco-
nomically and efficiently packaging large areas of membrane are required. These
packages are called membrane modules. The development of the technology to
produce low-cost membrane modules was one of the breakthroughs that led to
commercial membrane processes in the 1960s and 1970s. The earliest designs
were based on simple filtration technology and consisted of flat sheets of mem-
brane held in a type of filter press: these are called plate-and-frame modules.
Membranes in the form of 1- to 3-cm-diameter tubes were developed at about
the same time. Both designs are still used, but because of their relatively high cost
they have been largely displaced in most applications by two other designs—the
spiral-wound module and the hollow fiber module.

Despite the importance of membrane module technology, many researchers
are astonishingly uninformed about module design issues. In part this is because
module technology has been developed within companies, and developments are
only found in patents, which are ignored by many academics. The following
sections give an overview of the principal module types, followed by a section
summarizing the factors governing selection of particular types for different mem-
brane processes. Cost is always important, but perhaps the most important issues
are membrane fouling and concentration polarization. This is particularly true for
reverse osmosis and ultrafiltration systems, but concentration polarization issues
also affect the design of gas separation and pervaporation modules.

Plate-and-frame Modules

Plate-and-frame modules were one of the earliest types of membrane system. A
plate-and-frame design proposed by Stern [110] for early Union Carbide plants
to recovery helium from natural gas is shown in Figure 3.38. Membrane, feed
spacers, and product spacers are layered together between two end plates. The
feed mixture is forced across the surface of the membrane. A portion passes
through the membrane, enters the permeate channel, and makes its way to a
central permeate collection manifold.
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Figure 3.38 Early plate-and-frame design developed by Stern et al. [110] for the separa-
tion of helium from natural gas. Reprinted with permission from S.A. Stern, T.F. Sinclaire,
P.J. Gareis, N.P. Vahldieck and P.H. Mohr, Helium Recovery by Permeation, Ind. Eng.
Chem. 57, 49. Copyright 1965, American Chemical Society and American Pharmaceutical
Association

Plate-and-frame units have been developed for some small-scale applications,
but these units are expensive compared to the alternatives, and leaks through
the gaskets required for each plate are a serious problem. Plate-and-frame mod-
ules are now only used in electrodialysis and pervaporation systems and in a
limited number of reverse osmosis and ultrafiltration applications with highly
fouling feeds. An example of one of these reverse osmosis units is shown in
Figure 3.39 [111].

Tubular Modules

Tubular modules are now generally limited to ultrafiltration applications, for
which the benefit of resistance to membrane fouling due to good fluid hydrody-
namics outweighs their high cost. Typically, the tubes consist of a porous paper
or fiberglass support with the membrane formed on the inside of the tubes, as
shown in Figure 3.40.

The first tubular membranes were between 2 and 3 cm in diameter, but more
recently, as many as five to seven smaller tubes, each 0.5—-1.0 cm in diameter,
are nested inside a single, larger tube. In a typical tubular membrane system a
large number of tubes are manifolded in series. The permeate is removed from
each tube and sent to a permeate collection header. A drawing of a 30-tube
system is shown in Figure 3.41. The feed solution is pumped through all 30
tubes connected in series.
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Figure 3.39 Schematic of a plate-and-frame module. Plate-and-frame modules provide
good flow control on both the permeate and feed side of the membrane, but the large
number of spacer plates and seals lead to high module costs. The feed solution is directed
across each plate in series. Permeate enters the membrane envelope and is collected
through the central permeate collection channel [111]

Spiral-wound Modules

Spiral-wound modules were used in a number of early artificial kidney designs,
but were fully developed for industrial membrane separations by Gulf General
Atomic (a predecessor of Fluid Systems, Inc.). This work, directed at reverse
osmosis membrane modules, was carried out under the sponsorship of the Office
of Saline Water [112—114]. The design shown in Figure 3.42 is the simplest,
consisting of a membrane envelope of spacers and membrane wound around a
perforated central collection tube; the module is placed inside a tubular pressure
vessel. Feed passes axially down the module across the membrane envelope.
A portion of the feed permeates into the membrane envelope, where it spirals
towards the center and exits through the collection tube.

Small laboratory spiral-wound modules consist of a single membrane envelope
wrapped around the collection tube, as shown in Figure 3.42. The membrane
area of these modules is typically 0.2 to 1.0 m?. Industrial-scale modules contain
several membrane envelopes, each with an area of 1-2 m?, wrapped around the
central collection pipe. The multi-envelope design developed at Gulf General
Atomic by Bray [113] and others is illustrated in Figure 3.43. Multi-envelope
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Figure 3.40 Typical tubular ultrafiltration module design. The membrane is usually cast
on a porous fiberglass or paper support, which is then nested inside a plastic or steel
support tube. In the past, each plastic housing contained a single 2- to 3-cm-diameter
tube. More recently, several 0.5- to 1.0-cm-diameter tubes, nested inside single housings,
have been introduced. (Courtesy of Koch Membrane Systems)

designs minimize the pressure drop encountered by the permeate fluid traveling
towards the central pipe. If a single membrane envelope were used in a large-
membrane-area module, the path taken by the permeate to reach the central
collection pipe would be several meters long, depending on the module diameter.
Such a long permeate path would result in a large pressure drop in the permeate
collection channel. By using multiple short envelopes the pressure drop in any
one envelope is kept at a manageable level. The standard industrial spiral-wound
module has an 8-in. diameter and is 40 in. long. Twelve-inch-diameter modules
up to 60 in. long have been made and offer some economy of scale. There
is, therefore, a trend towards increasing the module diameter for larger plants.
The approximate membrane area and number of membrane envelopes used in
industrial 40-in.-long spiral-wound modules are given in Table 3.5.

Four to six spiral-wound membrane modules are normally connected in series
inside a single pressure vessel (tube). A typical 8-in.-diameter tube containing six
modules has 100-200 m? of membrane area. An exploded view of a membrane
tube containing two modules is shown in Figure 3.44 [115]. The end of each
module is fitted with an anti-telescoping device (ATD) which is designed to
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Figure 3.41 Exploded view of a tubular ultrafiltration system in which 30 tubes are
connected in series. Permeate from each tube is collected in the permeate manifold

prevent the module leaves shifting under the feed-to-residue pressure difference
required to force feed fluid through the module. The ATD is also fitted with
a rubber seal to form a tight connection between the module and the pressure
vessel. This seal prevents fluid bypassing the module in the gap between the
module and the vessel wall.

In some applications of reverse osmosis and ultrafiltration spiral-wound mod-
ules in the food industry, it may be desirable to allow a small portion of the
feed solution to bypass the module to prevent bacteria growing in the otherwise
stagnant fluid. One way of achieve this bypass is by perforating the ATD as
illustrated in Figure 3.45 [115].

Hollow Fiber Modules

Hollow fiber membrane modules are formed in two basic geometries. The first is
the shell-side feed design illustrated in Figure 3.46(a) and used, for example, by
Monsanto in their hydrogen separation systems and by Du Pont in their reverse
osmosis systems. In such a module, a loop or a closed bundle of fibers is contained
in a pressure vessel. The system is pressurized from the shell side; permeate
passes through the fiber wall and exits through the open fiber ends. This design
is easy to make and allows very large membrane areas to be contained in an
economical system. Because the fiber wall must support considerable hydrostatic
pressure, the fibers usually have small diameters and thick walls, typically 50-pum
internal diameter and 100- to 200-pwm outer diameter.
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Figure 3.42 Exploded view and cross-section drawings of a spiral-wound module. Feed
solution passes across the membrane surface. A portion passes through the membrane and
enters the membrane envelope where it spirals inward to the central perforated collection
pipe. One solution enters the module (the feed) and two solutions leave (the residue and
the permeate). Spiral-wound modules are the most common module design for reverse
osmosis and ultrafiltration as well as for high-pressure gas separation applications in the
natural gas industry
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Figure 3.43 Multi-envelope spiral-wound module [113], used to avoid excessive pres-
sure drops on the permeate side of the membrane. Large-diameter modules may have as
many as 30 membrane envelopes, each with a membrane area of 1-2 m?

Table 3.5 Typical membrane area and number of membrane envelopes for 40-in.-
long industrial spiral-wound modules. The thickness of the membrane spacers used for
different applications causes the variation in membrane area

Module diameter (in.) 4 6 8 12
Number of membrane envelopes 4-6 6-10 15-30 30-40
Membrane area (m?) 3-6 6-12 20-40 30-60

The second type of hollow fiber module is the bore-side feed type illustrated
in Figure 3.46(b). The fibers in this type of unit are open at both ends, and the
feed fluid is circulated through the bore of the fibers. To minimize pressure drop
inside the fibers, the diameters are usually larger than those of the fine fibers used
in the shell-side feed system and are generally made by solution spinning. These
so-called capillary fibers are used in ultrafiltration, pervaporation, and some low-
to medium-pressure gas applications. Feed pressures are usually limited to below
150 psig in this type of module.

In bore-side feed modules, it is important to ensure that all of the fibers
have identical fiber diameters and permeances. Even fiber variation as small as
410 % from the average fiber can lead to large variations in module performance
[116,117]. The flow of fluid through the fiber bore is proportional to the fiber
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Figure 3.44 Schematic of a spiral-wound module [115] installed in a multimodule pres-
sure vessel. Typically four to six modules are installed in a single pressure vessel.
Reprinted from Reverse Osmosis Technology, B.S. Parekh (ed.), Marcel Dekker, New
York (1988), p. 81, by courtesy of Marcel Dekker, Inc.
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Figure 3.45 By perforating the antitelescoping device, a small controlled bypass of
fluid past the module seal is achieved to eliminate the stagnant area between the reverse
osmosis module and the pressure vessel walls. This device is used in food and other
sanitary applications of spiral-wound modules [115]. Reprinted from Reverse Osmosis
Technology, B.S. Parekh (ed.), Marcel Dekker, New York (1988), p. 359, by courtesy of
Marcel Dekker, Inc.
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Figure 3.46 Two types of hollow-fiber modules used for gas separation, reverse
osmosis, and ultrafiltration applications. Shell-side feed modules are generally used for
high-pressure applications up to 1000 psig. Fouling on the feed side of the membrane can
be a problem with this design, and pretreatment of the feed stream to remove particulates
is required. Bore-side feed modules are generally used for medium-pressure feed streams
up to 150 psig, for which good flow control to minimize fouling and concentration
polarization on the feed side of the membrane is desired
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diameter to the fourth power, whereas the membrane area only changes by the
second power. The effect is particularly important in the production of nitrogen
from air and in hollow-fiber kidney modules, in which high levels of removal of
the permeable component in a single pass are desired. If the fibers have different
diameters, a few overly large or overly small fibers can significantly affect the
removal achieved by the module.

Concentration polarization is well controlled in bore-side feed modules. The
feed solution passes directly across the active surface of the membrane, and
no stagnant dead spaces are produced. This is far from the case in shell-side
feed modules in which flow channeling and stagnant areas between fibers, which
cause significant concentration polarization problems, are difficult to avoid [118].
Any suspended particulate matter in the feed solution is easily trapped in these
stagnant areas, leading to irreversible fouling of the membrane. Baffles to direct
the feed flow have been tried [119,120], but are not widely used. A more common
method of minimizing concentration polarization is to direct the feed flow normal
to the direction of the hollow fibers as shown in Figure 3.47. This produces a
cross-flow module with relatively good flow distribution across the fiber surface.
Several membrane modules may be connected in series, so high feed solution
velocities can be used. A number of variants on this basic design have been
patented [121,122] and are reviewed by Koros and Fleming [123].

A second problem in shell-side feed hollow fine fibers is permeate side par-
asitic pressure drops. The permeate channel in these fibers is so narrow, and
presents such a resistance to fluid passage, that a significant pressure drop devel-
ops along the length of the permeate channel, reducing the pressure difference
across the membrane that provides the driving force for permeation. In appli-
cations involving separation of mixtures of relatively impermeable components,
such as oxygen and nitrogen in air, the pressure drop that develops is small
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Figure 3.47 A cross-flow hollow fiber module used to obtain better flow distribution
and reduce concentration polarization (the Tyobo Hollosep reverse osmosis module). Feed
enters through the perforated central pipe and flows towards the module shell
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and unimportant. But in separations of more permeable gas mixtures, such as
hydrogen or carbon dioxide from methane, the pressure drop can be a signifi-
cant fraction of the total applied pressure. Permeate-side pressure drops also tend
to develop in spiral-wound modules. However, because the permeate channels
are wider in this type of module, pressure drops are usually smaller and less
significant.

The greatest single advantage of hollow fiber modules is the ability to pack a
very large membrane area into a single module. The magnitude of this advantage
can be gauged by the membrane area per module data shown in Table 3.6. This
table shows the calculated membrane area contained in an 8-in.-diameter, 40-in.-
long module; a spiral-wound module of this size would contain about 20—40 m?
of membrane area. The equivalent hollow fiber module, filled with fibers with a
diameter of 100 pwm, will contain approximately 300 m?> of membrane area, 10
times the area in a spiral-wound module. As the diameter of the fibers in the mod-
ule increases, the membrane area decreases. Capillary ultrafiltration membrane
modules have almost the same area as equivalent-sized spiral-wound modules.

Table 3.6 also shows the huge numbers of hollow fibers required for high-
surface-area modules. A hollow fine fiber module with an area of 300 m? will
contain 1000 km of fiber. Expensive, sophisticated, high-speed automated spin-
ning and fiber handling and module fabrication equipment is required to produce
these modules. A typical hollow fiber spinning operation will have 50—100 spin-
nerets. In general the capital investment for a hollow fine fiber production plant
is so large that the technology can only be considered when large numbers
of modules are being produced on a round-the-clock basis. The technology is
maintained as a trade secret within the handful of companies that produce this
type of module. A clue to the type of machinery involved can be obtained
from the patent literature. Figure 3.48, for example, shows a module winding
machine from an old Du Pont patent [124]. Fibers from several bobbins are
wound around a porous paper sheet, laying down the bundle that ultimately
becomes the module insert.

Table 3.6 Effect of fiber diameter on membrane area and the number of fibers in a
module 20 cm (8 in.) in diameter and 1 m (40 in.) long. Twenty-five percent of the module
volume is filled with fiber. A spiral-wound module of this size contains approximately
20-40 m? of membrane area and has a packing density of 6—13 cm?/cm?

Module use High-pressure ~ Low-pressure  Ultrafiltration
reverse osmosis gas separation
and gas
separation
Fiber diameter (m) 100 250 500 1000 2000
Number of fibers/module (thousands) 1000 250 40 10 2.5
Membrane area (m?) 315 155 65 32 16

Packing density (cm?/cm?) 100 50 20 10 5




150 MEMBRANE TECHNOLOGY AND APPLICATIONS

: Central
Resin
; distributor
licat Web
applicator tube

Web
R feeder

Revolving — ° e )
permeator >

) i
Hollow

fiber
bobbin

Figure 3.48 Hollow fiber module winding apparatus from a 1972 Du Pont patent [124].
Machines of this general type are still used to produce hollow fiber modules

Vibrating and Rotating Modules

In all of the module designs described thus far, the fluid to be separated (gas or
liquid) is pumped across the surface of the membrane at high velocity to con-
trol concentration polarization. A few vibrating or rotating modules, in which
the membrane moves, and moves much faster than the fluid flowing across
its surface, have been developed. One such design, a vibrating module, from
New Logic International, is shown in Figure 3.49 [125,126]. Vibration of the
membrane at high speed creates interior agitation directly at the membrane sur-
face. These modules have proved to be able to ultrafilter extremely concentrated,
viscous solutions that could not be treated by conventional module designs. Cur-
rently the modules are extremely expensive—in the range US$2000—5000/m?
membrane—compared to alternative designs. This limits their application to
high-value separations that cannot be performed by other processes.
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Figure 3.49 New Logic International vibrating plate-and-frame module design [125]. A
motor taps a metal plate (the seismic mass) supported by a rubber mount at 60 times/s.
A bar that acts as a torsion spring connects the vibrating mass to a plate-and-frame
membrane module, which then vibrates by 1-2 in. at the same frequency. By shaking
the membrane module, high turbulence is induced in the pressurized feed fluid flowing
through the module. The turbulence occurs directly at the membrane surface, providing
good control of membrane fouling

Module Selection

The choice of the most suitable membrane module type for a particular mem-
brane separation must balance a number of factors. The principal module design
parameters that enter into the decision are summarized in Table 3.7.

Cost, always important, is difficult to quantify because the actual selling price
of the same module design varies widely, depending on the application. Gen-
erally, high-pressure modules are more expensive than low-pressure or vacuum
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Table 3.7 Parameters for membrane module design

Parameter Hollow fine Capillary Spiral-wound Plate-and-frame Tubular
fibers fibers

Manufacturing cost 5-20 10-50 5-100 50-200 50-200
(US$/m?)

Concentration Poor Good Moderate Good Very good
polarization fouling
control

Permeate-side High Moderate  Moderate Low Low
pressure drop

Suitability for Yes No Yes Yes Marginal
high-pressure
operation

Limited to specific Yes Yes No No No
types of membrane
material

modules. The total volume of product likely to be produced to satisfy a particular
application is a key issue. For example, spiral-wound modules for reverse osmosis
are produced by three or four manufacturers in large volumes, resulting in severe
competition and low prices. Similar modules used in ultrafiltration are produced
in much lower numbers and so are much more expensive. Hollow fiber modules
are significantly cheaper, per square meter of membrane, than spiral-wound or
plate-and-frame modules but can only be economically produced for very high
volume applications that justify the expense of developing and building the spin-
ning and module fabrication equipment. This cost advantage is often offset by
the lower fluxes of the membranes compared with their flat-sheet equivalents. An
estimate of module manufacturing cost is given in Table 3.7; the selling price is
typically two to five times higher.

Two other major factors determining module selection are concentration polar-
ization control and resistance to fouling. Concentration polarization control is a
particularly important issue in liquid separations such as reverse osmosis and
ultrafiltration. In gas separation applications, concentration polarization is more
easily controlled but is still a problem with high-flux, highly selective membranes.
Hollow fine fiber modules are notoriously prone to fouling and concentration
polarization and can be used in reverse osmosis applications only when extensive,
costly feed solution pretreatment removes all particulates. These fibers cannot be
used in ultrafiltration applications at all.

Another factor is the ease with which various membrane materials can be
fabricated into a particular module design. Almost all membranes can be formed
into plate-and-frame, spiral-wound and tubular modules, but many membrane
materials cannot be fabricated into hollow fine fibers or capillary fibers. Finally,
the suitability of the module design for high-pressure operation and the relative



MEMBRANES AND MODULES 153

magnitude of pressure drops on the feed and permeate sides of the membrane
can be important factors.

The types of modules generally used in some of the major membrane processes
are listed in Table 3.8.

In reverse osmosis, the commonly used modules are spiral-wound. Plate-and-
frame and tubular modules are limited to a few applications in which membrane
fouling is particularly severe, for example, in food applications or processing
heavily contaminated industrial wastewater. The hollow fiber reverse osmosis
modules used in the past have now been almost completely displaced by spiral-
wound modules, which are inherently more fouling resistant, and require less
feed pretreatment.

For ultrafiltration applications, hollow fine fibers have never been seriously
considered because of their susceptibility to fouling. If the feed solution is
extremely fouling, tubular systems are still used. Recently, however, spiral-wound
modules with improved resistance to fouling have been developed; these modules
are increasingly displacing the more expensive tubular systems. This is partic-
ularly the case with clean feed solutions, for example, in the ultrafiltration of
boiler feed water or municipal water to make ultrapure water for the electronics
industry. Capillary systems are also used in some ultrafiltration applications.

Table 3.8 Module designs most commonly used in the major membrane separation
processes

Application Module type
Reverse osmosis: seawater Spiral-wound modules. Only one hollow fiber
producer remains
Reverse osmosis: industrial Spiral-wound modules used almost exclusively; fine
and brackish water fibers too susceptible to scaling and fouling
Ultrafiltration Tubular, capillary and spiral-wound modules all used.

Tubular generally limited to highly fouling feeds
(automotive paint), spiral-wound to clean feeds
(ultrapure water)

Gas separation Hollow fibers for high volume applications with low
flux, low selectivity membranes in which
concentration polarization is easily controlled
(nitrogen from air)

Spiral-wound when fluxes are higher, feed gases
more contaminated and concentration polarization
a problem (natural gas separations, vapor
permeation)

Pervaporation Most pervaporation systems are small so
plate-and-frame systems were used in the first
systems

Spiral-wound and capillary modules being introduced
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For high-pressure gas separation applications, hollow fine fibers have a major
segment of the market. Hollow fiber modules are clearly the lowest cost design
per unit membrane area, and their poor resistance to fouling is not a problem
in many gas separation applications because gaseous feed streams can easily be
filtered. Also, gas separation membrane materials are often rigid glassy polymers
such as polysulfones, polycarbonates and polyimides, which are easily formed
into hollow fine fibers. Spiral-wound modules are used to process natural gas
streams, which are relatively dirty, often containing oil mist and condensable
components that would foul hollow fine fiber modules rapidly.

Spiral-wound modules are much more commonly used in low-pressure or vac-
uum gas separation applications, such as the production of oxygen-enriched air
or the separation of organic vapors from air. In these applications, the feed gas
is at close to ambient pressure, and a vacuum is drawn on the permeate side of
the membrane. Parasitic pressure drops on the permeate side of the membrane
and the difficulty in making high-performance hollow fine fiber membranes from
the rubbery polymers used to make them both work against hollow fine fiber
modules for such applications.

Pervaporation operates under constraints similar to those for low-pressure gas
separation. Pressure drops on the permeate side of the membrane must be small,
and many pervaporation membrane materials are rubbery, so both spiral-wound
modules and plate-and-frame systems are in use. Plate-and-frame systems are
competitive in this application despite their high cost, primarily because they
can be operated at high temperatures with relatively aggressive feed solutions,
conditions under which spiral-wound modules might fail.

Conclusions and Future Directions

The technology to fabricate ultrathin high-performance membranes into high-
surface-area membrane modules has steadily improved during the modern mem-
brane era. As a result the inflation-adjusted cost of membrane separation processes
has decreased dramatically over the years. The first anisotropic membranes made
by Loeb—Sourirajan processes had an effective thickness of 0.2—0.4 pm. Cur-
rently, various techniques are used to produce commercial membranes with a
thickness of 0.1 pwm or less. The permeability and selectivity of membrane mate-
rials have also increased two to three fold during the same period. As a result,
today’s membranes have 5 to 10 times the flux and better selectivity than mem-
branes available 30 years ago. These trends are continuing. Membranes with
an effective thickness of less than 0.05 pm have been made in the laboratory
using advanced composite membrane preparation techniques or surface treat-
ment methods.

As a result of these improvements in membrane performance, the major fac-
tors determining system performance have become concentration polarization and
membrane fouling. All membrane processes are affected by these problems, so
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membrane modules with improved fluid flow to minimize concentration polar-
ization and modules formed from membranes that can be easily cleaned if fouled
are likely to become increasingly important development areas.
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4 CONCENTRATION
POLARIZATION

Introduction

In membrane separation processes, a gas or liquid mixture contacts the feed
side of the membrane, and a permeate enriched in one of the components of
the mixture is withdrawn from the downstream side of the membrane. Because
the feed mixture components permeate at different rates, concentration gradients
form in the fluids on both sides of the membrane. The phenomenon is called
concentration polarization. Figure 4.1 illustrates a dialysis experiment in which
a membrane separates two solutions containing different concentrations of dis-
solved solute. Solute (i) diffuses from right to left; solvent (j) diffuses from left
to right. Unless the solutions are extremely well stirred, concentration gradients
form in the solutions on either side of the membrane. The same phenomenon
occurs in other processes that involve transport of heat or mass across an inter-
face. Mathematical descriptions of these processes can be found in monographs
on heat and mass transfer, for example, the books by Carslaw and Jaeger [1],
Bird et al. [2] and Crank [3].

The layer of solution immediately adjacent to the membrane surface becomes
depleted in the permeating solute on the feed side of the membrane and enriched
in this component on the permeate side. Equivalent gradients also form for the
other component. This concentration polarization reduces the permeating com-
ponent’s concentration difference across the membrane, thereby lowering its
flux and the membrane selectivity. The importance of concentration polariza-
tion depends on the membrane separation process. Concentration polarization can
significantly affect membrane performance in reverse osmosis, but it is usually
well controlled in industrial systems. On the other hand, membrane performance
in ultrafiltration, electrodialysis, and some pervaporation processes is seriously
affected by concentration polarization.

Figure 4.1 also shows the formation of concentration polarization gradients on
both sides of the membrane. However, in most membrane processes there is a bulk
flow of liquid or gas through the membrane, and the permeate-side composition
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Figure 4.1 Concentration gradients formed when a dialysis membrane separates two
solutions of different concentrations

depends only on the ratio of the components permeating the membrane. When this
is the case, concentration gradients only form on the feed side of the membrane.

Two approaches have been used to describe the effect of concentration polar-
ization. One has its origins in the dimensional analysis used to solve heat transfer
problems. In this approach the resistance to permeation across the membrane and
the resistance in the fluid layers adjacent to the membrane are treated as resis-
tances in series. Nothing is assumed about the thickness of the various layers or
the transport mechanisms taking place.

Using this model and the assumption that concentration polarization occurs
only on the feed side of the membrane, the flux J; across the combined resistances
of the feed side boundary layer and the membrane can be written as

Ji = kou(cib - Ci,,) (4’1)

where k,, is the overall mass transfer coefficient, ¢;, is the concentration of
component i in the bulk feed solution, and ¢;, is the concentration of component
i in the bulk permeate solution. Likewise, the flux across the boundary layer is
also J; and can be written as

Ji = kpe(ci, — ci) 4.2)
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where kp, is the fluid boundary layer mass transfer coefficient, and c;, is the
concentration of component i in the fluid at the feed/membrane interface, and
the flux across the membrane can be written as

Ji = kn(ci, —ci,) (4.3)

where k,, is the mass transfer coefficient of the membrane.

Since the overall concentration drop (c;, — ¢;,) is the sum of the concentration
drops across the boundary layer and the membrane, a simple restatement of the
resistances-in-series model using the terms of Equations (4.1-4.3) is

1 1 1
— =+ — 4.4
kov km * khé ( )

When the fluid layer mass-transfer coefficient (k;) is large, the resistance 1/kp, of
this layer is small, and the overall resistance is determined only by the membrane.
When the fluid layer mass-transfer coefficient is small, the resistance term 1/kp,
is large, and becomes a significant fraction of the total resistance to permeation.
The overall mass transfer coefficient (k,,) then becomes smaller, and the flux
decreases. The boundary layer mass transfer coefficient is thus an arithmetical
fix used to correct the membrane permeation rate for the effect of concentration
polarization. Nothing is revealed about the causes of concentration polarization.

The boundary layer mass-transfer coefficient is known from experiment to
depend on many system properties; this dependence can be expressed as an
empirical relationship of the type

kye = constant Q“h?DYT? ... .. 4.5)

where, for example, Q is the fluid velocity through the membrane module, i
is the feed channel height, D is the solute diffusion coefficient, T is the feed
solution temperature, and so on. Empirical mass-transfer correlations obtained
this way can be used to estimate the performance of a new membrane unit by
extrapolation from an existing body of experimental data [4—7]. However, these
correlations have a limited range of applicability and cannot be used to obtain
a priori estimates of the magnitude of concentration polarization. This approach
also does not provide insight into the dependence of concentration polarization
on membrane properties. A more detailed and more sympathetic description of
the mass-transfer approach is given in Cussler’s monograph [8].

The second approach to concentration polarization, and the one used in this
chapter, is to model the phenomenon by assuming that a thin layer of unmixed
fluid, thickness §, exists between the membrane surface and the well-mixed bulk
solution. The concentration gradients that control concentration polarization form
in this layer. This boundary layer film model oversimplifies the fluid hydrodynam-
ics occurring in membrane modules and still contains one adjustable parameter,
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the boundary layer thickness. Nonetheless this simple model can explain most of
the experimental data.

Boundary Layer Film Model

The usual starting point for the boundary layer film model is illustrated in
Figure 4.2, which shows the velocity profile in a fluid flowing through the chan-
nel of a membrane module. The average velocity of the fluid flowing down the
channel is normally of the order 1-5 m/s. This velocity is far higher than the
average velocity of the fluid flowing at right angles through the membrane, which
is typically 10-20 pwm/s. However, the velocity in the channel is not uniform.
Friction at the fluidl-membrane surface reduces the fluid velocity next to the
membrane to essentially zero; the velocity increases as the distance from the
membrane surface increases. Thus, the fluid flow velocity in the middle of the
channel is high, the flow there is often turbulent, and the fluid is well mixed. The
velocity in the boundary layer next to the membrane is much lower, flow is lami-
nar, and mixing occurs by diffusion. Concentration gradients due to concentration
polarization are assumed to be confined to the boundary layer.

Figure 4.1 shows the concentration gradients that form on either side of a
dialysis membrane. However, dialysis differs from most membrane processes in
that the volume flow across the membrane is usually small. In processes such
as reverse osmosis, ultrafiltration, and gas separation, the volume flow through
the membrane from the feed to the permeate side is significant. As a result
the permeate concentration is typically determined by the ratio of the fluxes of
the components that permeate the membrane. In these processes concentration
polarization gradients form only on the feed side of the membrane, as shown in
Figure 4.3. This simplifies the description of the phenomenon. The few membrane
processes in which a fluid is used to sweep the permeate side of the membrane,

Laminar boundary Iayer)

% _______________
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velocity ) Turbulent region
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4!

Membrane — Laminar boundary layer J/ T

Figure 4.2 Fluid flow velocity through the channel of a membrane module is nonuni-
form, being fastest in the middle and essentially zero adjacent to the membrane. In the
film model of concentration polarization, concentration gradients formed due to transport
through the membrane are assumed to be confined to the laminar boundary layer
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to change the permeate-side concentration from the value set by the ratio of
permeating components, are discussed in the final section of this chapter.

In any process, if one component is enriched at the membrane surface, then
mass balance dictates that a second component is depleted at the surface. By
convention, concentration polarization effects are described by considering the
concentration gradient of the minor component. In Figure 4.3(a), concentration
polarization in reverse osmosis is represented by the concentration gradient of
salt, the minor component rejected by the membrane. In Figure 4.3(b), which
illustrates dehydration of aqueous ethanol solutions by pervaporation, concentra-
tion polarization is represented by the concentration gradient of water, the minor
component that preferentially permeates the membrane.

Volume flow
—_—
Y

(a) Component enriched at membrane surface
(for example, salt in desalination of water by reverse osmosis)

C; <C;
p 'b Cio

b

(b) Component depleted at membrane surface
(for example, water in dehydration of ethanol by pervaporation)
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Figure 4.3 Concentration gradients formed as a result of permeation through a selec-
tive membrane. By convention, concentration polarization is usually represented by the
gradient of the minor component—salt in the reverse osmosis example and water in the
pervaporation example (dehydration of an ethanol solution)
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In the case of desalination of water by reverse osmosis illustrated in Fig-
ure 4.3(a), the salt concentration c¢;, adjacent to the membrane surface is higher
than the bulk solution concentration c;, because reverse osmosis membranes
preferentially permeate water and retain salt. Water and salt are brought toward
the membrane surface by the flow of solution through the membrane J,.! Water
and a little salt permeate the membrane, but most of the salt is rejected by
the membrane and retained at the membrane surface. Salt accumulates at the
membrane surface until a sufficient gradient has formed to allow the salt to
diffuse to the bulk solution. Steady state is then reached.

In the case of dehydration of ethanol by pervaporation illustrated in Fig-
ure 4.3(b), the water concentration c;, adjacent to the membrane surface is lower
than the bulk solution concentration c¢;, because the pervaporation membrane
preferentially permeates water and retains ethanol. Water and ethanol are brought
towards the membrane surface by the flow of solution through the membrane.
Water and a little ethanol permeate the membrane, but most of the ethanol is
retained at the membrane surface. Ethanol accumulates at the membrane surface
until a sufficient gradient has formed to allow it to diffuse back to the bulk
solution. An equal and opposite water gradient must form; thus, water becomes
depleted at the membrane surface.

The formation of these concentration gradients can be expressed in mathe-
matical form. Figure 4.4 shows the steady-state salt gradient that forms across a
reverse osmosis membrane.

The salt flux through the membrane is given by the product of the permeate
volume flux J, and the permeate salt concentration ¢;,. For dilute liquids the
permeate volume flux is within 1 or 2% of the volume flux on the feed side
of the membrane because the densities of the two solutions are almost equal.
This means that, at steady state, the net salt flux at any point within the boundary
layer must also be equal to the permeate salt flux J,c;,. In the boundary layer this
net salt flux is also equal to the convective salt flux towards the membrane J,c;
minus the diffusive salt flux away from the membrane expressed by Fick’s law
(D;dc;/dx). So, from simple mass balance, transport of salt at any point within
the boundary layer can be described by the equation

Jvci - DidCi/dX = Jvcip (46)

where D; is the diffusion coefficient of the salt, x is the coordinate perpendicular
to the membrane surface, and J, is the volume flux in the boundary layer gener-
ated by permeate flow through the membrane. The mass balance equation (4.6)
can be integrated over the thickness of the boundary layer to give the well-known
polarization equation first derived by Brian [9] for reverse osmosis:

Ci, —Ci

—— =exp(/,8/ D)) CX))

C,‘b — C,'p

'In this chapter, the term J, is the volume flux (cm?/cm? - s) through the membrane measured at
the feed-side conditions of the process.
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In the boundary layer J,c;— D;dc;= J\,ts,-p
dx
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Figure 4.4 Salt concentration gradients adjacent to a reverse osmosis desalination mem-
brane. The mass balance equation for solute flux across the boundary layer is the basis
of the film model description of concentration polarization

In this equation, ¢;, is the concentration of solute in the feed solution at the
membrane surface, and § is the thickness of the boundary layer. An alternative
form of Equation (4.7) replaces the concentration terms by an enrichment factor
E, defined as ¢; /c;,. The enrichment obtained in the absence of a boundary layer
E, is then defined as ¢; /c;,, and Equation (4.7) can be written as

1/E, — 1

]/E’i—l = exp(Jv(S/Dl-) (48)

In the case of reverse osmosis, the enrichment factors (E and E,) are less than
1.0, typically about 0.01, because the membrane rejects salt and permeates water.
For other processes, such as dehydration of aqueous ethanol by pervaporation,
the enrichment factor for water will be greater than 1.0 because the membrane
selectively permeates the water.

The increase or decrease of the permeate concentration at the membrane sur-
face c;,, compared to the bulk solution concentration c;,, determines the extent of
concentration polarization. The ratio of the two concentrations, c¢; /c;, is called the
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concentration polarization modulus and is a useful measure of the extent of con-
centration polarization. When the modulus is 1.0, no concentration polarization
occurs, but as the modulus deviates farther from 1.0, the effect of concentration
polarization on membrane selectivity and flux becomes increasingly important.
From the definitions of £ and E,, the concentration polarization modulus is equal
to E/E, and, from Equations (4.7) and (4.8), the modulus can be written as

G, exp(J,8/D;)
1+ E,[exp(J,8/D;) — 1]

(4.9)

Ci,

Depending on the enrichment term (E,) of the membrane, the modulus can
be larger or smaller than 1.0. For reverse osmosis E, is less than 1.0, and the
concentration polarization modulus is normally between 1.1 and 1.5; that is, the
concentration of salt at the membrane surface is 1.1 to 1.5 times larger than it
would be in the absence of concentration polarization. The salt leakage through
the membrane and the osmotic pressure that must be overcome to produce a
flow of water are increased proportionately. Fortunately, modern reverse osmosis
membranes are extremely selective and permeable, and can still produce useful
desalted water under these conditions. In other membrane processes, such as
pervaporation or ultrafiltration, the concentration polarization modulus may be
as large as 5 to 10 or as small as 0.2 to 0.1, and may seriously affect the
performance of the membrane.

Equation (4.9) shows the factors that determine the magnitude of concentration
polarization, namely the boundary layer thickness &, the membrane enrichment
E,, the volume flux through the membrane J,, and the diffusion coefficient of
the solute in the boundary layer fluid D;. The effect of changes in each of these
parameters on the concentration gradients formed in the membrane boundary
layer are illustrated graphically in Figure 4.5 and discussed briefly below.

Of the four factors that affect concentration polarization, the one most easily
changed is the boundary layer thickness §. As § decreases, Equation (4.9) shows
that the concentration polarization modulus becomes exponentially smaller. Thus,
the most straightforward way of minimizing concentration polarization is to
reduce the boundary layer thickness by increasing turbulent mixing at the mem-
brane surface. Factors affecting turbulence in membrane modules are described
in detail in the review of Belfort ef al. [10]. The most direct technique to pro-
mote mixing is to increase the fluid flow velocity past the membrane surface.
Therefore, most membrane modules operate at relatively high feed fluid veloci-
ties. Membrane spacers are also widely used to promote turbulence by disrupting
fluid flow in the module channels, as shown in Figure 4.6 [11]. Pulsing the feed
fluid flow through the membrane module is another technique [12]. However, the
energy consumption of the pumps required and the pressure drops produced place
a practical limit to the turbulence that can be obtained in a membrane module.
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Figure 4.5 The effect of changes in boundary layer thickness §, membrane enrichment
E,, membrane flux J,, and solute diffusion D; on concentration gradients in the stagnant
boundary layer

The membrane’s intrinsic enrichment E, also affects concentration polariza-
tion. If the membrane is completely unselective, E, = 1. The relative concen-
trations of the components passing through the membrane do not change, so
concentration gradients are not formed in the boundary layer. As the difference
in permeability between the more permeable and less permeable components
increases, the intrinsic enrichment E, achieved by the membrane increases, and
the concentration gradients that form become larger. As a practical example, in
pervaporation of organics from water, concentration polarization is much more
important when the solute is toluene (with an enrichment E, of 5000 over water)
than when the solute is methanol (with an enrichment E, less than 5).

Another important characteristic of Equation (4.9) is that the enrichment
E, produced by the membrane, not the intrinsic selectivity «, determines the
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Figure 4.6 Flow dynamics around the spacer netting often used to promote turbulence
in a membrane module and reduce concentration polarization

membrane separation performance and the concentration polarization modulus.
Enrichment and intrinsic selectivity are linked but are not identical. This
distinction is illustrated by the separation of hydrogen from inert gases in
ammonia plant purge gas streams, which typically contain 30 % hydrogen.
Hydrogen is 100 to 200 times more permeable than the inert gases nitrogen,
methane, and argon, so the intrinsic selectivity of the membrane is very high.
The high selectivity means that the membrane permeate is 97 % hydrogen; even
so, the enrichment E, is only 97/30, or 3.3, so the concentration polarization
modulus is small. On the other hand, as hydrogen is removed, its concentration
in the feed gas falls. When the feed gas contains 5 % hydrogen, the permeate
will be 90 % hydrogen and the enrichment 90/5 or 18. Under these conditions,
concentration polarization can affect the membrane performance.

Equation (4.9) shows that concentration polarization increases exponentially as
the total volume flow J, through the membrane increases. This is one of the rea-
sons why modern spiral-wound reverse osmosis membrane modules are operated
at low pressures. Modern membranes have two to five times the water perme-
ability, at equivalent salt selectivities, of the first-generation cellulose acetate
reverse osmosis membranes. If membrane modules containing these new mem-
branes were operated at the same pressures as early cellulose acetate modules,
two to five times the desalted water throughput could be achieved with the same
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number of modules. However, at such high fluxes, spiral-wound modules suffer
from excessive concentration polarization, which leads to increased salt leak-
age and scale formation. For this reason, modern, high permeability modules are
operated at about the same volume flux as the early modules, but at lower applied
pressures. This reduces energy costs.

The final parameter in Equation (4.9) that determines the value of the concen-
tration polarization modulus is the diffusion coefficient D; of the solute away
from the membrane surface. The size of the solute diffusion coefficient explains
why concentration polarization is a greater factor in ultrafiltration than in reverse
osmosis. Ultrafiltration membrane fluxes are usually higher than reverse osmosis
fluxes, but the difference between the values of the diffusion coefficients of the
retained solutes is more important. In reverse osmosis the solutes are dissolved
salts, whereas in ultrafiltration the solutes are colloids and macromolecules. The
diffusion coefficients of these high-molecular-weight components are about 100
times smaller than those of salts.

In Equation (4.9) the balance between convective transport and diffusive trans-
port in the membrane boundary layer is characterized by the term J,6/D;. This
dimensionless number represents the ratio of the convective transport J, and
diffusive transport D;/§ and is commonly called the Peclet number. When the
Peclet number is large (J, > D;/§), the convective flux through the membrane
cannot easily be balanced by diffusion in the boundary layer, and the concentra-
tion polarization modulus is large. When the Peclet number is small (J, < D;/§),
convection is easily balanced by diffusion in the boundary layer, and the con-
centration polarization modulus is close to unity.

Wijmans et al. [13] calculated the concentration polarization modulus using
Equation (4.9) as a function of the Peclet number J,8/D; that is, the varying
ratio of convection to diffusion. The resulting, very informative plot is shown
in Figure 4.7. This figure is divided into two regions depending on whether
the concentration polarization modulus, ¢; /c;,, is smaller or larger than 1. The
polarization modulus is smaller than 1 when the permeating minor component
is enriched in the permeate. In this case, the component becomes depleted in
the boundary layer, for example, in the dehydration of ethanol by pervaporation
shown in Figure 4.3(b). The polarization modulus is larger than 1 when the per-
meating minor component is depleted in the permeate. In this case, the component
is enriched in the boundary layer, for example, in the reverse osmosis of salt solu-
tions shown in Figure 4.3(a). As might be expected, the concentration polarization
modulus deviates increasingly from unity as the Peclet number increases. At high
values of the ratio J,,6/D;, the exponential term in Equation (4.9) increases toward
infinity, and the concentration polarization modulus ¢; /c;, approaches a limiting
value of 1/E,.

A striking feature of Figure 4.7 is its asymmetry with respect to enrichment
and rejection of the minor component by the membrane. This means that, under
comparable conditions, concentration polarization is much larger when the minor
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Figure 4.7 Concentration polarization modulus c;,/c;, as a function of the Peclet number
Jy8/D; for a range of values of the intrinsic enrichment factor E,. Lines calculated through
Equation (4.9). This figure shows that components that are enriched by the membrane
(E, > 1) are affected more by concentration polarization than components that are rejected
by the membrane (E, < 1) [13]

component of the feed is preferentially permeated by the membrane than when
it is rejected. This follows from the form of Equation (4.9). Consider the case
when the Peclet number J,6/D; is 1. The concentration polarization modulus
expressed by Equation (4.9) then becomes

Ci, exp(l) _ 2.72
ci, 1+ Eexp(1)—1]1 1+ E,(1.72)

(4.10)

For components rejected by the membrane (E, < 1) the enrichment E, produced
by the membrane lies between 1 and 0. The concentration polarization modulus
ci,lci, then lies between 1 (no concentration polarization) and a maximum value
of 2.72. That is, the flux of the less permeable component cannot be more than
2.72 times higher than that in the absence of concentration polarization. In con-
trast, for a component enriched by the membrane in the permeate (£, > 1), no
such limitation on the magnitude of concentration polarization exists. For dilute
solutions (c;, small) and selective membranes, the intrinsic enrichment can be
100 to 1000 or more. The concentration polarization modulus can then change
from 1 (no concentration polarization) to close to zero (complete concentration
polarization). These two cases are illustrated in Figure 4.8.

Determination of the Peclet Number

Equation (4.9) and Figure 4.7 are powerful tools to analyze the importance of
concentration polarization in membrane separation processes. However, before
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Figure 4.8 Concentration gradients that form adjacent to the membrane surface for
components (a) rejected or (b) enriched by the membrane. The Peclet number, character-
izing the balance between convection and diffusion in the boundary layer, is the same
Jy8/D; = 1. When the component is rejected, the concentration at the membrane sur-
face ¢;, cannot be greater than 2.72¢;,, irrespective of the membrane selectivity. When
the minor component permeates the membrane, the concentration at the membrane sur-
face can decrease to close to zero, so the concentration polarization modulus becomes
very small

these tools can be used, the appropriate value to be assigned to the Peclet num-
ber J,8/D; must be determined. The volume flux J, through the membrane is
easily measured, so determining the Peclet number then becomes a problem of
measuring the coefficient D;/§.

One approach to the boundary layer problem is to determine the ratio D;/§
experimentally. This can be done using a procedure first proposed by Wilson [14].
The starting point for Wilson’s approach is Equation (4.8), which can be writ-

ten as | |
In (1 - E) —In (1 - E—) — J,8/D; @.11)

The boundary layer thickness § in Equation (4.11) is a function of the feed
solution velocity # in the module feed flow channel; thus, the term 8/D; can be
expressed as

2 ko 4.12)
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where u is the superficial velocity in the feed flow channel and k, and n are
constants. Equation (4.11) can then be rewritten as

1 1 Jy
Infl——=)=In{1-—)— (4.13)
E E, kou™

Equation (4.13) can be used to calculate the dependence of pervaporation system
performance on concentration polarization. One method is to use data obtained
with a single module operated at various feed solution velocities. A linear regres-
sion analysis is used to fit data obtained at different feed velocities to obtain an
estimate for k, and E,; the exponent n is adjusted to minimize the residual error.
Figure 4.9 shows some data obtained in pervaporation experiments with dilute
aqueous toluene solutions and silicone rubber membranes [15]. Toluene is con-
siderably more permeable than water through these membranes. In Figure 4.9,
when the data were regressed, the best value for n was 0.96. The values of E,,,
the intrinsic enrichment of the membrane, and k, obtained by regression analysis
are 3600 and 7.1 x 107#, respectively. The boundary layer coefficient, D;/§ is
given by

D;
5 = 7.1 x 10743996 (4.14)

where u is the superficial velocity in the module.
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Figure 4.9 Derivation of the mass transfer coefficient by Wilson’s method. Toluene/water
enrichments are plotted as a function of feed solution superficial velocity in pervaporation
experiments. Enrichments were measured at different feed solution superficial velocities
with spiral-wound membrane modules [15]
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A second method of determining the coefficient (D;/§) and the intrinsic enrich-
ment of the membrane E, is to use Equation (4.11). The term In(1 — 1/E) is
plotted against the permeate flux measured at constant feed solution flow rates
but different permeate pressures or feed solution temperatures. This type of plot
is shown in Figure 4.10 for data obtained with aqueous trichloroethane solutions
in pervaporation experiments with silicone rubber membranes.

The coefficients D;/§ obtained at each velocity in Figure 4.10 can then be
plotted as a function of the feed superficial velocity. The data show that the ratio
D; /5 varies with the superficial velocity according to the equation

D;/8 =9 x 107" (4.15)

From Equations (4.14) and (4.15), the value of the term D;/§ at a fluid velocity of
30 cm/s is 1.6—1.8 x 1072 cm/s. Based on a trichloroethane diffusion coefficient
in the boundary layer of 2 x 107> cm?/s, this yields a boundary layer thickness
of 10—15 pm. This boundary layer thickness is in the same range as values
calculated for reverse osmosis with similar modules.
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Figure 4.10 Trichloroethane enrichment [In(1 — 1/E)] as a function of permeate flux
J, in pervaporation experiments with silicone rubber membranes in spiral-wound modules
using solutions of 100 ppm trichloromethane in water [15]. Feed solution flow rates are
shown
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Concentration Polarization in Liquid Separation Processes

The effect of concentration polarization on specific membrane processes is dis-
cussed in the individual application chapters. However, a brief comparison of
the magnitude of concentration polarization is given in Table 4.1 for processes
involving liquid feed solutions. The key simplifying assumption is that the bound-
ary layer thickness is 20 wm for all processes. This boundary layer thickness is
typical of values calculated for separation of solutions with spiral-wound modules
in reverse osmosis, pervaporation, and ultrafiltration. Tubular, plate-and-frame,
and bore-side feed hollow fiber modules, because of their better flow velocities,
generally have lower calculated boundary layer thicknesses. Hollow fiber modules
with shell-side feed generally have larger calculated boundary layer thicknesses
because of their poor fluid flow patterns.

Table 4.1 shows typical enrichments and calculated Peclet numbers for mem-
brane processes with liquid feeds. In this table it is important to recognize the
difference between enrichment and separation factor. The enrichments shown are
calculated for the minor component. For example, in the dehydration of ethanol,
a typical feed solution of 96 % ethanol and 4 % water yields a permeate con-
taining about 80 % water; the enrichment, that is, the ratio of the permeate to
feed concentration, is about 20. In Figure 4.11, the calculated Peclet numbers
and enrichments shown in Table 4.1 are plotted on the Wijmans graph to show
the relative importance of concentration polarization for the processes listed.

Table 4.1 Representative values of the concentration polarization modulus calculated for
a variety of liquid separation processes. For these calculations a boundary layer thickness
of 20 wm, typical of that in most spiral-wound membrane modules, is assumed

Process Typical Typical flux Diffusion  Peclet Concentration
enrichment, [in engineering coefficient number, polarization
E, units and as J, (107 cm?/s) J,8/D; modulus
(1073 cm/s)] [Equation (4.9)]
Reverse osmosis
Seawater 0.01 30 gal/ft® - day(1.4) 10 0.28 1.3
desalination
Brackish water 0.01 50 gal/ft® - day(2.3) 10 0.46 1.5
desalination
Ultrafiltration
Protein separation 0.01 30 gal/ft® - day(1.4) 0.5 5.6 70
Pervaporation
Ethanol 20 0.1 kg/m? - h(0.003) 20 0.0003 1.0
dehydration
VOC from water 2000 1.0 kg/m2 -h(0.03) 20 0.003 0.14

Coupled transport
Copper from water 1000 60 mg/cm? - min(0.001) 10 0.0002 0.8
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Figure 4.11 Peclet numbers and intrinsic enrichments for the membrane separation pro-
cesses shown in Table 4.1 superimposed on the concentration polarization plot of Wijmans
et al. [13]

In coupled transport and solvent dehydration by pervaporation, concentration
polarization effects are generally modest and controllable, with a concentration
polarization modulus of 1.5 or less. In reverse osmosis, the Peclet number of
0.3-0.5 was calculated on the basis of typical fluxes of current reverse osmosis
membrane modules, which are 30- to 50-gal/ft> - day. Concentration polarization
modulus values in this range are between 1.0 and 1.5.

Figure 4.11 shows that ultrafiltration and pervaporation for the removal of
organic solutes from water are both seriously affected by concentration polar-
ization. In ultrafiltration, the low diffusion coefficient of macromolecules pro-
duces a concentration of retained solutes 70 times the bulk solution volume
at the membrane surface. At these high concentrations, macromolecules pre-
cipitate, forming a gel layer at the membrane surface and reducing flux. The
effect of this gel layer on ultrafiltration membrane performance is discussed in
Chapter 6.

In the case of pervaporation of dissolved volatile organic compounds (VOCs)
from water, the magnitude of the concentration polarization effect is a function
of the enrichment factor. The selectivity of pervaporation membranes to dif-
ferent VOCs varies widely, so the intrinsic enrichment and the magnitude of
concentration polarization effects depend strongly on the solute. Table 4.2 shows
experimentally measured enrichment values for a series of dilute VOC solutions
treated with silicone rubber membranes in spiral-wound modules [15]. When
these values are superimposed on the Wijmans plot as shown in Figure 4.12,
the concentration polarization modulus varies from 1.0, that is, no concentration
polarization, for isopropanol, to 0.1 for trichloroethane, which has an enrichment
of 5700.
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Table 4.2 Enrichment factors measured for the
pervaporation of VOCs from dilute solutions with
silicone rubber spiral-wound modules

Solute Enrichment (E,)
Trichloroethylene 5700
Toluene 3600
Ethyl acetate 270
Isopropanol 18
Ethyl Isopropanol
acetate N — [

Toluene

10-1

Concentration polarization modulus, c,o/c,-b

10-2
104 10-3 102
Peclet number, J,8/D;

Figure 4.12 A portion of the Wijmans plot shown in Figure 4.7 expanded to illus-
trate concentration polarization in pervaporation of dilute aqueous organic solutions. With
solutes such as toluene and trichloroethylene, high intrinsic enrichments produce severe
concentration polarization. Concentration polarization is much less with solutes such as
ethyl acetate (enrichment 270), and is essentially eliminated with isopropanol (enrichment
18) [15]

Concentration Polarization in Gas Separation Processes

Concentration polarization in gas separation processes has not been widely stud-
ied, and the effect is often assumed to be small because of the high diffusion coef-
ficients of gases. However, the volume flux of gas through the membrane is also
high, so concentration polarization effects are important for several processes.
In calculating the expression for the concentration polarization modulus of
gases, the simplifying assumption that the volume fluxes on each side of the
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membrane are equal cannot be made. The starting point for the calculation is the
mass-balance Equation (4.6), which for gas permeation is written

Dl'dC,'
Ci — =J

‘]Uf dx Up

¢, (4.16)

where J,, is the volume flux of gas on the feed side of the membrane and J,,
is the volume flux on the permeate side. These volume fluxes (cm?/cm? - s) can
be linked by correcting for the pressure on each side of the membrane using
the expression

Jv,Po = Ju, Pe (4.17)

where p, and p, are the gas pressures on the feed and permeate sides of the
membrane. Hence,

Po
Jo,— =Ty, 0 =, (4.18)
DPe

where ¢ is the pressure ratio p,/p, across the membrane. Substituting Equation
(4.18) into Equation (4.16) and rearranging gives

dC,’
—Dig s =Juy (@i, —c) (4.19)

Integrating across the boundary layer thickness, as before, gives

o o — ¢ J,,8
/9 =Gy _ exp( d ) (4.20)
Cib/(p — G, D

For gases, the enrichment terms, £ and E,, are most conveniently expressed in
volume fractions, so that

Ci, Po _ Ci
= ol _Th, 4.21)

E, =
Pe G, Ci,

and A A
E=—"L.—=-"L.9¢ (4.22)

Equation (4.20) can then be written as

Jy, 0 1-1/E,
exp = 4.23)
D; 1-1/E

which on rearranging gives

exp(Jy,8/D;)

E/E,=ci/ci, =
/B0 = ci/ci, 1+ Eolexp(Jy,8/Di) — 1]

(4.24)
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CO,/CH,

1.0
Eo=1

0.8

VOC/Air

Concentration polarization modulus c,»o/c,-b

. 10 100 1000 10 000
Peclet number (Jy,8/D;) x 104

Figure 4.13 A portion of the Wijmans plot shown in Figure 4.7 expanded to illustrate
concentration polarization in some important gas separation applications

Equation (4.24) has the same form as the expression for the concentration polar-
ization modulus of liquids, Equation (4.9).

Equation (4.24) can be used to calculate the expected concentration polar-
ization modulus for some of the better-known gas separation applications. The
results of the calculations are tabulated in Table 4.3 and shown on a Wijmans
plot in Figure 4.13. To obtain agreement between these calculations and indus-
trial experience [16,17], it is necessary to assume the boundary layer thickness
in gases is far greater than in liquids. In the calculations of Peclet numbers listed
in Table 4.3 a boundary layer thickness of 2000 pm is used, 100 times larger
than the value used in similar calculations for the Peclet number for liquid sep-
aration processes given in Table 4.1. A boundary layer thickness this large does
not seem physically reasonable and in some cases is more than the membrane
channel width. The reason for this huge difference between gases and liquids
may be related to the difference in the densities of these fluids. Channeling,
in which a portion of the feed gas completely bypasses contact with the mem-
brane through some flow maldistribution in the module, can also reduce module
efficiency in a way that is difficult to separate from concentration polarization.
Channeling is much more noticeable in gas permeation modules than in liquid
permeation modules.
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Cross-flow, Co-flow and Counter-flow

In the discussion of concentration polarization to this point, the assumption is
made that the volume flux through the membrane is large, so the concentration on
the permeate side of the membrane is determined by the ratio of the component
fluxes. This assumption is almost always true for liquid separation processes,
such as ultrafiltration or reverse osmosis, but must be modified in a few gas
separation and pervaporation processes. In these processes, a lateral flow of gas
is sometimes used to change the composition of the gas on the permeate side
of the membrane. Figure 4.14 illustrates a laboratory gas permeation experiment
using this effect. As the pressurized feed gas mixture is passed over the membrane
surface, certain components permeate the membrane. On the permeate side of the
membrane, a lateral flow of helium or other inert gas sweeps the permeate from
the membrane surface. In the absence of the sweep gas, the composition of the
gas mixture on the permeate side of the membrane is determined by the flow
of components from the feed. If a large flow of sweep gas is used, the partial

(a) Feed

N N N N

No sweep gas flow

Membrane
Sweep gas
- ) )] S . (helium)
(b) Feed Permeate
boundary boundary
layer layer
I I
Permeate I I
gas activity | |
profile I
| \\ | Permeate
| concentration
| gradient
|
I

I

I

I

I

I I

| Some sweep gas flow

' Large sweep gas flow

Figure 4.14 (a) Flow schematic of permeation using a permeate-side sweep gas some-
times used in laboratory gas separation and pervaporation experiments. (b) The concen-
tration gradients that form on the permeate side of the membrane depend on the volume of
sweep gas used. In laboratory experiments a large sweep-gas-to-permeate-gas flow ratio
is used, so the concentration of permeate at the membrane surface is very low
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pressure of the permeating components on the permeate side of the membrane is
reduced to a low value. The difference in partial pressure of the permeating gases
from the feed to the permeate side of the membrane is thereby increased, and the
flow across the membrane increases proportionately. Sweep gases are sometimes
used in gas permeation and pervaporation laboratory experiments. The sweep
gas is generally helium and the helium/permeate gas mixture is fed to a gas
chromatograph for analysis.

The drawback of using an external permeate-side sweep gas to lower the partial
pressure on the permeate side of the membrane for an industrial process is that
the sweep gas and permeating component must subsequently be separated. In
some cases this may not be difficult; some processes that have been suggested
but rarely used are shown in Figure 4.15. In these examples, the separation of
the sweep gas and the permeating component is achieved by condensation. If the
permeating gas is itself easily condensed, an inert gas such as nitrogen can be used
as the sweep [18]. An alternative is a condensable vapor such as steam [19-21].

In the examples illustrated in Figures 4.14 and 4.15, the sweep gas is an inert
gas that is unlike the permeating components. However, the sweep gas could be a
mixture of the permeating components at a different composition. An example of
this type of process is shown schematically in Figure 4.16, which illustrates the
separation of nitrogen from air using a membrane that preferentially permeates
oxygen. The feed air, containing approximately 20 vol% oxygen, is introduced
under pressure at one end of the module. The permeate gas at this end of the
module typically contains about 50 vol% oxygen (at a lower pressure). As the
feed gas travels down the membrane module it becomes increasingly depleted in
oxygen (enriched in nitrogen) and leaves the module as a residue gas containing
99 % nitrogen. The permeate gas at this end of the module contains about 5 vol%
oxygen and 95 vol% nitrogen. If this gas is directed to flow counter to the incom-
ing feed gas, as shown in Figure 4.16, the effect is to sweep the permeate side
of the membrane with a flow of oxygen-depleted, nitrogen-enriched gas. This is
beneficial because the oxygen gradient through the membrane is increased, which
increases its flux through the membrane. Simultaneously the nitrogen gradient is
decreased, which decreases its flux through the membrane. An opposite negative
result would result if the permeate gas were moved in the same direction as the
feed gas (that is co-flow). This would have the effect of sweeping the permeate
side of the membrane with oxygen-enriched gas.

The cross-, co- and counter-flow schemes are illustrated in Figure 4.17, together
with the concentration gradient across a median section of the membrane. It fol-
lows from Figure 4.17 that system performance can be improved by operating
a module in an appropriate flow mode (generally counter-flow). However, such
improvements require that the concentration at the membrane permeate surface
equals the bulk concentration of the permeate at that point. This condition cannot
be met with processes such as ultrafiltration or reverse osmosis in which the per-
meate is a liquid. In these processes, the selective side of the membrane faces the
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Gas mixture
(A,B) Component B

Inert gas
(N2)

Condenser
Separation of a condensable

vapor (A) from a mixture using
an inert gas sweep (e.g. No) [18]

Two-phase

Component A separator

Gas mixture
(A,B) Component B

Steam

Condenser Evaporator

Separation of a noncondensable
gas (A) from a mixture using a
condensable vapor sweep

(e.g. steam) [19]

Two-phase
separator

O

Gas A

Organic mixture
(A,B) Component B

Steam

Condenser Evaporator

Separation of an organic vapor
mixture with an immiscible sweep
gas (e.g. steam) [20,21]

Three-phase
separator

O

Figure 4.15 Sweep gas systems proposed for industrial processes

Liquid A

feed solution, and a microporous support layer faces the permeate. Concentra-
tion gradients easily build up in this boundary layer, completely outweighing the
benefit of counter-flow. Thus, counter-flow (sweep) module designs are limited
to gas separation and pervaporation processes. In these processes the permeate
is a gas, and permeate-side concentration gradients are more easily controlled
because diffusion coefficients in gases are high.
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20% Oy 1% Oy

80% Ny > ~ ~ ~ ~ > 99% N,

J J J J

Mole fraction O,: 0.5 Mole fraction O,: 0.05
Mole fraction No: 0.5 Mole fraction No: 0.95

Figure 4.16 An illustration of a counter-flow module for the separation of nitrogen
from air. Directing the permeate to flow counter to the feed sweeps the permeate side of
the membrane with a flow of oxygen-depleted gas. This increases the oxygen flux and
decreases the nitrogen flux through the membrane

(a) Cross-flow

_ Feed Permeate
Feed 55 Residue boundary boundary
layer layer

|
Permeate |

I
(b) Co-flow :
| Concentration gradients
I
I
I

Feed Residue
@' Permeate
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| component
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(c) Counter-flow | } S i
ross-flow
Feed T T Residue | |
1V | | Counter-flow
2 T .
Permeate Membrane

Figure 4.17 (a) Cross-, (b) co- and (c) counter-flow schemes in a membrane module
and the changes in the concentration gradients that occur across a median section of the
membrane

The benefit obtained from counter-flow depends on the particular separa-
tion, but it can often be substantial, particularly in gas separation and per-
vaporation processes. A comparison of cross-flow, counter-flow, and counter-
flow/sweep for the same membrane module used to dehydrate natural gas is
shown in Figure 4.18. Water is a smaller molecule and much more condens-
able than methane, the main component of natural gas, so membranes with a
water/methane selectivity of 400—-500 are readily available. In the calculations
shown in Figure 4.18, the membrane is assumed to have a pressure-normalized
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(a) Cross-flow module
1MMscfd Dry gas

Permeate gas
50 psia
6 140 ppm H,O

(b) Counter-flow module 1MMscfd Dry gas

1000 psia 61 m2 100 ppm H,O
1000 ppm H,O SSSSSSSSSSe~

Permeate gas
50 psia
13 300 ppm H,O

(c) Counter-flow/sweep

module 1 MMscfd Dry gas

1000 psia 100 ppm H>0
1000 ppm H,O

—

Permeate gas
50 psia
13 000 ppm H-O

Figure 4.18 Comparison of (a) cross-flow, (b) counter-flow and (c) counter-flow sweep
module performance for the separation of water vapor from natural gas. Pressure-
normalized methane flux: 5 x 107%cm?(STP)/cm? - s - cmHg; membrane selectivity,
water/methane: 200

methane flux of 5 x 107® cm?(STP)/cm? - s - cmHg and a water/methane selec-
tivity of 200. Counter-flow/sweep modules have a substantial advantage in this
separation because the separation is completely pressure-ratio-limited.?

2The importance of the pressure ratio in separating gas mixtures can be illustrated by considering the
separation of a gas mixture with component concentrations (mol%) n;, and n;, at a feed pressure of
Po- A flow of component across the membrane can only occur if the partial pressure of component
i on the feed side of the membrane, n;, p,, is greater than the partial pressure of component i on the
permeate side of the membrane, n;, p;. That is

ni,Po = Nj, Pe
It follows that the maximum enrichment achieved by the membrane can be expressed as

i _ Po
nj, P
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In the cross-flow module illustrated in Figure 4.18(a) the average concentration
of water on the feed side of the membrane as it decreases from 1000 to 100 ppm
is 310 ppm (the log mean). The pooled permeate stream has a concentration
of 6140 ppm. The counter-flow module illustrated in Figure 4.18(b) performs
substantially better, providing a pooled permeate stream with a concentration of
13300 ppm. Not only does the counter-flow module perform a two-fold better
separation, it also requires only about half the membrane area.

In the case of the counter-flow/sweep membrane module illustrated in
Figure 4.18(c) a portion of the dried residue gas stream is expanded across a
valve and used as the permeate-side sweep gas. The separation obtained depends
on how much gas is used as a sweep. In the calculation illustrated, 5 % of the
residue gas is used as a sweep; even so the result is dramatic. The concentration
of water vapor in the permeate gas is 13 000 ppm, almost the same as the perfect
counter-flow module shown in Figure 4.18(b), but the membrane area required
to perform the separation is one-third of the counter-flow case. Mixing separated
residue gas with the permeate gas improves the separation! The cause of this
paradoxical result is illustrated in Figure 4.19 and discussed in a number of
papers by Cussler et al. [16].

Figure 4.19(a) shows the concentration of water vapor on the feed and perme-
ate sides of the membrane module in the case of a simple counter-flow module.
On the high-pressure side of the module, the water vapor concentration in the
feed gas drops from 1000 ppm to about 310 ppm halfway through the module
and to 100 ppm at the residue end. The graph directly below the module drawing
shows the theoretical maximum concentration of water vapor on the permeate
side of the membrane. This maximum is determined by the feed-to-permeate
pressure ratio of 20 as described in the footnote to page 186. The actual calcu-
lated permeate-side concentration is also shown. The difference between these
two lines is a measure of the driving force for water vapor transport across the
membrane. At the feed end of the module, this difference is about 1000 ppm,
but at the permeate end the difference is only about 100 ppm.

Figure 4.19(b) shows an equivalent figure for a counter-flow module in which
5 % of the residue gas containing 100 ppm water vapor is expanded to 50 psia
and introduced as a sweep gas. The water vapor concentration in the permeate gas
at the end of the membrane then falls from 1900 ppm to 100 ppm, producing
a dramatic increase in water vapor permeation through the membrane at the
residue end of the module. The result is a two-thirds reduction in the size of
the module.

This means that the enrichment can never exceed the pressure ratio of p,/p¢, no matter how
selective the membrane. In the example above, the maximum water vapor enrichment across the
membrane is 20 (1000 psia/50 psia) even though the membrane is 200 times more permeable to
water than methane.
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Conclusions and Future Directions

Few membrane processes are unaffected by concentration polarization, and the
effect is likely to become more important as membrane materials and mem-
brane fabrication techniques improve. As membrane flux and selectivity increase
concentration polarization effects become exponentially larger. In the laboratory,
concentration polarization is controlled by increasing the turbulence of the feed
fluid. However, in industrial systems this approach has practical limits. In ultra-
filtration and electrodialysis, for example, liquid recirculation pumps are already
a major portion of the plant’s capital cost and consume 20 to 40 % of the power
used for the separation. The best hope for minimizing concentration polarization
effects lies in improving membrane module design, understanding the basis for
the choice of channel spacer materials, and developing methods of controlling
the feed fluid flow in the module. Unfortunately, this type of work is generally
performed in membrane system manufacturing companies and is not well covered
in the open literature.
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5 REVERSE OSMOSIS

Introduction and History

Reverse osmosis is a process for desalting water using membranes that are per-
meable to water but essentially impermeable to salt. Pressurized water containing
dissolved salts contacts the feed side of the membrane; water depleted of salt is
withdrawn as a low-pressure permeate. The ability of membranes to separate
small solutes from water has been known for a very long time. Pfeffer, Traube
and others studied osmotic phenomena with ceramic membranes as early as the
1850s. In 1931 the process was patented as a method of desalting water, and the
term reverse osmosis was coined [1]. Modern interest dates from the work of Reid
and Breton, who in 1959 showed that cellulose acetate films could perform this
type of separation [2]. Their films were 5—20 pm thick so fluxes were very low
but, by pressurizing the feed salt solution to 1000 psi, they obtained salt removals
of better than 98 % in the permeate water. The breakthrough discovery that made
reverse osmosis a practical process was the development of the Loeb—Sourirajan
anisotropic cellulose acetate membrane [3]. This membrane had 10 times the flux
of the best membrane of Reid and Breton and equivalent rejections. With these
membranes, water desalination by reverse osmosis became a potentially practical
process, and within a few years small demonstration plants were installed. The
first membrane modules were tubular or plate-and-frame systems, but Westmore-
land, Bray, and others at the San Diego Laboratories of Gulf General Atomics
(the predecessor of Fluid Systems Inc.) soon developed practical spiral-wound
modules [4,5]. Later, Du Pont [6], building on the earlier work of Dow, intro-
duced polyaramide hollow fine fiber reverse osmosis modules under the name
Permasep®.

Anisotropic cellulose acetate membranes were the industry standard through
the 1960s to the mid-1970s, until Cadotte, then at North Star Research, developed
the interfacial polymerization method of producing composite membranes [7].
Interfacial composite membranes had extremely high salt rejections, combined
with good water fluxes. Fluid Systems introduced the first commercial interfacial
composite membrane in 1975. The construction of a large seawater desalination
plant at Jiddah, Saudi Arabia using these membranes was a milestone in reverse
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osmosis development [8]. Later, at FilmTec, Cadotte developed a fully aromatic
interfacial composite membrane based on the reaction of phenylene diamine and
trimesoyl chloride [9,10]. This membrane has become the new industry standard.
The most recent development, beginning in the mid-1980s, was the introduction
of low-pressure nanofiltration membranes by all of the major reverse osmosis
companies [11,12]. These membranes are used to separate trace amounts of salts
and other dissolved solutes from already good-quality water to produce ultra-
pure water for the electronics industry. An important recent advance by Grace
Davison working with Mobil Oil, now ExxonMobil, is the development of a
reverse osmosis (hyperfiltration) process to separate a solution of methyl ethyl
ketone and lube oil. A plant installed at a Beaumont, Texas, refinery in 1998
was the first large-scale use of pressure-driven membranes to separate organic
solvent mixtures.

Currently, approximately one billion gal/day of water are desalted by reverse
osmosis. Half of this capacity is installed in the United States, Europe, and Japan,
principally to produce ultrapure industrial water. The remainder is installed in
the Middle East and other desert regions to produce municipal drinking water
from brackish groundwater or seawater. In recent years, the interfacial com-
posite membrane has displaced the anisotropic cellulose acetate membrane in
most applications. Interfacial composite membranes are supplied in spiral-wound
module form; the market share of hollow fiber membranes is now less than

Desalination capability of cellulose acetate film demonstrated
Breton and Reid - 1959

___ Asymmetric cellulose acetate membrane developed
Loeb and Sourirajan - 1962

First practical spiral-wound module
General Atomics - 1963

First commercially successful hollow fiber module
Du Pont - 1967

Interfacial composite membrane developed
Cadotte - 1972

Low pressure nanofiltration membrane
widely available Fluid Systems,
Nitto Denko, FilmTec - 1986

1960 1970 1980 1990 2000
First commercial —T 1— First fully aromatic thin
interfacial composite film composite (FT-30) Grace-Davison and
Riley at Fluid Systems Cadotte - 1978 Mobil install first large
Jiddah seawater plant hyperfiltration solvent
installed - 1975 separation plant

Beaumont Texas
refinery - 1998

Figure 5.1 Milestones in the development of reverse osmosis
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10 % of new installed capacity and shrinking [13]. Tubular and plate-and-frame
systems, which are only competitive for small niche applications involving par-
ticularly highly fouling water, have less than 5% of the market. Some of the
milestones in the development of the reverse osmosis industry are summarized
in Figure 5.1.

Theoretical Background

Salt and water permeate reverse osmosis membranes according to the solution-
diffusion transport mechanism are described in Chapter 2. The water flux, J;,
is linked to the pressure and concentration gradients across the membrane by
the equation

Ji = A(Ap — Am) (5.1)

where Ap is the pressure difference across the membrane, Ax is the osmotic
pressure differential across the membrane, and A is a constant. As this equation
shows, at low applied pressure, when Ap < Am, water flows from the dilute to
the concentrated salt-solution side of the membrane by normal osmosis. When
Ap = Am, no flow occurs, and when the applied pressure is higher than the
osmotic pressure, Ap > Am, water flows from the concentrated to the dilute
salt-solution side of the membrane.

The salt flux, J;, across areverse osmosis membrane is described by the equation

Jj = B(Cja — le,) (52)

where B is the salt permeability constant and c¢;, and c;,, respectively, are the
salt concentrations on the feed and permeate sides of the membrane. The con-
centration of salt in the permeate solution (c;,) is usually much smaller than the
concentration in the feed (c;,), so equation (5.2) can be simplified to

Jj = BCj" (53)

It follows from these two equations that the water flux is proportional to the
applied pressure, but the salt flux is independent of pressure. This means that
the membrane becomes more selective as the pressure increases. Selectivity can
be measured in a number of ways, but conventionally, it is measured as the salt
rejection coefficient R, defined as

R — [1 — i} x 100 % (5.4)

Co
The salt concentration on the permeate side of the membrane can be related to

the membrane fluxes by the expression

J:
Cj, = TJ X P (55)
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where p; is the density of water (g/cm3). By combining equations (5.1) to (5.5),
the membrane rejection can be expressed as

_ |: pi+ B }
R=|1————|x100% (5.6)
A(Ap — Am)

The effects of the most important operating parameters on membrane water
flux and salt rejection are shown schematically in Figure 5.2 [14]. The effect
of feed pressure on membrane performance is shown in Figure 5.2(a). As pre-
dicted by Equation (5.1), at a pressure equal to the osmotic pressure of the feed
(350 psi), the water flux is zero; thereafter, it increases linearly as the pressure
is increased. The salt rejection also extrapolates to zero at a feed pressure of
350 psi as predicted by Equation (5.6), but increases very rapidly with increased
pressure to reach salt rejections of more than 99 % at an applied pressure of
700 psi (twice the feed solution osmotic pressure).

The effect of increasing the concentration of salt in the feed solution on mem-
brane performance is illustrated in Figure 5.2(b). Increasing the salt concentration
effectively increases the osmotic pressure term in Equation (5.1); consequently,
at a constant feed pressure, the water flux falls with increasing salt concentration
at a feed pressure of 1000 psi. The water flux approaches zero when the salt con-
centration is about 10 wt%, at which point the osmotic pressure equals the applied
hydrostatic pressure. The salt rejection also extrapolates to zero rejection at this
point but increases rapidly with decreasing salt concentration. Salt rejections of
more than 99 % are reached at salt concentrations below 6 %, corresponding to
a net applied pressure of about 400 psi.

The effect of temperature on salt rejection and water flux illustrated in Fig-
ure 5.2(c) is more complex. Transport of both salt and water represented by Equa-
tions (5.1) and (5.3) is an activated process, and both increase exponentially with
increasing temperature. As Figure 5.2(c) shows, the effect of temperature on the
water flux of membranes is quite dramatic: the water flux doubles as the temper-
ature is increased by 30 °C. However, the effect of temperature on the salt flux is
even more marked. This means that the salt rejection coefficient, proportional to the
ratio B/ A in Equation (5.6), actually declines slightly as the temperature increases.

Measurements of the type shown in Figure 5.2 are typically obtained with
small laboratory test cells. A typical test system is illustrated in Figure 5.3. Such
systems are often used in general membrane quality control tests with a number
of cells arranged in series through which fluid is pumped. The system is usually
operated with a test solution of 0.2 to 1.0 % sodium chloride at pressures ranging
from 150 to 600 psi. The storage tank and flow recirculation rate are made large
enough that changes in concentration of the test solution due to loss of permeate
can be ignored.

Some confusion can occur over the rejection coefficients quoted by membrane
module manufacturers. The intrinsic rejection of good quality membranes mea-
sured in a laboratory test system might be in the range 99.5 to 99.7 %, whereas
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Figure 5.2 Effect of pressure, feed salt concentration and feed temperature on the prop-
erties of good quality seawater desalination membranes (SW-30) [14]
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Figure 5.3 Flow schematic of a high-pressure laboratory reverse osmosis test system

the same membrane in module form may have a salt rejection of 99.4 to 99.5 %.
This difference is due to small membrane defects introduced during module pro-
duction and to concentration polarization, which has a small but measurable
effect on module rejection. Manufacturers call the module value the nominal
rejection. However, manufacturers will generally only guarantee a lower figure,
for example, 99.3 % for the initial module salt rejection to take into account
variations between modules. To complicate matters further, module performance
generally deteriorates slowly during the 1- to 3-year guaranteed module lifetime
due to membrane compaction, membrane fouling, and membrane degradation
from hydrolysis, chlorine attack, or membrane cleaning. A decrease in the mem-
brane flux by 20 % over the 3-year lifetime of typical modules is not unusual, and
the rejection can easily fall by 0.2—0.3 %. Reverse osmosis system manufacturers
allow for this decline in performance when designing systems.

Membranes and Materials

A number of membrane materials and membrane preparation techniques have
been used to make reverse osmosis membranes. The target of much of the early
work was seawater desalination (approximately 3.5 wt% salt), which requires
membranes with salt rejections of greater than 99.3 % to produce an acceptable
permeate containing less than 500 ppm salt. Early membranes could only meet
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this target performance when operated at very high pressures, up to 1500 psi. As
membrane performance has improved, this pressure has dropped to 800—1000 psi.
Recently, the need for desalination membranes has shifted more to brackish water
feeds with salt concentrations of 0.2—0.5 wt%. For this application, membranes
are typically operated at pressures in the 150—400 psi range with a target salt
rejection of about 99 %. With the growth of the electronics industry the demand
for ultrapure water to wash silicon wafers has increased. The feed to an ultra-
pure water reverse osmosis plant is often municipal drinking water, which may
only contain 100 to 200 ppm dissolved salts, mostly divalent ions. The target
membrane performance in this case may be 98—99 % sodium chloride rejection
but more than 99.5 % divalent ion rejection. These membranes are operated at
low pressures, typically in the 100—200 psi range. Many manufacturers tailor
the properties of a single membrane material to meet the requirements of dif-
ferent applications. Invariably a significant trade-off between flux and rejection
is involved.

A brief description of the commercially important membranes in current
use follows. More detailed descriptions can be found in specialized reviews
[13,15,16]. Petersen’s review on interfacial composite membranes is particularly
worth noting [17].

Cellulosic Membranes

Cellulose acetate was the first high-performance reverse osmosis membrane mate-
rial discovered. The flux and rejection of cellulose acetate membranes have now
been surpassed by interfacial composite membranes. However, cellulose acetate
membranes still maintain a small fraction of the market because they are easy to
make, mechanically tough, and resistant to degradation by chlorine and other
oxidants, a problem with interfacial composite membranes. Cellulose acetate
membranes can tolerate up to 1 ppm chlorine, so chlorination can be used to
sterilize the feed water, a major advantage with feed streams having significant
bacterial loading.

The water and salt permeability of cellulose acetate membranes is extremely
sensitive to the degree of acetylation of the polymer used to make the membrane
[2,18,19]. The effect of degree of acetylation on salt and water permeability
is illustrated in Figure 5.4 [20]. Fully substituted cellulose triacetate (44.2 wt%
acetate) has an extremely high water-to-salt permeability ratio, reflecting its very
high selectivity. Unfortunately the water permeability is low so these mem-
branes have low water fluxes. Nonetheless, cellulose triacetate hollow fine fiber
membranes are still produced for some seawater desalination plants because salt
rejections of about 99.5 % with a seawater feed are attainable. However, most
commercial cellulose acetate membranes use a polymer containing about 40 wt%
acetate with a degree of acetylation of 2.7. These membranes generally achieve
98-99 % sodium chloride rejection and have reasonable fluxes. The permeability
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Figure 5.4 Permeabilities of cellulose acetate to water and sodium chloride as a function
of acetyl content at 25 °C. Data from Lonsdale et al. [20]

data shown in Figure 5.4 can be replotted to show expected salt rejections, as
shown in Figure 5.5.

The data in Figure 5.5 show that thick films of cellulose acetate made from
39.8 wt% acetate polymer should reject 99.5 % sodium chloride. In practice, this
theoretical rejection is very difficult to obtain with practical thin membranes [21].
Figure 5.6 shows the salt rejection properties of 39.8 wt% acetate membranes
made by the Loeb—Sourirajan process [22]. The freshly formed membranes have
very high water fluxes of almost 200 gal/ft* - day (gfd) but almost no rejection of
sodium chloride. The membranes appear to have a finely microporous structure
and are permeable to quite large solutes such as sucrose. The rejection of these
membranes can be greatly improved by heating in a bath of hot water for a few
minutes. Apparently, this annealing procedure, used with all cellulose acetate
membranes, modifies the salt rejection layer of the membrane by eliminating
the micropores and producing a denser, more salt-rejecting skin. The water flux
decreases, and the sodium chloride rejection increases. The temperature of this
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annealing step determines the final properties of the membrane. A typical rejec-
tion/flux curve for various annealed membranes is shown in Figure 5.6. Because
their properties change on heating, cellulose acetate membranes are generally not
used above about 35 °C. The membranes also slowly hydrolyze over time, so the
feed water is usually adjusted to pH 4—6, the range in which the membranes are
most stable [23].

Throughout the 1960s considerable effort was expended on understanding the
Loeb—Sourirajan membrane production process to improve the quality of the
membranes produced. The casting solution composition is critically important.
Other important process steps are the time of evaporation before precipitation,
the temperature of the precipitation bath, and the temperature of the annealing
step. Most of the early membranes were made of 39.8 wt% acetate polymer
because this material was readily available and had the most convenient solubility
properties. By the 1970s, however, a number of workers, particularly Saltonstall
and others at Envirogenics, had developed better membranes by blending the
39.8 wt% acetate polymer with small amounts of triacetate polymer (44.2 wt%
acetate) or other cellulose esters such as cellulose acetate butyrate [24]. These
blends are generally used to form current cellulose acetate membranes. Good-
quality blend membranes with seawater salt rejections of 99.0-99.5 %, close
to the theoretical salt rejection determined by thick film measurements, can be
made, but the flux of these membranes is modest. However, most applications
of cellulose acetate membranes do not require such high salt rejections, so the
typical commercial cellulose acetate membrane has good fluxes and a sodium
chloride rejection of about 96 %.

Noncellulosic Polymer Membranes

During the 1960s and 1970s the Office of Saline Water sponsored development
of noncellulosic reverse osmosis membranes. Many polymers were evaluated as
Loeb—Sourirajan membranes but few matched the properties of cellulose acetate.
Following the development of interfacial composite membranes by Cadotte, this
line of research was abandoned by most commercial membrane producers.

Nonetheless a few commercially successful noncellulosic membrane materials
were developed. Polyamide membranes in particular were developed by several
groups. Aliphatic polyamides have low rejections and modest fluxes, but aromatic
polyamide membranes were successfully developed by Toray [25], Chemstrad
(Monsanto) [26] and Permasep (Du Pont) [27], all in hollow fiber form. These
membranes have good seawater salt rejections of up to 99.5 %, but the fluxes are
low, in the 1 to 3 gal/ft® - day range. The Permasep® membrane, in hollow fine
fiber form to overcome the low water permeability problems, was produced under
the names B-10 and B-15 for seawater desalination plants until the year 2000.
The structure of the Permasep B-15 polymer is shown in Figure 5.7. Polyamide
membranes, like interfacial composite membranes, are susceptible to degradation
by chlorine because of their amide bonds.
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Figure 5.8 Membranes based on sulfonated polysulfone and substituted poly(vinyl alco-
hol) are produced by Hydranautics (Nitto) for nanofiltration applications

Loeb—Sourirajan membranes based on sulfonated polysulfone and substituted
poly(vinyl alcohol) produced by Hydranautics (Nitto) have also found a commer-
cial market as high-flux, low-rejection membranes in water softening applications
because their divalent ion rejection is high. These membranes are also chlorine-
resistant and have been able to withstand up to 40 000 ppm - h of chlorine expo-
sure without degradation.! The structures of the polymers used by Hydranautics
are shown in Figure 5.8.

Interfacial Composite Membranes

Since the discovery by Cadotte and his co-workers that high-flux, high-rejection
reverse osmosis membranes can be made by interfacial polymerization [7,9,10],
this method has become the new industry standard. Interfacial composite mem-
branes have significantly higher salt rejections and fluxes than cellulose acetate
membranes. The first membranes made by Cadotte had salt rejections in tests with
3.5% sodium chloride solutions (synthetic seawater) of greater than 99 % and
fluxes of 18 gal/ft® - day at a pressure of 1500 psi. The membranes could also be
operated at temperatures above 35 °C, the temperature ceiling for Loeb—Sourirajan
cellulose acetate membranes. Today’s interfacial composite membranes are signif-
icantly better. Typical membranes, tested with 3.5 % sodium chloride solutions,

The ability of a reverse osmosis membrane to withstand chlorine attack without showing significant
loss in rejection is measured in ppm - h. This is the product of chlorine exposure expressed in ppm
and the length of exposure expressed in hours. Thus, 1000 ppm - h is 1 ppm chlorine for 1000 h or
10 ppm chlorine for 100 h or 1000 ppm chlorine for 1 h, and so on.
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have a salt rejection of 99.5 % and a water flux of 30 gal/ft> - day at 800 psi; this
is less than half the salt passage of the cellulose acetate membranes and twice the
water flux. The rejection of low-molecular-weight dissolved organic solutes by
interfacial membranes is also far better than cellulose acetate. The only drawback
of interfacial composite membranes, and a significant one, is the rapid, perma-
nent loss in selectivity that results from exposure to even ppb levels of chlorine
or hypochlorite disinfectants [28]. Although the chlorine resistance of interfacial
composite membranes has been improved, these membranes still cannot be used
with feed water containing more than a few ppb of chlorine.

The chemistry and properties of some of the important interfacial compos-
ite membranes developed over the past 25 years are summarized in Table 5.1
[10,12,29,30]. The chemistry of the FT-30 membrane, which has an all-aromatic
structure based on the reaction of phenylene diamine and trimesoyl chloride,
is widely used. This chemistry, first developed by Cadotte [9] and shown in
Figure 5.9, is now used in modified form by all the major reverse osmosis mem-
brane producers.

For a few years after the development of the first interfacial composite mem-
branes, it was believed that the amine portion of the reaction chemistry had to be
polymeric to obtain good membranes. This is not the case, and the monomeric
amines, piperazine and phenylenediamine, have been used to form membranes
with very good properties. Interfacial composite membranes based on urea or
amide bonds are subject to degradation by chlorine attack, but the rate of degra-
dation of the membrane is slowed significantly if tertiary aromatic amines are used
and the membranes are highly crosslinked. Chemistries based on all-aromatic or
piperazine structures are moderately chlorine tolerant and can withstand very
low level exposure to chlorine for prolonged periods or exposure to ppm levels

R Q.

NHCO CONH NH

COOH NH

-—CO CO—NH

Figure 5.9 Chemical structure of the FT-30 membrane developed by Cadotte using the
interfacial reaction of phenylene diamine with trimesoyl chloride
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Table 5.1 Characteristics of major interfacial polymerization reverse osmosis membranes

Membrane Developer Properties

NS100 Cadotte [29] North The first interfacial
Polyethylenimine Star Research composite membrane
crosslinked with achieved seawater
toluene desalination

2,4-diisocyanate

PA 300/RC-100
Epamine
(epichlorohydrin-
ethylenediamine
adduct) crosslinked
with isophthalyl
or toluene
2,4-diisocyanate

NF40 and NTR7250
Piperazine crosslinked
with trimesoyl
chloride

FT-30/SW-30
m-Phenylenediamine
crosslinked with
trimesoyl chloride

Riley et al. [30] Fluid

Systems, San
Diego

Cadotte FilmTec [10]

and Kamiyama
Nitto Denko [12]

Cadotte FilmTec [10]

characteristics of >99 %
rejection, 18 gal/ft* - day
at 1500 psi with seawater

The PA 300, based on

isophthalyl chloride, was
introduced first but
RC-100, based on toluene
2,4-diisocyanate, proved
more stable. This
membrane was used at
the first large reverse
0Smosis seawater
desalination plant (Jiddah,
Saudia Arabia)

The first all-monomeric

interfacial membrane.
Only modest seawater
desalination properties
but is a good brackish
water membrane. More
chlorine-tolerant than
earlier membranes
because of the absence of
secondary amine bonds

An all-aromatic, highly

crosslinked structure
giving exceptional salt
rejection and very high
fluxes. By tailoring the
preparation techniques,
brackish water or
seawater membranes can
be made. Seawater
version has a rejection
99.3-99.5 % at 800 psi.
Brackish water version
has >99 % salt rejection
at 25 gal/ft® - day and
225 psi. All the major
reverse osmosis
companies produce
variations of this
membrane
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for a few days. Early interfacial composite membranes such as the NS100 or
PA300 membrane showed significant degradation at a few hundred ppm - h. Cur-
rent membranes, such as the fully aromatic FilmTec FT-30 or the Hydranautics
ESPA membrane, can withstand up to 1000 ppm - h chlorine exposure. A number
of chlorine tolerance studies have been made over the years; a discussion of the
literature has been given by Glater ef al. [31]. Heavy metal ions such as iron
appear to strongly catalyze chlorine degradation. For example, the FT-30 fully
aromatic membrane is somewhat chlorine resistant in heavy-metal-free water, but
in natural waters, which normally contain heavy metal ions, chlorine resistance
is low. The rate of chlorine attack is also pH sensitive.

Other Membrane Materials

An interesting group of composite membranes with very good properties is pro-
duced by condensation of furfuryl alcohol with sulfuric acid. The first membrane
of this type was made by Cadotte at North Star Research and was known as
the NS200 membrane [32]. These membranes are not made by the interfacial
composite process; rather a polysulfone microporous support membrane is con-
tacted first with an aqueous solution of furfuryl alcohol and then with sulfuric
acid. The coated support is then heated to 140 °C. The furfuryl alcohol forms
a polymerized, crosslinked layer on the polysulfone support; the membrane is
completely black. The chemistry of condensation and reaction is complex, but a
possible polymerization scheme is shown in Figure 5.10.

These membranes have exceptional properties, including seawater salt rejec-
tions of up to 99.6% and fluxes of 23 gal/ft* - day at 800 psi. Unfortunately,
they are even more sensitive to oxidants such as chlorine or dissolved oxygen
than the polyamide/polyurea interfacial composites. The membranes lose their
excellent properties after a few hundred hours of operation unless the feed water
is completely free of dissolved chlorine and oxygen. A great deal of work was
devoted to stabilizing this membrane, with little success.

Later, Kurihara and co-workers [33] at Toray produced a related membrane,
using 1,3,5-tris(hydroxy ethyl) isocyanuric acid as a comonomer. A possible reac-
tion scheme is shown in Figure 5.11. This membrane, commercialized by Toray
under the name PEC-1000, has the highest rejection of any membrane developed,

%
SO Y g Wy Sy N

Figure 5.10 Formation of the NS200 condensation membrane
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Figure 5.11 Reaction sequence for Toray’s PEC-1000 membrane

with seawater rejections of 99.9% and fluxes of 12 gal/ft> - day at 1000 psi.
The membrane also shows the highest known rejections to low-molecular-weight
organic solutes, typically more than 95 % from relatively concentrated feed solu-
tions [34]. Unfortunately these exceptional selectivities are accompanied by the
same sensitivity to dissolved oxidants as the NS200 membrane. This problem was
never completely solved, so the PEC-1000 membrane, despite its unsurpassed
properties, is no longer commercially available.

Reverse Osmosis Membrane Categories

Reverse osmosis membranes can be grouped into three main categories:

e Seawater and brackish water desalination membranes operated with 0.5 to
5 wt% salt solutions at pressures of 200—1000 psi.

e Low-pressure nanofiltration membranes operated with 200—5000 ppm salt solu-
tions at pressures of 100—200 psi.

e Hyperfiltration membranes used to separate solutes from organic solvent
solutions.

Seawater and Brackish Water Desalination Membranes

The relative performances of membranes produced for the desalination market
are shown in Figure 5.12, a plot of sodium chloride rejection as a function of
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Figure 5.12 Performance characteristics of membranes operating on seawater at 56 kg/cm?
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membrane flux. The figure is divided into two sections by a dotted line at a
rejection of 99.3 %. This salt rejection is generally considered to be the mini-
mum sodium chloride rejection that can produce potable water from seawater
in a practical single-stage reverse osmosis plant. Membranes with lower sodium
chloride rejections can be used to desalinate seawater, but at least a portion of the
product water must be treated in a second-stage operation to achieve the target
average permeate salt concentration of less than 500 ppm. Two-stage operation
is generally not competitive with alternative desalination technologies.

As Figure 5.12 shows, Toray’s PEC-1000 crosslinked furfuryl alcohol mem-
brane has by far the best sodium chloride rejection combined with good fluxes.
This explains the sustained interest in this membrane despite its extreme sen-
sitivity to dissolved chlorine and oxygen in the feed water. Hollow fine fiber
membranes made from cellulose triacetate by Toyobo or aromatic polyamides by
Permasep (Du Pont) are also comfortably in the one-stage seawater desalination
performance range, but the water fluxes of these membranes are low. However,
because large-surface-area, hollow fine fiber reverse osmosis modules can be
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produced very economically, these membranes remained competitive until 2000,
when DuPont finally ceased production. Currently, all new seawater desalination
plants are based on interfacial composite membranes of the fully aromatic type,
such as the SW-30 membrane of FilmTec (Dow) or the SWC membrane of Hydra-
nautics (Nitto). Even the best Loeb—Sourirajan cellulose acetate membranes are
not suitable for one-stage seawater desalination because their maximum salt rejec-
tion is less than 99 %.

Brackish water generally has a salt concentration in the 2000—10 000 ppm
range. Groundwater aquifers with these salt levels must be treated to make the
water useful. The objective of the desalination plant is to convert 80—90 % of
the feed water to a desalted permeate containing 200—500 ppm salt and a con-
centrated brine that is reinjected into the ground, sent to an evaporation pond, or
discharged to the sea. In this application, membranes with 95-98 % sodium chlo-
ride rejection are usually adequate. For this reason some brackish water plants
still use cellulose acetate membranes with salt rejections of 96—98 %, although
interfacial composite membranes are more common. The fluxes and rejections
of the composite membranes at the same operating pressures are usually greater
than those of cellulose acetate membranes. Therefore, composite membranes are
always preferred for large operations such as municipal drinking water plants,
which can be built to handle the membrane’s chlorine sensitivity. Some small
system operators, on the other hand, still prefer cellulose acetate membranes
because of their greater stability. The membranes are often operated at higher
pressures to obtain the required flux and salt rejection.

The comparative performance of high-pressure, high-rejection reverse osmosis
membranes, medium-pressure brackish water desalting membranes, and low-
pressure nanofiltration membranes is shown in Table 5.2. Generally, the per-
formance of a membrane with a particular salt can be estimated reliably once the

Table 5.2 Properties of current good-quality commercial membranes

Parameter Seawater Brackish water Nanofiltration
membrane membrane (CA) membrane
(SW-30) (NTR-7250)
Pressure (psi) 800-1000 300-500 100-150
Solution concentration (%) 1-5 0.2-0.5 0.05
Rejection (%)
NaCl 99.5 97 60
MgCl, 99.9 99 89
MgSO, 99.9 99.9 99
Na,SOy4 99.8 99.1 99
NaNO; 90 90 45
Ethylene glycol 70 — —
Glycerol 96 — —
Ethanol — 20 20

Sucrose 100 99.9 99.0
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performance of the membrane with one or two marker salts, such as sodium chlo-
ride and magnesium sulfate, is known. The rejection of dissolved neutral organic
solutes is less predictable. For example, the PEC-1000 membrane had rejections
of greater than 95 % for almost all dissolved organics, but the rejections of even
the best cellulose acetate membrane are usually no greater than 50—60 %.

Nanofiltration Membranes

The goal of most of the early work on reverse osmosis was to produce desalina-
tion membranes with sodium chloride rejections greater than 98 %. More recently
membranes with lower sodium chloride rejections but much higher water per-
meabilities have been produced. These membranes, which fall into a transition
region between pure reverse osmosis membranes and pure ultrafiltration mem-
branes, are called loose reverse osmosis, low-pressure reverse 0smosis, or more
commonly, nanofiltration membranes. Typically, nanofiltration membranes have
sodium chloride rejections between 20 and 80 % and molecular weight cutoffs for
dissolved organic solutes of 200—1000 dalton. These properties are intermediate
between reverse osmosis membranes with a salt rejection of more than 90 % and
molecular weight cut-off of less than 50 and ultrafiltration membranes with a salt
rejection of less than 5 %.

Although some nanofiltration membranes are based on cellulose acetate, most
are based on interfacial composite membranes. The preparation procedure used
to form these membranes can result in acid groups attached to the polymeric
backbone. Neutral solutes such as lactose, sucrose and raffinose are not affected
by the presence of charged groups and the membrane rejection increases in pro-
portion to solute size. Nanofiltration membranes with molecular weight cut-offs
to neutral solutes between 150 and 1500 dalton are produced. Typical rejection
curves for low molecular weight solutes by two representative membranes are
shown in Figure 5.13 [35].

The rejection of salts by nanofiltration membranes is more complicated and
depends on both molecular size and Donnan exclusion effects caused by the
acid groups attached to the polymer backbone. The phenomenon of Donnan
exclusion is described in more detail in Chapter 10. In brief, charged groups
tend to exclude ions of the same charge, particularly multivalent ions while being
freely permeable to ions of the opposite charge, particularly multivalent ions.

Some results obtained by Peters et al. that illustrate the type of results that can
be produced are shown in Figure 5.14 [36], in which the permeation properties
of neutral, positively charged and negatively charged membranes are compared.

The neutral nanofiltration membrane rejects the various salts in proportion to
molecular size, so the order of rejection is simply

Nast4 > CaCh > NaCl

The anionic nanofiltration membrane has positive groups attached to the poly-
mer backbone. These positive charges repel positive cations, particularly divalent
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Figure 5.13 Rejection of neutral solutes by two membrane types spanning the range of
commonly available nanofiltration membranes [35]

cations such as Ca®*, while attracting negative anions, particularly divalent anions
such as SO4%~. The result is an order of salt rejection

CaCl, > NaCl > Na;SOq4

The cationic nanofiltration membrane has negative groups attached to the poly-
mer backbone. These negative charges repel negative anions, such as SO4%~,
while attracting positive cations, particularly divalent cations such as Ca’*. The
result is an order of salt rejection

Na2804 > NaCl > CaCh

Many nanofiltration membranes follow these rules, but oftentimes the behavior
is more complex. Nanofiltration membranes frequently combine both size and
Donnan exclusion effects to minimize the rejection of all salts and solutes. These
so-called low-pressure reverse osmosis membranes have very high rejections and
high permeances of salt at low salt concentrations, but lose their selectivity at salt
concentrations above 1000 or 2000 ppm salt in the feed water. The membranes
are therefore used to remove low levels of salt from already relatively clean water.
The membranes are usually operated at very low pressures of 50—200 psig.

Hpyperfiltration Organic Solvent Separating Membranes

A promising new application of reverse osmosis in the chemical industry is the
separation of organic/organic mixtures. These separations are difficult because
of the high osmotic pressures that must be overcome and because they require
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Figure 5.14 Salt rejection with neutral, anionic and cationic nanofiltration membranes
showing the effect of Donnan exclusion and solute size on relative rejections. Data of
Peters et al. [36]

membranes that are sufficiently solvent-resistant to be mechanically stable, but are
also sufficiently permeable for good fluxes to be obtained. Nonetheless this is an
area of keen industrial interest, and from 1988 to 2002 more than 70 US patents
covering membranes and membrane systems for these applications were issued.

Developing membranes for processing organic solvent solutions is more dif-
ficult than conventional reverse osmosis because different membranes must be
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developed for each category of solvent. In the 1980s, Nitto Denko developed
polyimide-based ultrafiltration membranes that found a small use in the recovery
of acetone, toluene, ethyl acetate and hexane and other solvents from waste paint
and polymer solutions [37]. These were microporous membranes with a molecu-
lar weight cut-off of 2000-6000. The first dense, solution-diffusion, hyperfiltra-
tion membranes did not appear until the late 1990s. Kiryat Weitzman, Ltd, now
part of Koch (Abcor), produced crosslinked silicone composite membranes that
have some uses in the hyperfiltration of nonpolar solvents [38,39]. The flux of dif-
ferent simple solvents through these membranes is shown in Figure 5.15. These
membranes can be used as nanofiltration membranes to separate large dyes or
catalyst solutes from solvents. However, because the membranes are made from
rubbers that are easily swollen and plasticized by most solvents, they show poor
selectivity when used to separate simple solvent mixtures.

The first, and currently only, successful solvent-permeable hyperfiltration mem-
brane is the Starmem® series of solvent-resistant membranes developed by W.R.
Grace [40]. These are asymmetric polyimide phase-inversion membranes pre-
pared from Matrimid® (Ciba-Geigy) and related materials. The Matrimid poly-
imide structure is extremely rigid with a T, of 305 °C and the polymer remains
glassy and unswollen even in aggressive solvents. These membranes found their
first large-scale commercial use in Mobil Oil’s processes to separate lube oil
from methyl ethyl ketone—toluene solvent mixtures [41—43]. Scarpello et al. [44]
have also achieved rejections of >99 % when using these membranes to separate
dissolved phase transfer catalysts (MW ~ 600) from tetrahydrofuran and ethyl
acetate solutions.
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Figure 5.15 Normalized flux of homologous solvent series versus the number of carbon
atoms in the solvent molecules (MFP-60 Kiryat Weitzman membranes) [39]
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Figure 5.16 Effect of pH on rejection of organic acids. Solute rejection increases at the
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Figure 5.17 Organic rejection data for the PEC-1000 membrane compared to FT-30,
anisotropic aramide and anisotropic cellulose membranes [28]

Membrane Selectivity
Rautenbach and Albrecht [45] have proposed some general guidelines for mem-
brane selectivity that can be summarized as follows:

1. Multivalent ions are retained better than monovalent ions. Although the abso-
lute values of the salt rejection vary over a wide range, the ranking for the
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different salts is the same for all membranes. In general, the order of rejection
of ions by reverse osmosis membranes is as shown below.
For cations:

Fe’t > Ni*™ ~ Cu?" > Mg>" > Ca’" > Nat > K* (5.7)
For anions:

POs*~ > SO4>~ > HCO;~ > Br > Cl™ > NO;~ ~ F~ (5.8)

2. Dissolved gases such as ammonia, carbon dioxide, sulfur dioxide, oxygen,
chlorine and hydrogen sulfide always permeate well.

3. Rejection of weak acids and bases is highly pH dependent. When the acid or
base is in the ionized form the rejection will be high, but in the nonionized
form rejection will be low [46,47]. Data for a few weak acids are shown in
Figure 5.16. At pHs above the acid pKa, the solute rejection rises signifi-
cantly, but at pHs below the pKa, when the acid is in the neutral form, the
rejection falls.

4. Rejection of neutral organic solutes generally increases with the molecular
weight (or diameter) of the solute. Components with molecular weights above
100 are well rejected by all reverse osmosis membranes. Although differ-
ences between the rejection of organic solutes by different membranes are
substantial, as the data in Figure 5.17 show, the rank order is generally con-
sistent between membranes. Caprolactam rejection, for example, is better than
ethanol rejection for all reverse osmosis membranes. The dependence of solute
rejection on molecular weight is shown for three different membranes in
Figure 5.18.

5. Negative rejection coefficients, that is, a higher concentration of solute in the
permeate than in the feed are occasionally observed, for example, for phenol
and benzene with cellulose acetate membranes [48].

Membrane Modules

Currently, 8-in.-diameter, 40-in.-long spiral-wound modules are the type most
commonly used for reverse osmosis. Five to seven modules are housed inside a
filament-wound, fiber-glass-reinforced plastic tube. Larger modules, up to 12 in.
diameter and 60 in. length, are produced by some manufacturers but have not
been widely adopted. The module elements can be removed from the pressure
vessels and exchanged as needed. A photograph of a typical skid-mounted system
is shown in Figure 5.19. A typical spiral-wound 8-in.-diameter membrane module
will produce 8000—10000 gal/day of permeate, so the 75-module plant shown
in Figure 5.19 has a capacity of about 700 000 gal/day.



214 MEMBRANE TECHNOLOGY AND APPLICATIONS

11 19
100
9 ;10 (1)3 As 5 16 1872028
32 o, 1012 O3 e 21
4 o8
o
8of 8
o
7
o
e 4
s
13
;\? 60|
S A A
s 6 8
2
&) 40L e2
A © A7
1 5
03
20 r A2
Rautenbach and Albrecht (1989)
0 1 1 1
0 50 100 150 200
Molecular weight
Number Name Number Name
1 Formaldehyde 12 Ethyl acetate
2 Methanol 13 Phenol
3 Acetonitrile 14 n-Methyl-2-pyrrolidone
4 Acetaldehyde 15 e-Caprolactam
5 Formic acid 16 D,L-aspartic acid
6 Ethanol 17 Tetrachloroethylene
7 Acetic acid 18 o-Phenyl phenol
8 Urea 19 Butyl benzonate
9 Ethylene glycol 20 Trichlorobenzene
10 Methyl ethyl ketone 21 Dimethyl phthalate
11 Glycine 22 Citric acid

Figure 5.18 Organic solute rejection as a function of solute molecular weight for three
representative reverse osmosis membranes [45]: the interfacial composite membranes,
(O) PA300 (UOP) and (A) NTR 7197 (Nitto), and the crosslinked furfuryl alcohol mem-
brane (@) PEC-1000 (Toray). Reprinted from R. Rautenbach and R. Albrecht, Membrane
Processes, Copyright © 1989. This material is used by permission of John Wiley &
Sons, Inc.
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Figure 5.19 Skid-mounted reverse osmosis plant able to produce 700000 gal/day of
desalted water. Courtesy of Christ Water Technology Group

Hollow fine fiber modules made from cellulose triacetate or aromatic
polyamides were produced in the past for seawater desalination. These modules
incorporated the membrane around a central tube, and feed solution flowed
rapidly outward to the shell. Because the fibers were extremely tightly packed
inside the pressure vessel, flow of the feed solution was quite slow. As much
as 40-50 % of the feed could be removed as permeate in a single pass through
the module. However, the low flow and many constrictions meant that extremely
good pretreatment of the feed solution was required to prevent membrane fouling
from scale or particulates. A schematic illustration of such a hollow fiber module
is shown in Figure 3.47.

Membrane Fouling Control

Membrane fouling is the main cause of permeant flux decline and loss of product
quality in reverse osmosis systems, so fouling control dominates reverse osmosis
system design and operation. The cause and prevention of fouling depend greatly
on the feed water being treated, and appropriate control procedures must be
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devised for each plant. In general, sources of fouling can be divided into four
principal categories: scale, silt, bacteria, and organic. More than one category
may occur in the same plant.

Fouling control involves pretreatment of the feed water to minimize fouling
as well as regular cleaning to handle any fouling that still occurs. Fouling by
particulates (silt), bacteria and organics such as oil is generally controlled by
a suitable pretreatment procedure; this type of fouling affects the first modules
in the plant the most. Fouling by scaling is worse with more concentrated feed
solutions; therefore, the last modules in the plant are most affected because they
are exposed to the most concentrated feed water.

Scale

Scale is caused by precipitation of dissolved metal salts in the feed water on
the membrane surface. As salt-free water is removed in the permeate, the con-
centration of ions in the feed increases until at some point the solubility limit
is exceeded. The salt then precipitates on the membrane surface as scale. The
proclivity of a particular feed water to produce scale can be determined by per-
forming an analysis of the feed water and calculating the expected concentration
factor in the brine. The ratio of the product water flow rate to feed water flow
rate is called the recovery rate, which is equivalent to the term stage-cut used in

gas separation.

duct fl t
Recovery Rate = procduc? Tow Tdte 5.9)
feed flow rate

Assuming all the ions remain in the brine solution, the concentration factor is
given by
1

Concentration factor = (5.10)
1 — recovery rate

The relationship between brine solution concentration factor and water recov-
ery rate is shown in Figure 5.20. With plants that operate below a concentration
factor of 2, that is, 50 % recovery rate, scaling is not normally a problem. How-
ever, many brackish water reverse osmosis plants operate at recovery rates of 80
or 90 %. Salt concentrations on the brine side of the membrane may then be far
above the solubility limit. In order of importance, the salts that most commonly
form scale are:

e calcium carbonate;
e calcium sulfate;

e silica complexes;
e barium sulfate;
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Figure 5.20 The effect of water recovery rate on the brine solution concentration factor

e strontium sulfate;

e calcium fluoride.

Scale control is complex; the particular procedure depends on the composi-
tion of the feed water. Fortunately, calcium carbonate scale, by far the most
common problem, is easily controlled by acidifying the feed or by using an
ion exchange water softener to exchange calcium for sodium. Alternatively, an
antiscalant chemical such as sodium hexametaphosphate can be added. Antis-
calants interfere with the precipitation of the insoluble salt and maintain the salt
in solution even when the solubility limit is exceeded. Polymeric antiscalants
may also be used, sometimes in combination with a dispersant to break up any
flocs that occur.

Silica can be a particularly troublesome scalant because no effective antiscalant
or dispersant is available. The solubility of silica is a strong function of pH and
temperature, but in general the brine should not exceed 120 ppm silica. Once
formed, silica scale is difficult to remove.

Silt

Silt is formed by suspended particulates of all types that accumulate on the
membrane surface. Typical sources of silt are organic colloids, iron corrosion
products, precipitated iron hydroxide, algae, and fine particulate matter. A good
predictor of the likelihood of a particular feed water to produce fouling by silt is
the silt density index (SDI) of the feed water. The SDI, an empirical measurement
(ASTM Standard D-4189-82, 1987), is the time required to filter a fixed volume of
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Feed supply
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Pressure regulator
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(test run at 30 psig)
Millipore filter holder
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¢ Millipore filter)

Graduated cylinder
(measure rate with
stop watch)

(1) Measure the amount of time required for 500 ml of feed water to flow
through a 0.45 micrometer Millipore filter (47 mm in diameter) at a
pressure of 30 psig.

(2)  Allow the feed water to continue flowing at 30 psig applied pressure
and measure the time required for 500 ml to flow through the filter
after 5, 10 and 15 minutes.

(3)  After completion of the test, calculate the SDI by using the equation

below.
100 (1 - T/T;
SDI = ( i f)
Ty
where SDI = Silt Density Index
T; = Total elapsed test time (either 5, 10 or 15 minutes)
T; = Initial time in seconds required to collect the 500 ml
sample
T = Time in seconds required to collect the second 500 ml

sample after test time T, (normally after 15 minutes).

Figure 5.21 The silt density index (SDI) test [49]. Reprinted with permission from
Noyes Publications
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water through a standard 0.45-pm pore size microfiltration membrane. Suspended
material in the feed water that plugs the microfilter increases the sample filtration
time, giving a higher SDI. The test procedure is illustrated in Figure 5.21 [49].

An SDI of less than 1 means that the reverse osmosis system can run for several
years without colloidal fouling. An SDI of less than 3 means that the system can
run several months between cleaning. An SDI of 3-5 means that particulate
fouling is likely to be a problem and frequent, regular cleaning will be needed.
An SDI of more than 5 is unacceptable and indicates that additional pretreatment
is required to bring the feed water into an acceptable range. The maximum
tolerable SDI also varies with membrane module design. Spiral-wound modules
generally require an SDI of less than 5, whereas hollow fine fiber modules are
more susceptible to fouling and require an SDI of less than 3.

To avoid fouling by suspended solids, some form of feed water filtration is
required. All reverse osmosis units are fitted with a 0.45-pum cartridge filter in
front of the high-pressure pump, but a sand filter, sometimes supplemented by
addition of a flocculating chemical such as alum or a cationic polymer, may be
required. The target SDI after filtration is normally less than 3—-5. Groundwaters
usually have very low SDI values, and cartridge filtration is often sufficient. How-
ever, surface or seawater may have an SDI of up to 200, requiring flocculation,
coagulation, and deep-bed multimedia filtration before reverse osmosis treatment.

Biofouling

Biological fouling is the growth of bacteria on the membrane surface. The
susceptibility of membranes to biological fouling is a strong function of the
membrane composition. Cellulose acetate membranes are an ideal nutrient for
bacteria and can be completely destroyed by a few weeks of uncontrolled bac-
terial attack. Therefore, feed water to cellulose acetate membranes must always
be sterilized. Polyamide hollow fibers are also somewhat susceptible to bacterial
attack, but thin-film composite membranes are generally quite resistant. Periodic
treatment of such membranes with a bactericide usually controls biological foul-
ing. Thus, control of bacteria is essential for cellulose acetate membranes and
desirable for polyamides and composite membranes. Because cellulose acetate
can tolerate up to 1 ppm chlorine, sufficient chlorination is used to maintain
0.2 ppm free chlorine. Chlorination can also be used to sterilize the feed water
to polyamide and interfacial composite membranes, but residual chlorine must
then be removed because the membranes are chlorine-sensitive. Dechlorination is
generally achieved by adding sodium metabisulfate. In ultrapure water systems,
water sterility is often maintained by UV sterilizers.

Organic Fouling

Organic fouling is the attachment of materials such as oil or grease onto the
membrane surface. Such fouling may occur accidentally in municipal drinking
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Figure 5.22 Flow scheme showing the pretreatment steps in a typical seawater reverse
osmosis system [50]

water systems, but is more common in industrial applications in which reverse
osmosis is used to treat a process or effluent stream. Removal of the organic
material from the feed water by filtration or carbon adsorption is required.

An example of a complete pretreatment flow scheme for a seawater reverse
osmosis plant is shown in Figure 5.22 [50]. The water is controlled for pH, scale,
particulates and biological fouling. The feed water is first treated with chlorine
to sterilize the water and to bring it to a pH of 5—6. A polyelectrolyte is added
to flocculate suspended matter, and two multilayer depth filters then remove sus-
pended materials. The water is dechlorinated by dosing with sodium bisulfite
followed by passage through an activated carbon bed. As a final check the pH
is adjusted a second time, and the water is filtered through a 1- to 5-pm car-
tridge filter before being fed to the reverse osmosis modules. Obviously, such
pretreatment is expensive and may represent as much as one-third of the oper-
ating and capital cost of the plant; however, it is essential for reliable long-term
operation.

Membrane Cleaning

A good pretreatment system is essential to achieve a long reverse osmosis
membrane life, but pretreatment must be backed up by an appropriate clean-
ing schedule. Generally this is done once or twice a year, but more often if
the feed is a problem water. As with pretreatment, the specific cleaning proce-
dure is a function of the feed water chemistry, the type of membrane, and the
type of fouling. A typical cleaning regimen consists of flushing the membrane
modules by recirculating the cleaning solution at high speed through the mod-
ule, followed by a soaking period, followed by a second flush, and so on. The
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chemical cleaning agents commonly used are acids, alkalis, chelatants, detergents,
formulated products, and sterilizers.

Acid cleaning agents such as hydrochloric, phosphoric, or citric acids effec-
tively remove common scaling compounds. With cellulose acetate membranes the
pH of the solution should not go below 2.0 or else hydrolysis of the membrane
will occur. Oxalic acid is particularly effective for removing iron deposits. Acids
such as citric acid are not very effective with calcium, magnesium, or barium
sulfate scale; in this case a chelatant such as ethylene diamine tetraacetic acid
(EDTA) may be used.

To remove bacteria, silt or precipitates from the membrane, alkalis combined
with surfactant cleaners are often used. Biz® and other laundry detergents con-
taining enzyme additives are useful for removing biofoulants and some organic
foulants. Most large membrane module producers now distribute formulated prod-
ucts, which are a mixture of cleaning compounds. These products are designed
for various common feed waters and often provide a better solution to membrane
cleaning than devising a cleaning solution for a specific feed.

Sterilization of a membrane system is also required to control bacterial growth.
For cellulose acetate membranes, chlorination of the feed water is sufficient to
control bacteria. Feed water to polyamide or interfacial composite membranes
need not be sterile, because these membranes are usually fairly resistant to
biological attack. Periodic shock disinfection using formaldehyde, peroxide or
peracetic acid solutions as part of a regular cleaning schedule is usually enough
to prevent biofouling.

Repeated cleaning gradually degrades reverse osmosis membranes. Most man-
ufacturers now supply membrane modules with a 1- to 2-year limited warranty
depending on the application. Well designed and maintained plants with good
feed water pretreatment can usually expect membrane lifetimes of 3 years, and
lifetimes of 5 years or more are not unusual. As membranes approach the end
of their useful life, the water flux will normally have dropped by at least 20 %,
and the salt rejection will have begun to fall. At this point operators may try
to ‘rejuvenate’ the membrane by treatment with a dilute polymer solution. This
surface treatment plugs microdefects and restores salt rejection [51]. Typical
polymers are poly(vinyl alcohol)/vinyl acetate copolymers or poly(vinyl methyl
ether). In this procedure the membrane modules are carefully cleaned and then
flushed with dilute solutions of the rejuvenation polymer. The exact mechanism
of rejuvenation is unclear.

Applications

Approximately one-half of the reverse osmosis systems currently installed are
desalinating brackish or seawater. Another 40 % are producing ultrapure water for
the electronics, pharmaceutical, and power generation industries. The remainder
are used in small niche applications such as pollution control and food processing.
A review of reverse osmosis applications has been done by Williams et al. [52].
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Figure 5.23 Comparative costs of the major desalination technologies as a function of
salt concentration. These costs should be taken as a guide only; site-specific factors can
affect costs significantly [53]

The relative cost of reverse osmosis compared with other desalting technolo-
gies (ion exchange, electrodialysis, and multi-effect evaporation) is shown in
Figure 5.23. The operating costs of electrodialysis and ion exchange scale almost
linearly in proportion to the salt concentration in the feed. Therefore, these tech-
nologies are best suited to low-salt-concentration feed streams. On the other hand,
the cost of multi-effect evaporation is relatively independent of the salt concen-
tration and is mainly proportional to the mass of water to be evaporated. Thus,
desalination by evaporation is best performed with concentrated salt solution
feeds. Reverse osmosis costs increase significantly with salt concentration but at
a lower rate than electrodialysis does. The result is that reverse osmosis is the
lowest-cost process for streams containing between 3000 and 10000 ppm salt.
However, site-specific factors or plant size often make the technology the best
approach for more dilute feed water or for streams as concentrated as seawater
(35000 ppm salt).

The approximate operating costs for brackish and seawater reverse osmosis
plants are given in Table 5.3. These numbers are old, but improvements in
membrane technology have kept pace with inflation so the costs remain rea-
sonably current.
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Table 5.3 Operating costs for large brackish water and seawater reverse osmosis plants
[49]. Capital costs are approximately US$1.25 per gal/day capacity for the brackish water
plant and US$4-5 per gal/day capacity for the seawater plant

Brackish water Seawater
(US$/1000 gal product) (US$/1000 gal product)

Energy (US$0.06/kWh) 0.36 1.80
Chemicals 0.09 0.14
Labor 0.12 0.19
Maintenance 0.05 0.22
Membrane replacement 0.10 0.90
Amortization (12 %/20 years) 0.48 1.75

Total 1.20 5.00

Brackish Water Desalination

The salinity of brackish water is usually between 2000 and 10 000 mg/L. The World
Health Organization (WHO) recommendation for potable water is 500 mg/L, so
up to 90 % of the salt must be removed from these feeds. Early cellulose acetate
membranes could achieve this removal easily, so treatment of brackish water was
one of the first successful applications of reverse osmosis. Several plants were
installed as early as the 1960s.

The osmotic pressure of brackish water is approximately 11 psi per 1000 ppm
salt, so osmotic pressure effects do not generally limit water recovery signifi-
cantly. Limitations are generally due to scaling. Typical water recoveries are in
the 70—90 % range, which means the brine stream leaving the system is up to 10
times more concentrated in calcium, sulfate and silica ions present in the feed.
If scaling occurs, the last modules in the system must be replaced first.

A simplified flow scheme for a brackish water reverse osmosis plant is shown
in Figure 5.24. In this example, it is assumed that the brackish water is heavily
contaminated with suspended solids, so flocculation followed by a sand filter and
a cartridge filter is used to remove particulates. The pH of the feed solution might
be adjusted, followed by chlorination to sterilize the water to prevent bacterial
growth on the membranes and addition of an anti-scalant to inhibit precipitation
of multivalent salts on the membrane. Finally, if chlorine-sensitive interfacial
composite membranes are used, sodium sulfite is added to remove excess chlorine
before the water contacts the membrane. Generally, more pretreatment is required
in plants using hollow fiber modules than in plants using spiral-wound modules.
This is one reason why hollow fiber modules have been displaced by spiral-wound
systems for most brackish water installations.

A feature of the system design shown in Figure 5.24 is the staggered arrange-
ment of the module pressure vessels. As the volume of the feed water is reduced
as water is removed in the permeate, the number of modules arranged in parallel
is also reduced. In the example shown, the feed water passes initially through
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Figure 5.24 Flow schematic of a typical brackish water reverse osmosis plant. The
plant contains seven pressure vessels each containing six membrane modules. The pressure
vessels are in a ‘Christmas tree’ array to maintain a high feed velocity through the modules

four modules in parallel, then through two, and finally through a single module in
series. This is called a ‘Christmas tree’ or ‘tapered module’ design and provides
a high average feed solution velocity through the modules. As the volume of the
feed water is reduced by removing water as permeate, the number of modules
arranged in parallel is reduced also.

The operating pressure of brackish water reverse osmosis systems has gradually
fallen over the past 20 years as the permeability and rejections of membranes
have steadily improved. The first plants operated at pressures of 800 psi, but
typical brackish water plants now operate at pressures in the 200- to 300-psi
range. Capital costs of brackish water plants have stayed remarkably constant for
almost 20 years; the rule of thumb of US$1.00 per gal/day capacity is still true.
Accounting for inflation, this reflects a very large reduction in real costs resulting
from the better performance of today’s membranes.

Seawater Desalination

Seawater has a salt concentration of 3.2—4.0 %, depending on the region of
the world. Because of this high salinity, only membranes with salt rejections
of 99.3% or more can produce potable water in a single pass. Application to
seawater desalination of the first-generation cellulose acetate membranes, with
rejections of 97-99 %, was limited. With the development of the polyamide hol-
low fine fibers and interfacial composites, suitable seawater membranes became
available, and many plants have been installed. In general, membranes are not
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Figure 5.25 Effect of water recovery on the seawater feed osmotic pressure and net
driving pressure of a plant operating at 1000 psi

competitive for large seawater desalination plants—multistage flash evaporation
is usually used for plants larger than 10 million gal/day capacity. Often these
plants are powered by waste steam from an adjacent electric power generation
unit. A number of these very large plants have been installed in the Middle
East. In the 1-10 million gal/day range membranes are more competitive, and
the flexibility of membrane systems as well as their easy start-up/shut-down and
turndown capability are advantages.

Early seawater reverse osmosis plants operated at very high pressures, up
to 1500 psi, but as membranes improved, operating pressures dropped to
800—1000 psi. The osmotic pressure of seawater is about 350 psi, and the osmotic
pressure of the rejected brine can be as much as 600 psi, so osmotic pressure
affects the net operating pressure in a plant markedly. This effect is illustrated in
Figure 5.25. Typical seawater plants do not operate at a recovery rate of more than
35-45 % because of the high brine osmotic pressure; at this modest recovery rate,
more than half of the feed water leaves the plant as pressurized brine. Because
of the high pressures involved in seawater desalination, recovery of compression
energy from the high-pressure brine stream is almost always worthwhile. This can
be achieved with a hydro-turbine linked to the high-pressure feed water pump,
lowering total power costs by as much as 30 %.

Raw seawater requires considerable pretreatment before it can be desalinated
(Figure 5.22), but these pretreatment costs can be reduced by using shallow sea-
front wells as the water source. The SDI of this water is usually quite low, and
little more than a sand filter may be required for particulate control. However,
sterilization of the water and addition of antiscalants will still be necessary.

Ultrapure Water

Production of ultrapure water for the electronics industry is an established and
growing application of reverse osmosis [54,55]. The usual feed is municipal
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Table 5.4 Ultrapure water specifications for typical wafer manufacturing process and
levels normally found in drinking water

Ultrapure water Typical drinking water
Resistivity at 25 °C (megohm-cm) 18.2 —
TOC (ppb) <5 5000
Particles/L by laser >0.1 pm <100 —
Bacteria/100 mL by culture <0.1 <30
Silica, dissolved (ppb) <3 3000
Boron (ppb) <1 40
Ions (ppb)
Nat <0.01 3000
K* <0.02 2000
Cl™ <0.02 10000
Br~ <0.02 —
NOs~ <0.02 —
S04~ <0.02 15000
Total ions <0.1 <100000

drinking water, which often contains less than 200 ppm dissolved solids. How-
ever, the electronics industry requires water of extraordinarily high purity for
wafer production, so extensive treatment of municipal water is required. Table 5.4
shows the target water quality required by a modern electronics plant compared
to that of typical municipal drinking water.

The first ultrapure water reverse osmosis system was installed at a Texas Instru-
ments plant in 1970 as a pretreatment unit to an ion exchange process. These
systems have increased in complexity as the needs of the industry for better
quality water have increased. The flow scheme for a typical modern ultrapure
water treatment system is shown in Figure 5.26. The plant comprises a complex
array of operations, each requiring careful maintenance to achieve the necessary
water quality. As the key part of the process, the reverse osmosis plant typi-
cally removes more than 98 % of all the salts and dissolved particulates in the
feed water. Because the feed water is dilute, these systems often operate at very
high recovery rates—90 % or more. Carbon adsorption then removes dissolved
organics, followed by ion exchange to remove final trace amounts of ionic impu-
rities. Bacterial growth is a major problem in ultrapure water systems; sterility
is maintained by continuously recirculating the water through UV sterilizers and
cartridge microfilters.

Wastewater Treatment

In principle, pollution control should be a major application for reverse osmosis.
In practice, membrane fouling, causing low plant reliability, has inhibited its
widespread use in this area. The most common applications are special situations
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Figure 5.27 Flow scheme showing the use of a reverse osmosis system to control nickel
loss from rinse water produced in a countercurrent electroplating rinse tank

in which the chemicals separated from the water are valuable. An example is
the recovery of nickel from nickel-plating rinse tanks, shown schematically in
Figure 5.27. Watts nickel-plating baths contain high concentrations of nickel and
other plating chemicals. After plating, a conveyor belt moves the parts through
a series of connected rinse tanks. Water circulates through these tanks to rinse
the part free of nickel for the next plating operating. A typical countercurrent
rinse tank produces a waste stream containing 2000—3000 ppm nickel; the water
is a pollution problem and valuable material is lost. This is an ideal application
for reverse osmosis because the rinse water is at nearly neutral pH, in contrast
to many plating rinse waters which are very acidic [56,57]. The reverse osmosis
unit produces permeate water containing only 20-50 ppm nickel that can be
reused and a small nickel concentrate stream that can be sent to the plating
tank. Although the concentrate is more dilute than the plating tank drag-out,
evaporation from the hot plating bath tank compensates for the extra water.

In the early days of membrane development, membranes were expected to be
widely used in the tertiary treatment of water to produce drinking water from
sewage. At a cost of US$2-3 per 1000 gal, this idea makes good economic sense
in many water-limited regions of the world. However, psychological barriers have
inhibited its widespread adoption. A few small plants have been introduced in
Japan and at least one large plant in the US. This plant, called Water Factory 21,
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is in Orange County, California, an arid region where the principal local surface
water source, the Colorado River, has a total salinity of 750 ppm. Operation
of this 5-million-gal/day system is described in detail by Nusbaum and Argo
[58]. The system treats secondary sewage to produce good-quality water, which
is reinjected into the aquifer below the county. The water is then mixed with
natural groundwater before being removed and used as a drinking water supply
elsewhere in the county. Apparently, confusing the source of the water supply in
this way makes the process acceptable.

Nanofiltration

Nanofiltration membrane usually have high rejections to most dissolved organic
solutes with molecular weights above 100—200 and good salt rejection at salt
concentrations below 1000-2000 ppm salt. The membranes are also two- to
five-fold more permeable than brackish and sea water reverse osmosis mem-
branes, so they can be operated at pressures as low as 50—150 psig and still
produce useful fluxes. For these reasons, their principal application has been in
the removal of low levels of contaminants from already relatively clean water.
For example, nanofiltration membranes are widely used as point-of-use drinking
water treatment units in southern California and the southwestern United States.
The water in this region contains on the order of 700 ppm dissolved salt and trace
amounts of agricultural run-off contaminants. Many households use small 0.5-m?
spiral-wound nanofiltration modules (under-the-sink modules) to filter this water
using the 30- to 50-psig tap water pressure to provide the driving force. On a
larger scale, similar membranes are used to soften municipal water by removing
sulfate and divalent cations or as an initial pretreatment unit for an ultrapure
water treatment plant.

Organic Solvent Separation

The use of membranes to separate organic solvent solutions is still at a very early
stage. One application that has already become commercial is the separation of
small solvent molecules from larger hydrocarbons in mixtures resulting from
the extraction of vacuum resid oil in refineries [41—-43]. Figure 5.28(a) shows a
simplified flow diagram of a refining lube oil separation process—these operations
are very large. In a 100 000-200 000-barrel/day refinery, about 15000-30000
barrels/day of the oil entering the refinery remain as residual oil. A large fraction
of this oil is sent to the lube oil plant, where the heavy oil is mixed with 3—10
volumes of a solvent such as methyl ethyl ketone and toluene. On cooling the
mixture, the heavy wax components precipitate out and are removed by a drum
filter. The light solvent is then stripped from the lube oil by vacuum distillation
and recycled through the process. The vacuum distillation step is very energy
intensive because of the high solvent-to-oil ratios employed.
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(a) Conventional solvent dewaxing process
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Figure 5.28 Simplified flow schemes of (a) a conventional and (b) Mobil Oil’s mem-
brane solvent dewaxing processes. Refrigeration economizers are not shown. The first 3
million gallon/day commercial unit was installed at Mobil’s Beaumont refinery in 1998.
Polyimide membranes in spiral-wound modules were used [41-43]

A hyperfiltration process developed by Mobil Oil, now ExxonMobil, for this
separation is illustrated in Figure 5.28(b). Polyimide membranes formed into
spiral-wound modules are used to separate up to 50 % of the solvent from the
dewaxed oil. The membranes have a flux of 10—20 gal/ft> day at a pressure of
450—650 psi. The solvent filtrate bypasses the distillation step and is recycled
directly to the incoming oil feed. The net result is a significant reduction in the
refrigeration load required to cool the oil and in the size and energy consumption
of the solvent recovery vacuum distillation section.

ExxonMobil is now licensing this technology to other refineries. Development
of similar applications in other operations is likely. Initially, applications will
probably involve relatively easy separations such as the separation of methyl
ethyl ketone/toluene from lube oil described above or soybean oil from hexane in
food oil production. Long-term, however, the technology may become sufficiently
advanced to be used in more important refining operations, such as fractionation
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of linear from branched paraffins, or the separation of benzene and other aromatics
from paraffins and olefins in the gasoline pool.

Conclusions and Future Directions

The reverse osmosis industry is now well established. The market is divided
between three or four large manufacturers, who between them produce 70 % of
the membrane modules, and a much larger number of system builders. The system
builders buy modules almost as commodities from the various suppliers according
to their particular needs. A handful of companies serving various niche markets
produce both modules and systems. Total membrane module sales in 1998 were
about US$200 million worldwide; system sales were another US$200 million.
Short-term prospects for future growth are good. The demand for reverse osmo-
sis systems to produce ultrapure water for the electronics and pharmaceutical
industries is very strong. Municipalities in arid regions of the world are also
continuing to buy brackish water and some seawater desalination units.

The industry is extremely competitive, with the manufacturers producing sim-
ilar products and competing mostly on price. Many incremental improvements
have been made to membrane and module performance over the past 20 years,
resulting in steadily decreasing water desalination costs in inflation-adjusted dol-
lars. Some performance values taken from a paper by Furukawa are shown in
Table 5.5. Since 1980, just after the introduction of the first interfacial composite
membranes, the cost of spiral-wound membrane modules on a per square meter
basis has decreased seven-fold. At the same time the water flux has doubled, and
the salt permeability has decreased seven-fold. Taking these improvements into
account, today’s membranes are almost 100 times better than those of the 1980s.
This type of incremental improvement is likely to continue for some time.

The key short-term technical issue is the limited chlorine resistance of inter-
facial composite membranes. A number of incremental steps made over the past
10—15 years have improved resistance, but current chlorine-resistant interfacial
composites do not have the rejection and flux of the best conventional membranes.

Table 5.5 Advances in spiral-wound module reverse osmosis performance

Year Cost normalized Productivity Reciprocal salt Figure of

(1980 USS$) normalized passage normalized merit?
(to 1980) (to 1980)

1980 1.00 1.00 1.00 1.0

1985 0.65 1.10 1.56 2.6

1990 0.34 1.32 2.01 7.9

1995 0.19 1.66 3.52 30.8

2000 0.14 1.94 7.04 99.3

“Figure of merit = (productivity) x (reciprocal salt passage/cost).
Source: Dave Furukawa.
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All the major membrane manufacturers are working on this problem, which is
likely to be solved in the next few years. Three longer-term, related techni-
cal issues are fouling resistance, pretreatment, and membrane cleaning. Current
membrane modules are subject to fouling by particulates and scale; this fouling
can only be controlled by good (and expensive) feed water pretreatment and
by membrane cleaning. In some large potential reverse osmosis markets, such
as municipal wastewater reclamation and industrial process water treatment, the
complexity, expense, and low reliability due to membrane fouling limit expansion
significantly.

A further long-term area of research is likely to be the development of reverse
osmosis membranes to recover organic solutes from water. This chapter has
focused almost entirely on the separation of ionic solutes from water, but some
membranes (such as the PEC-1000 membrane) have excellent organic solute
rejections also. The PEC-1000 membrane was chemically unstable, but it demon-
strated what is achievable with membranes. A stable membrane with similar
properties could be used in many wastewater applications.
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6 ULTRAFILTRATION

Introduction and History

Ultrafiltration uses a finely porous membrane to separate water and microsolutes
from macromolecules and colloids. The average pore diameter of the membrane
is in the 10—1000 A range. The first synthetic ultrafiltration membranes were
prepared by Bechhold from collodion (nitro cellulose) [1]. Bechhold was prob-
ably the first to measure membrane bubble points, and he also coined the term
‘ultrafilter’. Other important early workers were Zsigmondy and Bachmann [2],
Ferry [3] and Elford [4]. By the mid-1920s, collodion ultrafiltration and micro-
filtration membranes were commercially available for laboratory use. Although
collodion membranes were widely used in laboratory studies, no industrial appli-
cations existed until the 1960s. The crucial breakthrough was the development of
the anisotropic cellulose acetate membrane by Loeb and Sourirajan in 1963 [5].
Their goal was to produce high-flux reverse osmosis membranes, but others, par-
ticularly Michaels at Amicon, realized the general applicability of the technique.
Michaels and his coworkers [6] produced ultrafiltration membranes from cellu-
lose acetate and many other polymers including polyacrylonitrile copolymers,
aromatic polyamides, polysulfone and poly(vinylidene fluoride). These materials
are still widely used to fabricate ultrafiltration membranes.

In 1969, Abcor (now a division of Koch Industries) installed the first commer-
cially successful industrial ultrafiltration system equipped with tubular membrane
modules [7] to recover electrocoat paint from automobile paint shop rinse water.
The economics were compelling, and within a few years many similar systems
were installed. Shortly thereafter (1970), the first cheese whey ultrafiltration sys-
tem was installed. Within a decade, 100 similar systems had been sold worldwide.
These early systems used tubular or plate-and-frame modules, which were rela-
tively expensive, but lower cost designs were gradually introduced. Hollow fiber
(capillary) modules were first sold by Romicon in 1973, and spiral-wound mod-
ules, adapted to ultrafiltration applications by Abcor, became a commercial item
by 1979-1980. Over the last 20 years, the ultrafiltration industry has grown
steadily. The principal problem inhibiting wider application of the technology
is membrane fouling. The problem is controlled, but not eliminated, by module
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Figure 6.1 Milestones in the development of ultrafiltration

and system design and by regular membrane cleaning protocols. Development of
membranes with surface properties designed to minimize fouling has also helped.
Recently, several companies have developed ceramic-based ultrafiltration mem-
branes. Although much more expensive than their polymeric equivalents, these
have found a place in applications that require resistance to high temperatures or
require regular cleaning with harsh solutions to control membrane fouling. Some
of the milestones in the development of ultrafiltration membranes are charted
in Figure 6.1.

Characterization of Ultrafiltration Membranes

Ultrafiltration membranes are usually anisotropic structures made by the
Loeb—Sourirajan process. They have a finely porous surface layer or skin
supported on a much more open microporous substrate. The finely porous surface
layer performs the separation; the microporous substrate provides mechanical
strength. The membranes discriminate between dissolved macromolecules of
different sizes and are usually characterized by their molecular weight cut-off,
a loosely defined term generally taken to mean the molecular weight of the
globular protein molecule that is 90 % rejected by the membrane. Ultrafiltration
and microfiltration are related processes—the distinction between the two lies in
the pore size of the membrane. Microfiltration membranes have larger pores and
are used to separate particles in the 0.1-10 wm range, whereas ultrafiltration is
generally considered to be limited to membranes with pore diameters from 10
to 1000 A.
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Figure 6.2 Laboratory ultrafiltration test systems

Laboratory-scale ultrafiltration experiments are performed with small, stirred
batch cells or flow-through cells in a recirculation system. Diagrams of the two
types of system are shown in Figure 6.2. Because ultrafiltration experiments are
generally performed at pressures below 100 psi, plastic components can be used.
Stirred batch cells are often used for quick experiments, but flow-through systems
are preferred for systematic work. In flow-through systems, the feed solution
can be more easily maintained at a constant composition, and the turbulence at
the membrane surface required to control membrane fouling is high and easily
reproducible. This allows reliable comparative measurements to be made.
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The cut-off of ultrafiltration membranes is usually characterized by solute
molecular weight, but several other factors affect permeation through these
membranes. One important example is the shape of the molecule to be retained.
When membrane retention measurements are performed with linear, water-
soluble molecules such as polydextran, poly(ethylene glycol) or poly(vinyl
pyrrolidone), the measured rejection is much lower than the rejection measured
for proteins of the same molecular weight. It is believed that linear, water-
soluble polymer molecules are able to snake through the membrane pores, as
illustrated in Figure 6.3. Protein molecules, however, exist in solution as tightly
wound globular coils held together by hydrogen bonds. These globular molecules
cannot deform to pass through the membrane pores and are therefore rejected.
Some results showing the rejection of different molecules for a polysulfone
ultrafiltration membrane are listed in the table accompanying Figure 6.3 [8]. The
membrane shows significant rejection to globular protein molecules as small as
pepsin (MW 35 000) and cytochrome ¢ (MW 13 000) but is completely permeable
to a flexible linear polydextran, with an average molecular weight of more than
100 000.

The pH of the feed solution is another factor that affects permeation through
ultrafiltration membranes, particularly with polyelectrolytes. For example,

Linear Globular
Skin of

molecule molecule
<« UF membrane

A | 1 A\\Z 11 o7
Porous
? f ﬁ ) ( (( ? : g )j <« substructure

Globular Proteins Linear Polymer
Solute Pepsin Cytochrome ¢ Polydextran
MW (1000s) 35 13 100
Rejection (%) 90 70 0

Figure 6.3 Ultrafiltration membranes are rated on the basis of nominal molecular weight
cut-off, but the shape of the molecule to be retained has a major effect on retentivity.
Linear molecules pass through a membrane, whereas globular molecules of the same
molecular weight may be retained. The table shows typical results obtained with globular
protein molecules and linear polydextran for the same polysulfone membrane [8]
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poly(acrylic acid) is usually very well rejected by ultrafiltration membranes at
pH 5 and above, but is completely permeable through the same membrane at pH 3
and below. This change in rejection behavior with pH is related to the change in
configuration of the polyacid. In solutions at pH 5 and above, poly(acrylic acid)
is ionized. In the ionized form, the negatively charged carboxyl groups along the
polymer backbone repel each other; the polymer coil is then very extended and
relatively inflexible. In this form, the molecule cannot readily permeate the small
pores of an ultrafiltration membrane. At pH 3 and below, the carboxyl groups
along the poly(acrylic acid) polymer backbone are all protonated. The resulting
neutral molecule is much more flexible and can pass through the membrane pores.

Concentration Polarization and Membrane Fouling

A key factor determining the performance of ultrafiltration membranes is
concentration polarization, which causes membrane fouling due to deposition
of retained colloidal and macromolecular material on the membrane surface.
A number of reviews have described the process in detail [9—13]. The pure
water flux of ultrafiltration membranes is often very high—greater than
1 cm®/cm? - min (350 gal/ft? - day). However, when membranes are used to
separate macromolecular or colloidal solutions, the flux falls within seconds,
typically to 0.1 cm®/cm? - min. This immediate drop in flux is caused by the
formation of a gel layer of retained solutes on the membrane surface due to
concentration polarization. This gel layer forms a secondary barrier to flow
through the membrane, as illustrated in Figure 6.4 and described in detail below.
This first decline in flux is determined by the composition of the feed solution and
its fluid hydrodynamics. Sometimes the resulting flux is constant for a prolonged
period, and when the membrane is retested with pure water, its flux returns
to the original value. More commonly, however, a further slow decline in flux
occurs over a period of hours to weeks, depending on the feed solution. Most
of this second decrease in flux is caused by slow consolidation of the secondary
layer formed by concentration polarization on the membrane surface. Formation
of this consolidated gel layer, called membrane fouling, is difficult to control.
Control techniques include regular membrane cleaning, back flushing, or using
membranes with surface characteristics that minimize adhesion. Operation of the
membrane at the lowest practical operating pressure also delays consolidation of
the gel layer.

A typical plot illustrating the slow decrease in flux that can result from con-
solidation of the secondary layer is shown in Figure 6.5 [14]. The pure water
flux of these membranes is approximately 50 gal/min but, on contact with an
electrocoat paint solution containing 10—20 % latex, the flux immediately falls
to about 10—12 gal/min. This first drop in flux is due to the formation of the
gel layer of latex particles on the membrane surface, as shown in Figure 6.4.
Thereafter, the flux declines steadily over a 2-week period. This second drop in
flux is caused by slow densification of the gel layer under the pressure of the
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Figure 6.4 Schematic representation of fouling on an ultrafiltration membrane. Sur-
face fouling is the deposition of solid material on the membrane that consolidates over
time. This fouling layer can be controlled by high turbulence, regular cleaning and using
hydrophilic or charged membranes to minimize adhesion to the membrane surface. Sur-
face fouling is generally reversible. Internal fouling is caused by penetration of solid
material into the membrane, which results in plugging of the pores. Internal membrane
fouling is generally irreversible

system. In this particular example, the densified gel layer could be removed by
periodic cleaning of the membrane. When the cleaned membrane is exposed to
the latex solution again, the flux is restored to that of a fresh membrane.

If the regular cleaning cycle shown in Figure 6.5 is repeated many times, the
membrane flux eventually does not return to the original value on cleaning. Part
of this slow, permanent loss of flux is believed to be due to precipitates on
the membrane surface that are not removed by the cleaning procedure. A further
cause of the permanent flux loss is believed to be internal fouling of the membrane
by material that penetrates the membrane pores and becomes lodged in the interior
of the membrane, as illustrated in Figure 6.4. Ultrafiltration membranes are often
used to separate colloids from water and microsolutes. In this case the tendency
is to use relatively high-molecular-weight cut-off membranes, but the higher
fluxes of these membranes can be transitory because they are more susceptible
to internal fouling. A membrane with a lower molecular weight cut-off, even
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Figure 6.5 Ultrafiltration flux as a function of time of an electrocoat paint latex solu-
tion. Because of fouling, the flux declines over a period of days. Periodic cleaning is
required to maintain high fluxes [14]. Reprinted from R. Walker, Recent Developments
in Ultrafiltration of Electrocoat Paint, Electrocoat 82, 16 (1982) with permission from
Gardner Publications, Inc., Cincinnati, OH

though it may have a lower pure water flux, often provides a more sustained flux
with the actual feed solutions because less internal fouling occurs.

As described above, the initial cause of membrane fouling is concentration
polarization, which results in deposition of a layer of material on the membrane
surface. The phenomenon of concentration polarization is described in detail in
Chapter 4. In ultrafiltration, solvent and macromolecular or colloidal solutes are
carried towards the membrane surface by the solution permeating the membrane.
Solvent molecules permeate the membrane, but the larger solutes accumulate at
the membrane surface. Because of their size, the rate at which the rejected solute
molecules can diffuse from the membrane surface back to the bulk solution is
relatively low. Thus their concentration at the membrane surface is typically
20-50 times higher than the feed solution concentration. These solutes become
so concentrated at the membrane surface that a gel layer is formed and becomes
a secondary barrier to flow through the membrane. The formation of this gel
layer on the membrane surface is illustrated in Figure 6.6. The gel layer model
was developed at the Amicon Corporation in the 1960s [8].

The formation of the gel layer is easily described mathematically. At any point
within the boundary layer shown in Figure 6.6, the convective flux of solute to
the membrane surface is given by the volume flux, J,, of the solution through the
membrane multiplied by the concentration of the solute, ¢;. At steady state, this
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Figure 6.6 Illustration of the formation of a gel layer of colloidal material on the surface
of an ultrafiltration membrane by concentration polarization

convective flux within the laminar boundary layer is balanced by the diffusive
flux of retained solute in the opposite direction. This balance is expressed by
the equation

Jyci = Dj—~ 6.1)

where D; is the diffusion coefficient of the macromolecule in the boundary layer.
Once the gel layer has formed, the concentrations of solute at both surfaces of
the boundary layer are fixed. At one surface the concentration is the feed solution
concentration c;,; at the other surface it is the concentration at which the solute
forms an insoluble gel (cge1). Integration of Equation (6.1) over the boundary

layer thickness (8) then gives
Cgel JU(S
£ = 6.2
2 =on(3) 6

b

where ¢, is the concentration of retained solute at the membrane surface where
the solute gels and ¢;, is the concentration in the bulk solution. In any particular
ultrafiltration test, the terms c;,, cgel, D; and 8 in Equation (6.2) are fixed because
the solution and the operating conditions of the test are fixed. From Equation (6.2)
this means that the volume flux J, through the membrane is also fixed and quite
independent of the intrinsic permeability of the membrane. In physical terms, this
is because a membrane with a higher intrinsic permeability only causes a thicker
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gel layer to form on the surface of the membrane. This lowers the membrane flux
until the rate at which solutes are brought toward the membrane surface and the
rate at which they are removed are again balanced, as expressed in Equation (6.1).

The formation of a gel layer of colloidal material at the ultrafiltration mem-
brane surface produces a limiting or plateau flux that cannot be exceeded at any
particular operating condition. Once a gel layer has formed, increasing the applied
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Figure 6.7 The effect of pressure on ultrafiltration membrane flux and the formation of
a secondary gel layer. Ultrafiltration membranes are best operated at pressures between
p2 and p3 at which the gel layer is thin. Operation at high pressures such as p4 leads
to formation of thick gel layers, which can consolidate over time, resulting in permanent
fouling of the membrane
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pressure does not increase the flux but merely increases the gel thickness. This is
also shown in Equation (6.2), which contains no term for the applied pressure.

The effect of the gel layer on the flux through an ultrafiltration membrane at
different feed pressures is illustrated in Figure 6.7. At a very low pressure pj,
the flux J, is low, so the effect of concentration polarization is small, and a gel
layer does not form on the membrane surface. The flux is close to the pure water
flux of the membrane at the same pressure. As the applied pressure is increased
to pressure p,, the higher flux causes increased concentration polarization, and
the concentration of retained material at the membrane surface increases. If the
pressure is increased further to ps;, concentration polarization becomes enough
for the retained solutes at the membrane surface to reach the gel concentration cg
and form the secondary barrier layer. This is the limiting flux for the membrane.
Further increases in pressure only increase the thickness of the gel layer, not
the flux.

Experience has shown that the best long-term performance of an ultrafiltra-
tion membrane is obtained when the applied pressure is maintained at or just
below the plateau pressure p3; shown in Figure 6.7. Operating at higher pres-
sures does not increase the membrane flux but does increase the thickness and
density of retained material at the membrane surface layer. Over time, material
on the membrane surface can become compacted or precipitate, forming a layer
of deposited material that has a lower permeability; the flux then falls from the
initial value.

A series of experimental results obtained with latex solutions illustrating the
effect of concentration and pressure on flux are shown in Figure 6.8. The point
at which the flux reaches a plateau value depends on the concentration of the
latex in the solution: the more concentrated the solution, the lower the plateau
flux. The exact relationship between the maximum flux and solute concentration
can be obtained by rearranging Equation (6.2) to obtain

D
Jmax = —E(ln ci, — Incgep) (6.3)

where Jp,x is the plateau or limiting flux through the membrane.

Plots of the limiting flux Ji,x as a function of solution concentration for latex
solution data are shown in Figure 6.9 for a series of latex solutions at various
feed solution flow rates. A series of straight line plots is obtained, and these
extrapolate to the gel concentration cg at zero flux. The slopes of the plots in
Figure 6.9 are proportional to the term D/é in Equation (6.3). The increase in
flux resulting from an increase in the fluid recirculation rate is caused by the
decrease in the boundary layer thickness 4.

Plots of maximum flux as a function of solute concentration for different
solutes using the same membrane under the same conditions are shown in
Figure 6.10 [15]. Protein or colloidal solutions, which easily form precipitated
gels, have low fluxes and extrapolate to low gel concentrations. Particulate
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Figure 6.8 The effect of pressure on membrane flux for styrene—butadiene polymer
latex solutions in a high-turbulence, thin-channel test cell [13]
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Figure 6.9 Ultrafiltration flux with a latex solution at an applied pressure of 60 psi (in
the limiting flux region) as a function of feed solution latex concentration. These results
were obtained in a high-turbulence, thin-channel cell. The solution recirculation rate is
shown in the figure [13]
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Figure 6.10 Effect of solute type and concentration on flux through the same type
of ultrafiltration membrane operated under the same conditions [15]. Reproduced from
M.C. Porter, Membrane Filtration, in Handbook of Separation Techniques for Chemi-
cal Engineers, P.A. Schweitzer (ed.), p. 2.39, Copyright © 1979, with permission of
McGraw-Hill, New York, NY

suspensions, pigments, latex particles, and oil-in-water emulsions, which do not
easily form gels, have higher fluxes at the same concentration and operating
conditions and generally extrapolate to higher gel concentrations.

Studies of concentration polarization such as those illustrated in
Figures 6.8—6.10 are usually performed during the first few hours of the
membrane use. Compaction of the secondary membrane layer has then only
just begun, and membrane fluxes are often high. Fluxes obtained in industrial
processes, which must operate for days or weeks without cleaning, are usually
much lower.

The gel layer model described above is very appealing and is widely used to
rationalize the behavior of ultrafiltration membranes. Unfortunately a number of
issues cannot be easily explained by this simple form of the model:

e The flux of many macromolecular colloidal and particulate solutions is too high
(sometimes by an order of magnitude) to be rationalized by a reasonable value
of the diffusion coefficient and the boundary layer thickness in Equation (6.2).

e In the plateau region of the flux—pressure curves of the type shown in
Figure 6.8, different solutes should have fluxes proportional to the value
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of their diffusion coefficients D in Equation (6.3). This is not the case, as
shown in Figure 6.10. For example, latex and particulate solutes with very
small diffusion coefficients typically have higher ultrafiltration limiting fluxes
than protein solutions measured with the same membranes under the same
conditions. This is the opposite of the expected behavior.

e Experiments with different ultrafiltration membranes and the same feed solu-
tion often yield very different ultrafiltration limiting fluxes. But according to
the model shown in Figure 6.6 and represented by Equation (6.2), the ultrafil-
tration limiting flux is independent of the membrane type.

Contrary to normal experience that falling bread always lands jam-side down,
the trend of these observations is that experiment produces a better result than
theory predicts. For this reason the observations are lumped together and called
the flux paradox [9]. The best working model seems to be that, in addition to
simple diffusion, solute is also being removed from the membrane surface as
undissolved gel particles by a scouring action of the feed fluid [16]. This explains
why protein solutions that form tough adherent gels have lower fluxes under
the same conditions than pigment and latex solutions that form looser gels. The
model also explains why increasing the hydrophilicity of the membrane surface or
changing the charge on the surface can produce higher limiting fluxes. Decreased
adhesion between the gel and the membrane surface allows the flowing feed
solution to remove gel particles more easily.

Figure 6.11 illustrates how turbulent eddies caused by the high velocity of the
solution passing through the narrow channel of a spiral-wound module might
remove gel particles from the membrane surface. Because of the high velocity of
the feed solution and the feed spacer netting used in ultrafiltration modules, the
feed liquid is normally very turbulent. Although a relatively laminar boundary
layer may form next to the membrane surface, as described by the film model,
periodic turbulent eddies may also occur. These eddies can dislodge gel from the
membrane surface, carrying it away with the feed solution.

The most important effect of concentration polarization is to reduce the
membrane flux, but it also affects the retention of macromolecules. Retention
data obtained with dextran polysaccharides at various pressures are shown in
Figure 6.12 [17]. Because these are stirred batch cell data, the effect of increased
concentration polarization with increased applied pressure is particularly marked.
A similar drop of retention with pressure is observed with flow-through cells,
but the effect is less because concentration polarization is better controlled
in such cells. With macromolecular solutions, the concentration of retained
macromolecules at the membrane surface increases with increased pressure, so
permeation of the macromolecules also increases, lowering rejection. The effect
is particularly noticeable at low pressures, under which conditions increasing the
applied pressure produces the largest increase in flux, and hence concentration
polarization, at the membrane surface. At high pressure, the change in flux with



250 MEMBRANE TECHNOLOGY AND APPLICATIONS

s Feed spacer material

(M )
AW

1000 um

0D Apparent laminar
\S/, > boundary layer (20 um)
Gel layer (5—10 pm)

UL Membrane

Figure 6.11 An illustration of the channel of a spiral-wound module showing how
periodic turbulent eddies can dislodge deposited gel particles from the surface of
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Figure 6.12 Rejection of 1 % dextran solutions as a function of pressure using Dextran
20 (MW 20000), Dextran 40 MW 40000), and Dextran 80 (MW 80000). Batch cell
experiments performed at a constant stirring speed [17]

increased pressure is smaller, so the decrease in rejection by the membrane is
less apparent.

Concentration polarization can also interfere with the ability of an ultrafiltration
membrane to fractionate a mixture of dissolved macromolecules. Figure 6.13 [8]
shows the results of experiments with a membrane with a molecular weight
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Figure 6.13 The retention of albumin (MW 65 000) in the presence of varying concen-
trations of y-globulin (MW 156 000) by a membrane with a nominal molecular weight
cut-off based on one-component protein solutions of MW 200 000. As the concentration
of y-globulin in the solution increases, the membrane water flux decreases, and the albu-
min rejection increases from 25 % at 0.01 wt% y-globulin to 80 % rejection at 0.1 wt%
y-globulin [8]

cut-off of about 200 000 used to separate albumin (MW 65 000) from y-globulin
(MW 156 000). Tests with the pure components show that albumin passes through
the membrane almost completely unhindered, but rejection of y-globulin is sig-
nificant. However, addition of even a small amount of y-globulin to the albumin
causes almost complete rejection of both components. The increased rejection
is accompanied by a sharp decrease in membrane flux, suggesting that rejected
globulin forms a secondary barrier layer. The secondary layer is eliminated only
at very low y-globulin concentrations, resulting in partial fractionation of the
two proteins. Unfortunately, at such low dilutions the separation is no longer of
commercial interest.

Because of the effect of the secondary layer on selectivity, ultrafiltration mem-
branes are not commonly used to fractionate macromolecular mixtures. Most
commercial ultrafiltration applications involve processes in which the membrane
completely rejects all the dissolved macromolecular and colloidal material in
the feed solution while completely passing water and dissolved microsolutes.
Efficient fractionation by ultrafiltration is only possible if the species differ in
molecular weight by a factor of 10 or more.

Membrane Cleaning

Several cleaning methods are used to remove the densified gel layer of retained
material from the membrane surface. The easiest is to circulate an appropri-
ate cleaning solution through the membrane modules for 1 or 2 h. The most
common ultrafiltration fouling layers—organic polymer colloids and gelatinous
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materials—are best treated with alkaline solutions followed by hot detergent
solutions. Enzymatic detergents are particularly effective when the fouling layer
is a proteinaceous gel. Calcium, magnesium, and silica scales, often a problem
with reverse osmosis membranes, are generally not a problem in ultrafiltration
because these ions permeate the membrane (ultrafiltration of cheese whey, in
which high calcium levels can lead to calcium scaling, is an exception). Because
many feed waters contain small amounts of soluble ferrous iron salts, hydrated
iron oxide scaling is a problem. In the ultrafiltration system these salts are oxi-
dized to ferric iron by entrained air. Ferric iron is insoluble in water, so an
insoluble iron hydroxide gel forms and accumulates on the membrane surface.
Such deposits are usually removed with a citric or hydrochloric acid wash.

Regular cleaning is required to maintain the performance of all ultrafiltration
membranes. The period of the cleaning cycle can vary from daily for food appli-
cations, such as ultrafiltration of whey, to once a month or more for ultrafiltration
membranes used as polishing units in ultrapure water systems. A typical cleaning
cycle is as follows:

1. Flush the system several times with hot water at the highest possible circula-
tion rate.

2. Treat the system with an appropriate acid or alkali wash, depending on the
nature of the layer.

3. Treat the system with a hot detergent solution.

4. Flush the system thoroughly with water to remove all traces of detergent; mea-
sure the pure water flux through the membrane modules under standard test
conditions. Even after cleaning, some degree of permanent flux loss over time
is expected. If the restoration of flux is less than expected, repeat steps 1-3.

Ultrafiltration systems should never be taken off line without thorough flushing
and cleaning. Because membrane modules are normally stored wet, the final rinse
solutions should contain a bacteriostat such as 0.5 % formaldehyde to inhibit
bacterial growth.

In addition to regular cleaning with chemical solutions, mechanical cleaning
of the membrane may be used, particularly if chemical cleaning does not restore
the membrane flux. Early electrocoat paint systems used 1-in.-diameter tubular
membrane modules. These tubes could be effectively cleaned by forcing sponge
balls with a slightly larger diameter than the tube through the tube—the balls
gently scraped the membrane surface, removing deposited material. Sponge-ball
cleaning is an effective but relatively time-consuming process, so it is performed
rather infrequently. However, automatic equipment for sponge-ball cleaning has
been devised and has found a limited use.

Backflushing is another way of cleaning heavily fouled membranes. The
method is widely used to clean capillary and ceramic membrane modules that
can withstand a flow of solution from permeate to feed without damaging the
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membrane. Backflushing is not usually used for spiral-wound modules because
the membranes are too easily damaged. In a backflushing procedure a slight
over-pressure is applied to the permeate side of the membrane, forcing solution
from the permeate side to the feed side of the membrane. The flow of solution
lifts deposited materials from the surface. Backflushing must be done carefully
to avoid membrane damage. Typical backflushing pressures are 5—15 psi.

One method of achieving a backflushing effect used with capillary ultrafil-
tration modules is initiated by closing the permeate port from the membrane
module, as shown in Figure 6.14 [18]. In normal operation a pressure drop of
5—10 psi occurs between the feed and residue side of a membrane module. This
pressure difference is required to drive the feed solution through the module. If
the permeate port from the module is closed, the pressure on the permeate side of
the membrane will increase to a pressure intermediate between those of the feed
and residue streams. This produces a slight positive pressure difference at one
end of the module and a slight negative pressure difference on the other end of
the module, as shown in Figure 6.14(b). The pressure difference sets up a back-
flushing condition in which permeate-quality water that has permeated one-half
of the module becomes a backflushing solution in the other half of the mod-
ule. Deposited materials lifted from the membrane surface in the back-flushed
area are swept away by the fast feed flow. If the direction of the feed flow is
reversed, as shown in Figure 6.14(c), the other half of the module is then back-
flushed. This in-situ backflushing technique is used in capillary ultrafiltration
modules in which the feed-to-residue pressure drop is quite large. An advantage
of the procedure is that it can be done without stopping normal operation of the
ultrafiltration system.

Because of the challenging environment in which ultrafiltration membranes
are operated and the regular cleaning cycles, membrane lifetime is significantly
shorter than that of reverse osmosis membranes. Ultrafiltration module lifetimes
are rarely more than 2-3 years, and modules may be replaced annually in
cheese whey or electrocoat paint applications. In contrast, reverse osmosis mem-
branes are normally not cleaned more than once or twice per year and can last
4-5 years.

Membranes and Modules

Membrane Materials

Most of today’s ultrafiltration membranes are made by variations of the
Loeb—Sourirajan process. A limited number of materials are used, primarily
polyacrylonitrile, poly(vinyl chloride)—polyacrylonitrile copolymers, polysulfone,
poly(ether sulfone), poly(vinylidene fluoride), some aromatic polyamides, and
cellulose acetate. In general, the more hydrophilic membranes are more fouling-
resistant than the completely hydrophobic materials. For this reason water-soluble
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Figure 6.14 Backflushing of membrane modules by closing the permeate port. This
technique is particularly applicable to capillary fiber modules

polymers such as poly(vinyl pyrrolidone) or poly(vinyl methyl ether) are often
added to the membrane casting solutions used for hydrophobic polymers such as
polysulfone or poly(vinylidene fluoride). During the membrane precipitation step,
most of the water-soluble polymer is leached from the membrane, but enough
remains to make the membrane surface hydrophilic.
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Figure 6.15 Effect of membrane surface charge on ultrafiltration flux decline. These
membranes were used to ultrafilter cathodic electrocoat paint, which has a net negative
charge. Electrostatic repulsion made the negatively charged membrane significantly more
resistant to fouling than the similar positively charged membrane [13]

The charge on the membrane surface is important. Many colloidal materials
have a slight negative charge from carboxyl, sulfonic or other acid groups. If the
membrane surface also has a slight negative charge, adhesion of the colloidal
gel layer to the membrane is reduced, which helps to maintain a high flux and
inhibit membrane fouling. The effect of a slight positive charge on the membrane
is the opposite. Charge and hydrophilic character can be the result of the chemical
structure of the membrane material or can be applied to a preformed membrane
surface by chemical grafting or surface treatment. The appropriate treatment
depends on the application and the feed solution.

The importance of membrane surface characteristics on performance is illus-
trated by Figure 6.15. The feed solution in this example was a cathodic electrocoat
paint solution in which the paint particulates had a net positive charge. As a result,
membrane flux declined rapidly with the positively charged membranes but much
more slowly with essentially identical membranes that had been treated to give
the surface a net negative charge [13].

Ultrafiltration Modules

The need to control concentration polarization and membrane fouling domi-
nates the design of ultrafiltration modules. The first commercially successful
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ultrafiltration systems were based on tubular and plate-and-frame modules. Over
the years, many improvements have been made to these module designs, and
they are still used for highly fouling solutions. The lower cost of spiral-wound
and capillary modules has resulted in a gradual trend to replace tubular and
plate-and-frame systems with these lower-cost modules. In relatively non-fouling
applications, such as the use of ultrafiltration as part of a treatment train to pro-
duce ultrapure water, spiral-wound modules are universally used. Spiral-wound
and capillary modules are also used in some food applications, such as ultrafil-
tration of cheese whey and clarification of apple juice.

Because of their large diameter, tubular ultrafiltration modules can be used
to treat solutions that would rapidly foul other module types. In a number of
demanding applications, such as treatment of electrocoat paint, concentration of
latex solutions, or separation of oil—water emulsions, the fouling resistance and
ease of cleaning of tubular modules outweighs their high cost, large volume, and
high energy consumption. In a typical tubular module system, 5- to 8-ft-long
tubes are manifolded in series. The feed solution is circulated through the mod-
ule array at velocities of 2—6 m/s. This high solution velocity causes a pressure
drop of 2-3 psi per module or 10-30 psi for a module bank. Because of the
high circulation rate and the resulting pressure drop, large pumps are required,
so tubular modules have the highest energy consumption of any module design.
Most tubular ultrafiltration plants use 30—100 kWh of energy per 1000 gallons
of permeate produced. At an electrical energy cost of US$0.06/kWh, this cor-
responds to an energy cost of US$2—6 per 1000 gallons of permeate, a major
cost factor.

The diameter of the early tubular membrane modules was 1 in. Later, more
energy-efficient, higher-membrane-area modules were produced by nesting four
to six smaller-diameter tubes inside a single housing (see Chapter 3). Typical
tubular module costs vary widely but are generally from US$200 to 500/m?.
Recently ceramic tubular modules have been introduced; these are more expen-
sive, typically from US$1000 to 2000/m?2. This high cost limits their use to a
few applications with extreme feed operating conditions.

Plate-and-frame units compete with tubular units in some applications. These
modules are not quite as fouling resistant as tubular modules but are less expen-
sive. Most consist of a flat membrane envelope with a rubber gasket around the
outer edge. The membrane envelope, together with appropriate spacers, forms a
plate that is contained in a stack of 20-30 plates. Typical feed channel heights
are 0.5-1.0 mm, and the system operates in high-shear conditions. Plate-and-
frame systems can be operated at higher pressures than tubular or capillary
modules—operating pressures up to 150 psi are not uncommon. This can be an
advantage in some applications. The compact design, small hold-up volume, and
absence of stagnant areas also makes sterilization easy. For these reasons plate-
and-frame units are used in several types of food industry operations, particularly
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Figure 6.16 Horizontal DDS plate-and-frame ultrafiltration system. Courtesy of Alfa
Laval Nakskov A/S, Naksvov, Denmark

in Europe where Rhone Poulanc and De Danske Sukkerfabrikker (DDS) [now
Alfa Laval] pioneered these applications in the 1970s. A photograph of an Alfa
Laval plate-and-frame system is shown in Figure 6.16.

Capillary hollow fiber modules were introduced by Romicon in the early
1970s. A typical capillary module contains 500-2000 fibers with a diameter
of 0.5-1.0 mm housed in a 30-in.-long, 3-in.-diameter cartridge. Modules have
a membrane area of 2—10 m?. Feed solution is pumped down the bore of the
fibers. Operating pressures are quite low, normally not more than 25 psi (to avoid
breaking the fibers). This low operating pressure is a disadvantage in the treat-
ment of some clean feed solutions for which high-pressure operation would be
advantageous. The normal feed-to-residue pressure drop of a capillary module is
10—15 psi. Under these conditions, capillary modules achieve good throughputs
with many solutions. High-temperature sanitary systems are available; this, com-
bined with the small hold-up volume and clean flow path, has encouraged the
use of these modules in biotechnology applications in which small volumes of
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expensive solutions are treated. A major advantage of capillary fiber systems is
that the membrane can be cleaned easily by backflushing. With capillary modules
it is important to avoid ‘blinding’ the fibers with particulates caught at the fiber
entrance. Prefiltration to remove all particulates larger than one-tenth of the fiber’s
inside diameter is required to avoid blinding.

The use of spiral-wound modules in ultrafiltration applications has increased
recently. This design was first developed for reverse osmosis modules in which
the feed channel spacer is a fine window-screen material. In ultrafiltration a
coarser feed spacer material is used, often as much as 45 mil thick. This coarse
spacer prevents particulates from lodging in the spacer corners. However, pre-
filtration of the ultrafiltration feed down to 5—10 pm is still required for long-term
operation. In the past, spiral-wound modules were limited to ultrafiltration of
clean feed waters, such as preparation of ultrapure water for the electronics or
pharmaceutical industries. Development of improved pretreatment and module
spacer designs now allows these modules to be used for more highly fouling
solutions such as cheese whey. In these food applications, the stagnant volume
between the module insert and the module housing is a potentially unsterile area.
To eliminate this dead space, the product seal is perforated to allow a small
bypass flow to continuously flush this area.

In the last few years a number of companies, most notably New Logic Interna-
tional (Emeryville, CA), have introduced plate-and-frame modules in which the
membrane plate is vibrated or rotated. Thus, control of concentration polariza-
tion at the membrane surface is by movement of the membrane rather than by
movement of the feed solution [19]. Moving the membrane concentrates most
of the turbulence right at the membrane surface, where it is most needed. These
modules achieve very high turbulence at the membrane surface at a relatively low
energy cost. The fluxes obtained are high and stable. Vibrating—rotating modules
are considerably more expensive than cross-flow modules so the first applications
have been with high-value, highly fouling feed solutions that are difficult to treat
with standard modules.

System Design
Batch Systems

The simplest type of ultrafiltration system is a batch unit, shown in Figure 6.17.
In such a unit, a limited volume of feed solution is circulated through a mod-
ule at a high flow rate. The process continues until the required separation is
achieved, after which the concentrate solution is drained from the feed tank, and
the unit is ready to treat a second batch of solution. Batch processes are par-
ticularly suited to the small-scale operations common in the biotechnology and
pharmaceutical industries. Such systems can be adapted to continuous use but
this requires automatic controls, which are expensive and can be unreliable.



ULTRAFILTRATION 259

Feed tank
v Membrane
modules
~
J

Feed
pump

Concentrate

Permeate

Figure 6.17 Flow schematic of a batch ultrafiltration process

The easiest way to calculate the performance of a batch system is to assume
the membrane is completely retentive for the solute of interest. That is,

R:(l—c—"):l (6.4)

Cp

where ¢, is the solute concentration in the permeate and c; is the solute concen-
tration in the feed. It follows that the increase in concentration of the solute in
the feed tank from the initial concentration ¢, (0), to the concentration at time 7,
cp(t) is proportional to the volume of solution remaining in the feed tank, that is,

cr(t) Vi
cp(0) Vi

(6.5)

where the volume of solution removed in the permeate is V(, — V. If, as is
often the case, the membrane is slightly permeable to the solute (R < 1), the
concentration ratio achieved can be written as

n [Cb(t)] —Rln (h> (6.6)
cp(0) Vo

When the rejection coefficient equals one, Equation (6.6) reduces to
Equation (6.5). A plot of the concentration ratio of retained solute as a function of
the volume reduction for membranes with varying rejection coefficients is shown
in Figure 6.18. This figure illustrates the effect of partially retentive membranes
on loss of solute.
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Figure 6.18 Increase in concentration of the retained feed solution as a function of
volume reduction of the feed for membranes of different solute rejections. The difference
between these lines and the R = 1 line represents loss of solute through the membrane

Continuous Systems

Continuous ultrafiltration processes, in which modules are arranged in series to
obtain the separation required in a single pass, are relatively common. This is
because high feed solution flow rates are required to control concentration polar-
ization; a single-pass process would not achieve the required removal under these
conditions. Solution velocities in ultrafiltration modules are 5—10 times higher
than in reverse osmosis. For these reasons, feed-and-bleed systems are commonly
used in large ultrafiltration plants. Figure 6.19 shows one-, two- and three-stage
feed-and-bleed systems. In these systems a large volume of solution is circulated
continuously through a bank of membrane modules. Concurrently, a small vol-
ume of feed solution enters the recirculation loop just before the recirculation
pump, and an equivalent volume of more concentrated solution is removed (or
bled) from the recirculation loop just after the membrane module. The advantage
of feed-and-bleed systems is that a high feed solution velocity through the mod-
ules is easily maintained independent of the volume of solution being treated.
In most plants the flow rate of solution in the recirculation loop is 5—10 times
the feed solution flow rate. This high circulation rate means that the concentra-
tion of retained material in the circulating solution is close to the concentration
of the bleed solution and is significantly higher than the feed solution concen-
tration. Because the flux of ultrafiltration membranes decreases with increasing
concentration, more membrane area is required to produce the required separa-
tion than in a batch or a once-through continuous system operated at the same
feed solution velocity.
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Figure 6.19 One-, two- and three-stage feed-and-bleed systems. In general, the most
efficient design is achieved when all stages have approximately the same membrane area.
As the number of stages is increased, the average concentration of the solution circulating
through the membrane modules decreases, and the total membrane area of the system is
significantly less than for a one-stage design

To overcome the inefficiency of one-stage feed-and-bleed designs, industrial
systems are usually divided into multiple stages, as shown in Figure 6.19. By
using multiple stages, the difference in concentration between the solution cir-
culating in a stage and the feed solution entering the stage is minimized. The
following numerical values illustrate this point. In this example, the membrane is
assumed to be completely retentive and the goal is to concentrate the feed solution
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from 1 to 8 %. If this is done in a one-stage feed-and-bleed system, the average
concentration of the solution passing through the modules is 8 %, and the flux
is proportionately low. In a more efficient two-stage feed-and-bleed system, the
first stage concentrates the solution from 1 to 3 %, and the second stage concen-
trates the solution from 3 to 8 %. Approximately three-quarters of the permeate is
removed in the first stage, and the rest in the second stage. Because the modules
in the first stage operate at a concentration of 3 % rather than 8 %, these modules
have a higher membrane flux than in the one-stage unit. In fact, the membrane
area of each stage is about equal although the volume of permeate produced by
each stage is very different. The two-stage feed-and-bleed design has about 60 %
of the area of the one-stage system. The three-stage system, which concentrates
the solution in three equal-area stages—from 1 to 2 % in the first stage, from 2
to 4 % in the second stage, and from 4 to 8 % in the third stage—is even more
efficient. In this case the total membrane area is about 40 % of the area of a
one-stage system performing the same separation.

Because of the significantly lower membrane areas of multistage feed-and-
bleed systems, most large plants have between three and five stages. The limit
to the number of stages is reached when the reduction in membrane area does
not offset the increase in complexity of the system. Also, because of the high
fluid circulation rates involved in feed-and-bleed ultrafiltration plants, the cost of
pumps can rise to 30 to 40 % of the total cost of the system. Electricity to power
the pumps is a significant operating expense.

Applications

In the 1960s and early 1970s it was thought that ultrafiltration would be widely
used to treat industrial wastewater. This application did not materialize. Ultrafil-
tration is far too expensive to be generally used for this application, however, it
is used to treat small, concentrated waste streams from particular point sources
before they are mixed with the general sewer stream. Ultrafiltration is also used if
the value of the components to be separated is sufficient to offset the cost of the
process. Examples exist in food processing, in which the ultrafiltered concentrate
is used to produce a high-value product, or in the production of ultrapure water
in the electronics industry.

The cost of ultrafiltration plants varies widely, depending on the size of the
plant, the type of solution to be treated, and the separation to be performed.
In general, ultrafiltration plants are much smaller than reverse osmosis systems.
Typical flow rates are 10000-100000 gal/day, one-tenth that of the average
reverse osmosis plant. Rogers [20] compiled the costs shown in Figure 6.20
that, adjusted for inflation, still seem reasonable. For typical plants treating
10000-100000 gal/day of feed solution, the capital cost is in the range
US$2-5 gal/day capacity. The typical breakdown of these costs is shown in
Table 6.1 [21]. Operating costs will normally be US$3-4/1000 gal/day capacity,
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Table 6.1 Typical ultrafiltration capital
and operating cost breakdown [21]

Capital costs %
Pumps 30
Membrane modules 20
Module housings 10
Pipes, valves, frame 20
Controls/other 20
Total 100

Operating costs
Membrane replacement 30-50
Cleaning costs 10-30
Energy 20-30
Labor 15
Total 100

with membrane module replacement costs about 30—50 %, and energy costs for
the recirculation pumps 20—30 %, depending on the system design.

The current ultrafiltration market is approximately US$200 million/year but
because the market is very fragmented, no individual segment is more than about
US$10-30 million/year. Also, each of the diverse applications uses membranes,
modules, and system designs tailored to the particular industry served. The result
is little product standardization, many custom-built systems, and high costs com-
pared to reverse osmosis. The first large successful application was the recovery
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of electrocoat paint in automobile plants. Later, a number of significant applica-
tions developed in the food industry [22,23], first in the production of cheese,
then in the production of apple and other juices and, more recently, in the pro-
duction of beer and wine. Industrial wastewater and process water treatment is
a growing application, but high costs limit growth. Early plants were all tubular
or plate-and-frame systems, but less expensive capillary and specially configured
spiral-wound modules are now used more commonly. An overview of ultrafil-
tration applications is given in Cheryan and Alvarez’s review article [23] and
Cheryan’s book [24].

Electrocoat Paint

In the 1960s, automobile companies began to use electrodeposition of paint on
a large scale. The paint solution is an emulsion of charged paint particles. The
metal piece to be coated is made into an electrode of opposite charge to the paint
particles and is immersed in a large tank of the paint. When a voltage is applied
between the metal part and the paint tank, the charged paint particles migrate
under the influence of the voltage and are deposited on the metal surface, forming
a coating over the entire wetted surface of the metal part. After electrodeposition,
the piece is removed from the tank and rinsed to remove excess paint, after which
the paint is cured in an oven.

The rinse water from the washing step rapidly becomes contaminated with
excess paint, while the stability of the paint emulsion is gradually degraded
by ionic impurities carried over from the cleaning operation before the paint
tank. Both of these problems are solved by the ultrafiltration system shown in
Figure 6.21. The ultrafiltration plant takes paint solution containing 15-20 %
solids and produces a clean permeate containing the ionic impurities but no paint
particles, which is sent to the counter-current rinsing operation, and a slightly
concentrated paint to be returned to the paint tank. A portion of the ultrafiltration
permeate is bled from the tank and replaced with water to maintain the ionic
balance of the process.

Electrocoat paint is a challenging feed solution for an ultrafiltration process.
The solids content of the solution is high, typically 15-20 wt%, so a gel layer
easily forms on the membrane. The gel formation results in relatively low fluxes,
generally 10—15 gal/ft> - day. However, the value of the paint recovered from the
rinse water and elimination of other rinse-water cleanup steps made the ultrafiltra-
tion process an immediate success when introduced by Abcor. Tubular modules
were used in the first plants [7] and are still installed in many electrocoat oper-
ations, although capillary and some spiral-wound modules are used in newer
plants. The first electrocoat paint was anionic because the latex emulsion parti-
cles carried a negative charge. These emulsions were best treated with membranes
having a slight negative charge to minimize fouling. Cationic latex paints carrying
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Figure 6.21 Flow schematic of an electrocoat paint ultrafiltration system. The ultra-
filtration system removes ionic impurities from the paint tank carried over from the
chromate/phosphate cleaning steps and provides clean rinse water for the counter-current
rinsing operation

a positive charge were introduced in the late 1970s. Ultrafiltration of these paints
required development of membranes carrying a slight positive charge.

Food Industry
Cheese Production

Ultrafiltration has found a major application in the production of cheese; the
technology is now widely used throughout the dairy industry. During cheese
production the milk is coagulated (or curdled) by precipitation of the milk pro-
teins. The solid that forms (curd) is sent to the cheese fermentation plant. The
supernatant liquor (whey) represents a disposal problem. The compositions of
milk and whey are shown in Table 6.2. Whey contains most of the dissolved
salts and sugars present in the original milk and about 25 % of the original pro-
tein. In the past, whey was often discharged to the sewer because its high salt
and lactose content makes direct use as a food supplement difficult. Now about
half of the whey produced in the United States is processed to obtain additional
value and avoid a troublesome waste disposal problems. The traditional cheese
production process and two newer processes using ultrafiltration membranes are
shown in Figure 6.22.

The objective of the two membrane processes shown in Figure 6.22 is to
increase the fraction of milk proteins used as cheese or some other useful product
and to reduce the waste disposal problem represented by the whey. In the MMV
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Table 6.2 Composition of milk and cheese whey

Component (wt%) Milk Whey
Total solids 12.3 7.0
Protein 33 0.9
Fat 3.7 0.7
Lactose/other carbohydrates 4.6 4.8
Ash 0.7 0.6
Conventional MMV process Whey separation
process process
Milk Milk Milk
i Whe {ltrati
Coagulation —> Whey Ultrafiltration > Filtrate Coagulation y Ultrafitration/ | Whey
discharge reverse osmosis N
protein
Curds Pre-cheese Curds concentrate
concentrate Lact
~30% solids actose
- - - concentrate
Fermentation Fermentation Fermentation
ripening/curing ripening/curing ripening/curing Filtrate salts
discharge
Cheese Cheese Cheese

Figure 6.22 Simplified flow schematic showing the traditional cheese production
method, and two new methods using ultrafiltration to increase the recycle of useful product

process, named after the developers Maubois, Mocquot and Vassal [25], whole
or skimmed milk is concentrated three- to five-fold to produce a pre-cheese con-
centrate that can be used directly to produce soft cheeses and yogurt. Typically,
the total solids level of the concentrate is about 30—35 %, containing 12—17 %
protein. This protein concentration is sufficient for soft cheeses (Camembert,
Mozzarella and Feta) but cannot be used directly to produce hard cheeses (Ched-
dar and Swiss), for which protein levels of 25 % are required. When ultrafiltration
can be used, increased milk protein utilization increases cheese production by
approximately 10 %, so the process is widely used.

The second whey separation process uses both ultrafiltration and reverse osmo-
sis to obtain useful protein from the whey produced in the traditional cheese
manufacturing process. A flow schematic of a combined ultrafiltration—reverse
osmosis process is shown in Figure 6.23. The goal is to separate the whey into
three streams, the most valuable of which is the concentrated protein fraction
stripped of salts and lactose. Because raw whey has a high lactose concentration,
before the whey protein can be used as a concentrate, the protein concentration
must be increased to at least 60—70 % on a dry basis and the lactose content
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Figure 6.23 Simplified flow schematic of an ultrafiltration/reverse osmosis process to
extract valuable components from cheese whey

reduced by 95 %. The objective of the ultrafiltration membrane step is to concen-
trate the protein as much as possible to minimize evaporator drying costs and to
simultaneously remove the lactose. These two objectives are difficult to meet in a
single ultrafiltration step because of the reduction in flux at the very high volume
reduction required to achieve sufficient lactose removal. Therefore, whey plants
commonly use an ultrafiltration step to achieve a 5- to 10-fold volume reduction
and remove most of the lactose, after which the feed is diluted with water and
reconcentrated in a second step which removes the remaining lactose. Most whey
plants use spiral-wound ultrafiltration modules in multistage feed-and-bleed sys-
tems. Sanitary spiral-wound module designs are used to eliminate stagnant areas
in the module housing, and the entire plant is sterilized daily with hot high- and
low-pH cleaning solutions. This harsh cleaning treatment significantly reduces
membrane lifetime.

Although whey protein products have several food uses, the lactose contained
in the permeate is less valuable, and many plants discharge the permeate to a
biological wastewater treatment plant. A few plants recover lactose as dry lactose
sugar, as shown in Figure 6.23. Some plants also ferment the lactose concentrate
to make ethanol. An introduction to membrane ultrafiltration in cheese production
is given by Kosikowski [26].

Clarification of Fruit Juice

Apple, pear, orange and grape juices are all clarified by ultrafiltration. Ultra-
filtration of apple juice is a particularly successful application. Approximately
200 plants have been installed, and almost all US apple juice is clarified by this
method. In the traditional process, crude filtration was performed directly after
crushing the fruit. Pectinase was added to hydrolyze pectin, which reduced the
viscosity of the juice before it was passed through a series of decantation and
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Figure 6.24 Ultrafiltration flux in apple juice clarification as a function of the volumetric
feed-to-residue concentration factor. Tubular polysulfone membranes at 55°C [27].
Reprinted from R.G. Blanck and W. Eykamp, Fruit Juice Ultrafiltration, in Recent
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diatomaceous filtration steps to yield clear juice with a typical yield of about 90 %.
By replacing these final filtration steps with ultrafiltration, a very good-quality,
almost-sterile product can be produced with a yield of almost 97 % [26,27].

Ultrafiltration membranes with a molecular weight cut-off of 10000-50 000,
packaged as tubular or capillary hollow fiber modules, are generally used. The
initial feed solution is quite fluid, but in this application almost all of the feed
solution is forced through the membrane, and overall concentration factors of 50
are normal. This means that the final residue solution is concentrated and viscous
so the solution is usually filtered at 50—55 °C. Operation at this temperature also
reduces bacterial growth. A flux versus concentration factor curve produced in
this type of application is shown in Figure 6.24. As the concentration of the
residue rises, the flux falls dramatically.

Oil-Water Emulsions

Oil-water emulsions are widely used in metal machining operations to provide
lubrication and cooling. Although recycling of the fluids is widely practiced,
spent waste streams are produced. Using ultrafiltration to recover the oil com-
ponent and allow safe discharge of the water makes good economic sense, and



ULTRAFILTRATION 269

this application covers a wide volume range. In large, automated machining
operations such as automobile plants, steel rolling mills, and wire mills, a cen-
tral ultrafiltration system may process up to 100000 gal/day of waste emulsion.
These are relatively sophisticated plants that operate continuously using several
ultrafiltration feed-and-bleed stages in series. At the other end of the scale are
very small systems dedicated to single machines, which process only a few gal-
lons of emulsion per hour. The principal economic driver for users of small
systems is the avoided cost of waste hauling. For larger systems the value of the
recovered oil and associated chemicals can be important. In both cases, tubular
or capillary hollow fiber modules are generally used because of the high foul-
ing potential and very variable composition of emulsified oils. A flow diagram
of an ultrafiltration system used to treat large machine oil emulsions is shown
in Figure 6.25. The dilute, used emulsion is filtered to remove metal cuttings
and is then circulated through a feed-and-bleed ultrafiltration system, producing
a concentrated emulsion for reuse and a dilute filtrate that can be discharged
or reused.
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Figure 6.25 Flow diagram of a feed-and-bleed ultrafiltration unit used to concentrate a
dilute oil emulsion
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Process Water and Product Recycling

Ultrafiltration has been applied to a number of process and product recycling
operations. Typical applications include cleaning and recycling hot water used
in food processing applications, recovery of latex particles contained in waste-
water produced in production of latex paints [28,29] and recovery of poly(vinyl
alcohol) sizing agents used as process aids in synthetic fabric weaving opera-
tions [28]. The economic driving force for the applications can come from a
number of sources:

o Water recovery. Depending on the plant’s location, reduced municipal water
costs can produce savings in the US$1.00—-2.00/1000 gal range.

e Heat recovery. Many process streams are hot. Ultrafiltration usually works
better with hot feeds so hot feed solutions are not a problem. If the hot,
clean permeate can be recycled without cooling, the energy savings can be
considerable. If the water is 50°C above ambient temperature, the energy
savings amount to about US$4.00/1000 gal.

e Avoided water treatment costs. These costs will vary over a wide range
depending on the process. For a food processing plant they are likely to be rela-
tively modest— perhaps only US$1/1000 gal or less—but treating latex emul-
sion plant effluents (called white water) can cost as much as US$10/1000 gal
or more.

e Product recovery value. If the product concentrated by the ultrafiltration pro-
cess can be recovered and reused in the plant, this is likely to be the most
important credit.

A typical example of a process water and product recycling application, shown
in Figure 6.26, is the recovery of poly(vinyl alcohol) sizing agent. In this appli-
cation, all the above economic drivers contribute to the total plant economics.
The feed stream is produced in fabric weaving when the fiber is dipped in a solu-
tion of poly(vinyl alcohol) to increase its strength. After weaving, the poly(vinyl
alcohol) is removed in a desizing wash bath. The solution produced in this bath
is hot (55°C) and contains 0.5—1.0 % poly(vinyl alcohol). The purpose of the
ultrafiltration unit is to concentrate the poly(vinyl alcohol) so it can be recycled
to the sizing bath and to send the reclaimed, hot clean permeate stream back
to the desizing step. After filtration the poly(vinyl alcohol) solution is relatively
particulate-free and quite viscous, so spiral-wound modules are used to reduce
costs. For very small plants with flows of less than 5 gal/min, batch systems are
used. However, most plants are in the 10- to 100-gal/min range and are multistage
feed-and-bleed systems, as shown in Figure 6.26. The environment is challeng-
ing for the membranes, which must be cleaned weekly with detergents to remove
waxy deposits and with citric acid to remove iron scale. Even so, modules must
be replaced every 12—18 months, representing a major operating cost.
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Figure 6.26 Flow schematic of a three-stage feed-and-bleed ultrafiltration system used to
recover poly(vinyl alcohol) (PVA) sizing agents used in the production of cotton/synthetic
blend fabrics [28]

Biotechnology

Many applications exist for ultrafiltration in the biotechnology industry. A typ-
ical application is the concentration and removal of products from fermentation
operations used in enzyme production, cell harvesting, or virus production. Most
of the systems are small; the volume processed is often only 100 to 1000 gal/day,
but the value of products is often very high. Batch systems are commonly used.
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Because of the glamour of biotechnology, these applications have received a
disproportionate interest by academic researchers. However, this is not a major
market for ultrafiltration equipment, and many of the plants use little more than
bench-scale equipment.

Conclusions and Future Directions

The high cost per gallon of permeate produced limits the expansion of ultra-
filtration into most large wastewater and industrial process stream applications.
Costs are high because membrane fluxes are modest, large amounts of energy are
used to circulate the feed solution to control fouling, membrane modules must
be cleaned frequently, and membrane lifetimes are short. These are all different
aspects of the same problem—membrane fouling.

Unfortunately, membrane fouling and gel layer formation are inherent features
of ultrafiltration. Only limited progress in controlling these problems has been
made in the last 20 years and, barring an unexpected breakthrough, progress is
likely to remain slow. Development of inherently fouling-resistant membranes by
changing the membrane surface absorption characteristics or charge is a promis-
ing approach. By reducing adhesion of the deposited gel layer to the surface, the
scrubbing action of the feed solution can be enhanced. Another approach is to
develop inherently more fouling-resistant modules. In principle, bore-side-feed
capillary fiber modules offer high membrane areas, good flow distribution, and
the potential for simple automatic flushing to clean the membrane. The capillary
fibers used to date have generally been limited to relatively small diameters and
low operating pressures. Development of economical ways to produce 2- to 3-
mm-diameter capillary fiber modules, able to operate at 50—100 psi, could lead
to lower energy consumption and higher, more stable membrane fluxes. Mono-
lithic ceramic membrane modules have all of these features, but for these to be
widely accepted, costs must be reduced by an order of magnitude from today’s
levels, that is, to less than US$100—200/m?. If this cost reduction were achieved,
ceramics might replace polymeric membranes in many applications. Vibrating
membrane modules have been introduced recently and, although costs are high,
their performance is very good. Cost reductions could make this type of module
more generally applicable in the future.
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7 MICROFILTRATION

Introduction and History

Microfiltration refers to filtration processes that use porous membranes to separate
suspended particles with diameters between 0.1 and 10 wm. Thus, microfiltration
membranes fall between ultrafiltration membranes and conventional filters. Like
ultrafiltration, microfiltration has its modern origins in the development of collo-
dion (nitrocellulose) membranes in the 1920s and 1930s. In 1926 Membranfilter
GmbH was founded and began to produce collodion microfiltration membranes
commercially. The market was very small, but by the 1940s other companies,
including Sartorius and Schleicher and Schuell, were producing similar mem-
brane filters.

The first large-scale application of microfiltration membranes was to culture
microorganisms in drinking water; this remains a significant application. The test
was developed in Germany during World War II, as a rapid method to monitor
the water supply for contamination. The existing test required water samples to
be cultured for at least 96 h. Mueller and others at Hamburg University devised
a method in which a liter of water was filtered through a Sartorius microfiltration
membrane. Any bacteria in the water were captured by the filter, and the mem-
brane was then placed on a pad of gelled nutrient solution for 24 h. The nutrients
diffused to the trapped bacteria on the membrane surface, allowing them to grow
into colonies large enough to be easily counted under a microscope. After the
war there was no US supplier of these membranes, so in 1947 the US Army
sponsored a program by Goetz at CalTech to duplicate the Sartorius technology.
The membranes developed there were made from a blend of cellulose acetate
and nitrocellulose, and were formed by controlled precipitation with water from
the vapor phase. This technology was passed to the Lowell Chemical Company,
which in 1954 became the Millipore Corporation, producing the Goetz mem-
branes on a commercial scale. Over the next 40 years Millipore became the
largest microfiltration company. Membranes made from a number of noncellu-
losic materials, including poly(vinylidene fluoride), polyamides, polyolefins, and
poly(tetrafluoroethylene), have been developed over the last 40 years by Millipore

Membrane Technology and Applications R. W. Baker
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and others. Nonetheless, the cellulose acetate/cellulose nitrate blend membrane
remains a widely used microfilter.

Until the mid-1960s, the use of microfiltration membranes was confined to lab-
oratory or to very small-scale industrial applications. The introduction of pleated
membrane cartridges by Gelman in the 1970s was an important step forward
and made possible the use of microfiltration membranes in large-scale industrial
applications. In the 1960s and 1970s, microfiltration became important in bio-
logical and pharmaceutical manufacturing, as did microfiltration of air and water
in the production of microelectronics in the 1980s. The production of low-cost,
single-use, disposable cartridges for pharmaceutical and electronics processes
now represents a major part of the microfiltration industry. In most applications
of microfiltration in these industries, trace amounts of particles are removed
from already very clean solutions. The most widely used process design, illus-
trated in Figure 7.1(a), is dead-end or in-line filtration, in which the entire fluid
flow is forced through the membrane under pressure. As particles accumulate
on the membrane surface or in its interior, the pressure required to maintain the
required flow increases, until at some point the membrane must be replaced. In

(a) In-line filtration

Feed

. Particle build-up on
o [, ~0O0 Ve membrane surface
?O%Q%%ogoggéobo%%ogé%@ g

L= OO
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Particle-free permeate

(b) Cross-flow filtration

o o o o o
Feed -O QO o O&;) o o .Retentate
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§

Particle-free permeate

Figure 7.1 Schematic representation of (a) in-line and (b) cross-flow filtration with
microfiltration membranes. The equipment used for in-line filtration is simple, but retained
particles plug the membrane rapidly. The equipment required for cross-flow filtration is
more complex, but the membrane lifetime is longer
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the 1970s, an alternative process design known as cross-flow filtration, illustrated
in Figure 7.1(b), began to be used.

In cross-flow systems, the feed solution is circulated across the surface of the
filter, producing two streams: a clean particle-free permeate and a concentrated
retentate containing the particles. The equipment required for cross-flow filtration
is more complex, but the membrane lifetime is longer than with in-line filtration.
The commercial availability of ceramic tubular cross-flow filters from Membralox
(now a division of US Filter), starting in the mid-1980s, has increased the appli-
cation of cross-flow filtration, particularly for solutions with high particle con-
centrations. Streams containing less than 0.1 % solids are almost always treated
with in-line filters; streams containing 0.5 % solids are almost always treated with
cross-flow filters. Between these two limits, both in-line and cross-flow systems
can be used, depending on the particular characteristics of the application.

In the last few years, a third type of microfiltration operating system called
semi-dead-end filtration has emerged. In these systems, the membrane unit is
operated as a dead-end filter until the pressure required to maintain a useful flow
across the filter reaches its maximum level. At this point, the filter is operated
in cross-flow mode, while concurrently backflushing with air or permeate solu-
tion. After a short period of backflushing in cross-flow mode to remove material
deposited on the membrane, the system is switched back to dead-end operation.
This procedure is particularly applicable in microfiltration units used as final bac-
terial and virus filters for municipal water treatment plants. The feed water has
a very low loading of material to be removed, so in-line operation can be used
for a prolonged time before backflushing and cross-flow to remove the deposited
solids is needed.

Beginning in 1990-1993, the first microfiltration/ultrafiltration systems began
to be installed to treat municipal drinking water obtained from surface water.
The US EPA and European regulators are implementing rules requiring this
water to be treated to control giardia, coliform bacteria, and viruses. Large plants
using back-flushable hollow fiber membrane modules are being built by a num-
ber of companies: US Filter (Memtec), Norit (X-Flow), Koch (Romicon), and
Hydranautics.

Some of the important milestones in the development of microfiltration are
charted in Figure 7.2.

Background
Types of Membrane

The two principal types of microfiltration membrane filter in use—depth filters
and screen filters—are illustrated in Figure 7.3. Screen filters have small pores
in their top surface that collect particles larger than the pore diameter on the
surface of the membrane. Depth filters have relatively large pores on the top
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Figure 7.2 Milestones in the development of microfiltration

surface so particles pass to the interior of the membrane. The particles are then
captured at constrictions in the membrane pores or by adsorption onto the pore
walls. Screen filter membranes rapidly become plugged by the accumulation of
retained particles at the top surface. Depth filters have a much larger surface area
available for collection of the particles, providing a larger holding capacity before
fouling. The mechanism of particle capture by these membranes is described in
more detail in Chapter 2.

Depth membrane filters are usually preferred for in-line filtration. As particles
are trapped within the membrane, the permeability falls, and the pressure required
to maintain a useful filtrate flow increases until, at some point, the membrane
must be replaced. The useful life of the membrane is proportional to the particle
loading of the feed solution. A typical application of in-line depth microfiltration
membranes is final polishing of ultrapure water just prior to use. Screen mem-
brane filters are preferred for the cross-flow microfiltration systems shown in
Figure 7.1(b). Because screen filters collect the retained particles on the surface
of the membrane, the recirculating fluid helps to keep the filter clean.

Membrane Characterization

Microfiltration membranes are often used in applications for which penetration of
even one particle or bacterium through the membrane can be critical. Therefore,
membrane integrity, that is, the absence of membrane defects or oversized pores,
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Screen filter Depth filter
0.45 pum pore size 0.45 pum pore size

Cross-sectional Comparison

Figure 7.3 Surface scanning electron micrograph and schematic comparison of nominal
0.45-pm screen and depth filters. The screen filter pores are uniform and small and capture
the retained particles on the membrane surface. The depth filter pores are almost 5—10
times larger than the screen filter equivalent. A few large particles are captured on the
surface of the membrane, but most are captured by adsorption in the membrane interior
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is extremely important. Several tests are used to characterize membrane pore size
and pore size distribution.

Characterizing the pore size of microfiltration membranes is a problem for
manufacturers. Most microfiltration membranes are depth filters, so electron
micrographs usually show an image similar to that in Figure 7.3. The average
pore diameter of these membranes appears to be about 5 pwm, yet the mem-
branes are complete filters for particles or bacteria of about 0.5-pm diameter.
Therefore, most manufacturers characterize their membranes by the size of the
bacteria that are completely filtered by the membrane. The ability of a membrane
to filter bacteria from solutions depends on the pore size of the membrane, the
size of the bacteria being filtered, and the number of organisms used to chal-
lenge the membrane. Some results of Elford [1] that illustrate these effects are
shown in Figure 7.4. Elford found that membranes with relatively large pores
could completely filter bacteria from the challenge solution to produce a sterile
filtrate, providing the challenge concentration was low. If the organism concen-
tration was increased, breakthrough of bacteria to the filtrate occurred. However,
if the membrane pore size was small enough, a point was reached at which no
breakthrough of bacteria to the filtrate occurred no matter how concentrated the
challenge solution. This point is taken to be the pore size of the membrane.

0.75 um end point
B. prodigiosus

Y

109 [

|
e 1081 |
o |
® |
= 107
3 | _
S 108 | Filtrate
a - | active
Q |
2 10°1 |
o |
g 10'- |

|
g 103 |- | Filtrate
S l sterile
S 102 !
o |

10" - :
I
1 1 1 1 1
0.5 1.0 1.5 2.0

Pore diameter (um)

Figure 7.4 Membrane pore diameter from bubble point measurements versus Bacillus
prodigiosus concentration [1]. Reprinted from W.J. Elford, The Principles of Ultrafiltra-
tion as Applied in Biological Studies, Proc. R. Soc. London, Ser. B 112, 384 (1933) with
permission from The Royal Society, London, UK
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The industry has adopted two bacterial challenge tests to measure pore size and
membrane integrity [2]. The tests are based on two bacteria: Serrata marcescens,
originally thought to have a diameter of 0.45 wm, and Pseudomonas diminuta,
originally thought to have a diameter of 0.22 pm. In fact, both organisms are
ellipsoids with an aspect ratio of about 1.5:1. These tests have changed several
times over the years, but by convention a membrane is designated 0.45-p.m pore
size if it is completely retentive when challenged with 107 S. marcescens organ-
isms per cm? and 0.22-pwm pore size if it is completely retentive when challenged
with 107 P. diminuta organisms per cm?. Most commercial microfiltration mem-
branes are categorized as 0.22- or 0.45-pum-diameter pore size based on these
tests. Membranes with larger or smaller pore sizes are classified by the pene-
tration tests with latex particle or bubble point measurements described below,
relative to these two primary standard measurements.

Currently, most bacterial challenge tests are performed with P. diminuta. This
organism has an average size of 0.3—0.4 pm, although the size varies signifi-
cantly with the culture conditions. In a rich culture medium, the cells can form
much larger clumps. Thus, to obtain consistent results, the culture characteris-
tics must be carefully monitored and control experiments performed with already
qualified 0.45- and 0.22-pm filters to confirm that no clumping has occurred.
The ASTM procedure is illustrated in Figure 7.5 [2]. Factors affecting this test
are discussed in detail by Meltzer [3].

Membrane
filtration
apparatus
Filter
under test

Vacuum
source

i

Clamp 2

Bacterial
air vent

1 liter flask

Figure 7.5 Apparatus for testing the microbial retention characteristics of membrane
filters. The whole apparatus is sterilized, and initially the flask contains 140 mL of dou-
ble-strength culture medium. The culture to be tested (100 mL) is passed through the filter
with clamp 1 open and clamp 2 closed. The sides of the filter apparatus are washed with
two 20 mL portions of sterile broth. Clamp 2 is then opened, the vacuum released, and
clamp 1 closed. The filter apparatus is replaced by a sterile rubber stopper and the flask
incubated. Absence of turbidity in the flask indicates that the filter has retained the test
organism. From Brock [4]. Courtesy of Thomas D. Brock
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The performance of membranes in bacterial challenge tests is often quantified
by a log reduction value (LRV), defined as

LRV = log,, (C—f> 7.1
Cp
where ¢ is the concentration of bacteria in the challenge solution and c,, is the
concentration in the permeate. It follows that at 99 % rejection, cr/c, is 100 and
the LRV is 2; at 99.9 % rejection, the LRV is 3; and so on. In pharmaceutical
and electronic applications, an LRV of 7 or 8 is usually required. In municipal
water filtration, an LRV of 4 or 5 is the target.

Latex Challenge Tests

Bacterial challenge tests require careful, sterile laboratory techniques and an
incubation period of several days before the results are available. For this reason,
secondary tests based on filtration of suspensions of latex particles of precise
diameters have been developed. In such a test, a monodisperse latex suspension
with particle diameters from 0.1 to 10 pum is used. The test solution is filtered
through the membrane, and the number of particles permeating the membrane is
determined by filtering the permeate solution a second time with a tight mem-
brane screen filter. The membrane screen filter captures the latex particles for easy
counting. Although the latex challenge test has been used in fundamental studies
of microfiltration membrane properties, it is not widely used by membrane pro-
ducers. The bubble point test described below, backed by correlating the bubble
point to the primary bacterial challenge test results, is more commonly used.

Bubble Point Test

The bubble point test is simple, quick and reliable and is by far the most widely
used method of characterizing microfiltration membranes. The membrane is first
wetted with a suitable liquid, usually water for hydrophilic membranes and
methanol for hydrophobic membranes. The membrane is then placed in a holder
with a layer of liquid on the top surface. Air is fed to the bottom of the mem-
brane, and the pressure is slowly increased until the first continuous string of air
bubbles at the membrane surface is observed. This pressure is called the bubble
point pressure and is a characteristic measure of the diameter of the largest pore
in the membrane. Obtaining reliable and consistent results with the bubble point
test requires care. It is essential, for example, that the membrane be completely
wetted with the test liquid; this may be difficult to determine. Because this test is
so widely used by microfiltration membrane manufacturers, a great deal of work
has been devoted to developing a reliable test procedure to address this and other
issues. The use of this test is reviewed in Meltzer’s book [3].
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The bubble point pressure can be related to the membrane pore diameter, r,

by the equation

2 %
_ Zvceost (7.2)

Ap

r

where Ap is the bubble point pressure, y is the fluid surface tension, and 6 is

the liquid—solid contact angle. For completely wetting solutions, 8 is 0° so cos @

equals 1. Properties of liquids commonly used in bubble point measurements are
given in Table 7.1.

Microfiltration membranes are heterogeneous structures having a distribution
of pore sizes. The effect of the applied gas pressure on the liquid in a bubble
test is illustrated schematically in Figure 7.6. At pressures well below the bubble
point, all pores are completely filled with liquid so gas can only pass through
the membrane by diffusion through the liquid film. Just below the bubble point
pressure, liquid begins to be forced out of the largest membrane pores. The
diffusion rate then starts to increase until the liquid is completely forced out of
the largest pore. Bubbles of gas then form on the membrane surface. As the
gas pressure is increased further, liquid is forced out of more pores, and general
convective flow of gas through the membrane takes place. This is sometimes
called the ‘foam all over pressure’ and is a measure of the average pore size of
the membrane.

The apparatus used to measure membrane bubble points is shown in its simplest
form in Figure 7.7 [4]. Bubble point measurements are subjective, and different
operators can obtain different results. Nonetheless the test is quick and simple
and is widely used as a manufacturing quality control technique. Bubble point
measurements are also used to measure the integrity of filters used in critical
pharmaceutical or biological operations.

Bubble point measurements are most useful to characterize sheet stock or small
membrane filters. The technique is more difficult to apply to formed membrane
cartridges containing several square feet of membrane because diffusive flow of

Table 7.1 Properties of liquids commonly used in bub-
ble point measurements. The conversion factor divided by
the bubble pressure (in psi) gives the maximum pore size

(in pm)

Wetting Surface tension Conversion
liquid (dyn/cm) factor
Water 72 42
Kerosene 30 17
Isopropanol 21.3 12
Silicone fluid” 18.7 11
Fluorocarbon fluid® 16 9

“Dow Corning 200 fluid, 2.0 cSt.
©3M Company, Fluorochemical FC-43.
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Figure 7.6 Schematic of the effect of applied gas pressure on gas flow through a wetted
microporous membrane in a bubble pressure test (Meltzer) [3]. Reprinted from Meltzer [3]
by courtesy of Marcel Dekker, Inc.
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Figure 7.7 Bubble point measurements; (a) exploded view of filter holder; (b) test appa-
ratus; and (c) typical bubble patterns produced. From Brock [4]. Courtesy of Thomas
D. Brock



MICROFILTRATION 285

gas through the liquid film masks the bubble point. To test cartridges, the applied
pressure is set at a few psi below the bubble point, typically at 80 % of the bubble
point pressure. The diffusive flow of gas through the wetted cartridge filter is then
measured [5]. This provides a good integrity test of large-area cartridge filters
because even a small membrane defect increases gas flow significantly above the
norm for defect-free cartridges.

Although bubble point measurements can be used to determine the pore diam-
eter of membranes using Equation (7.1), the results must be treated with caution.
Based on Equation (7.1), a 0.22-pm pore diameter membrane should have a
bubble point of about 200 psig. In fact, based on the bacterial challenge test, a
0.22-pwm pore diameter membrane has a bubble point pressure of 40—60 psig,
depending on the membrane. That is, the bubble point test indicates that the
membranes has a pore diameter of about 1 pm.

Figure 7.8 shows typical results comparing microbial challenge tests using
0.22-pm P. diminuta with membrane bubble points for a series of related
membranes [6]. In these tests at a microbial reduction factor of 103—10°, the
membrane has a bubble point pressure of only 40 psig, far below the theoretical

1010

105 -

Microbe reduction value

@) | | |
10 20 30 40 50

Bubble point (psi)

Figure 7.8 Correlation of P. diminuta microbial challenge and bubble point test data for
a series of related membranes [6]. Reprinted from T.J. Leahy and M.J. Sullivan, Validation
of Bacterial Retention Capabilities of Membrane Filters, Pharm. Technol. 2, 65 (1978)
with permission from Pharmaceutical Technology, Eugene, OR
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value of 200 psig for a 0.22-pm pore diameter membrane. Such discrepancies
are sometimes handled by a correction factor in Equation (7.1) to account for the
shape of the membrane pores, but no reasonable shape factor can account for the
four-fold discrepancy seen here. There are two possible reasons why the bubble
point test overestimates the minimum pore size of the membrane. First, the test is
a measure of the pore size of the membrane. However, a one-to-one relationship
between the diameter of the bacteria able to penetrate the membrane and the pore
diameter assumes that the only method of bacterial capture is direct filtration of
the test organism somewhere in the membrane. If no organisms penetrate the
membrane even at a high concentration, the conclusion is that no pores larger than
the organism’s diameter exist. However, this ignores other capture mechanisms,
such as adsorption and electrostatic attraction, that can remove the organism even
though the pore diameter is larger than the particle. As a result, although a small
fraction of the membrane pores may be larger than 0.22 pm, leading to a low
bubble point pressure, bacteria still cannot travel through these pores in a normal
challenge test.

A second explanation, proposed by Williams and Meltzer [7], is illustrated
in Figure 7.9. In liquid flow, all flow through the membrane is from the high-
pressure (top) to the low-pressure (bottom) side of the membrane. In a bubble
point test the membrane is filled with liquid, and gas is used to displace liquid
from the large pores. The bubble point is reached when the first contiguous
series of large pores through the membrane is formed. This path can be long and
tortuous and may not follow the path taken by liquid flow.

(a) Liquid flow in a microbial (b) Gas flow at the bubble point
challenge test of a wet membrane

Figure 7.9 An illustration of the model of Williams and Meltzer [7] to explain the
discrepancy between membrane pore diameter measurements based on the microbial chal-
lenge test and the bubble point test. Reprinted from R.E. Williams and T.H. Meltzer,
Membrane Structure, the Bubble Point and Particle Retention, Pharm. Technol. 7 (5), 36
(1983) with permission from Pharmaceutical Technology, Eugene, OR
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Microfiltration Membranes and Modules

The first major application of microfiltration membranes was for biological test-
ing of water. This remains an important laboratory application in microbiology
and biotechnology. For these applications the early cellulose acetate/cellulose
nitrate phase separation membranes made by vapor-phase precipitation with
water are still widely used. In the early 1960s and 1970s, a number of other
membrane materials with improved mechanical properties and chemical stability
were developed. These include polyacrylonitrile—poly(vinyl chloride) copoly-
mers, poly(vinylidene fluoride), polysulfone, cellulose triacetate, and various
nylons. Most cartridge filters use these membranes. More recently poly(tetrafluo-
roethylene) membranes have come into use.

In the early 1960s and 1970s, the in-line plate-and-frame module was the only
available microfiltration module. These units contained between 1 and 20 separate
membrane envelopes sealed by gaskets. In most operations all the membrane
envelopes were changed after each use; the labor involved in disassembly and
reassembly of the module was a significant drawback. Nonetheless these systems
are still widely used to process small volumes of solution. A typical plate-and-
frame filtration system is shown in Figure 7.10.

Figure 7.10 Sterile filtration of a small-volume pharmaceutical solution with a 142 mm
plate-and-frame filter used as a prefilter in front of a small disposable cartridge final filter.
From Gelman Science
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More recently, a variety of cartridges that allow a much larger area of mem-
brane to be incorporated into a disposable unit have become available. Disposable
plate-and-frame cartridges have been produced, but by far the largest portion of
the market is for pleated cartridges, first introduced in the early 1970s. A dis-
posable cartridge filter of this type is shown in Figure 7.11. A typical cartridge
is 10 in. long, has a diameter of 2—2.5 in., and contains about 3 ft> of mem-
brane. Often the membrane consists of several layers: an outer prefilter facing
the solution to be filtered, followed by a finer polishing membrane filter.

In these units, the membrane is pleated and then folded around the permeate
core. The cartridge fits inside a specially designed housing into which the feed
solution enters at a pressure of 10—120 psi. Pleated membrane cartridges, which
are fabricated with high-speed automated equipment, are cheap, disposable, reli-
able, and hard to beat if the solution to be filtered has a relatively low particle
level. Ideal applications are production of aseptic solutions in the pharmaceutical
industry or ultrapure water for wafer manufacture in the electronics industry. The
low particle load of these feed solutions allows small in-line cartridges to filter
large volumes of solution before needing replacement. Manufacturers produce
cartridge holders that allow a number of cartridges to be connected in series
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Figure 7.11 Cut-away view of a simple pleated cartridge filter. By folding the membrane
a large surface area can be contacted with the feed solution producing a high particle
loading capacity. (From Membrana product literature)
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Figure 7.12 Standard-size disposable cartridges can be connected in series or parallel to
handle large flows. This unit consists of nine cartridges arranged in a 3 x 3 array. (From
Sartorius product literature)

or in parallel to handle large solution flows. A multicartridge unit is shown in
Figure 7.12.

However, the short lifetime of in-line cartridge filters makes them unsuitable for
microfiltration of highly contaminated feed streams. Cross-flow filtration, which
overlaps significantly with ultrafiltration technology, described in Chapter 6, is
used in such applications. In cross-flow filtration, long filter life is achieved by
sweeping the majority of the retained particles from the membrane surface before
they enter the membrane. Screen filters are preferred for this application, and an
ultrafiltration membrane can be used. The design of such membranes and modules
is covered under ultrafiltration (Chapter 6) and will not be repeated here.

Process Design

A typical in-line cartridge filtration application is illustrated in Figure 7.13. A
pump forces liquid through the filter, and the pressure across the filter is measured
by a pressure gauge. Initially, the pressure difference measured by the gauge is
small, but as retained particles block the filter, the pressure difference increases
until a predetermined limiting pressure is reached, and the filter is changed.

To extend its life, a microfiltration cartridge may contain two or more mem-
brane filters in series, or as shown in Figure 7.13, a coarse prefilter cartridge
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Figure 7.13 Typical in-line filtration operation using two cartridge filters in series. The
prefilter removes all of the large particles and some of the smaller ones. The final polishing
filter removes the remaining small particles

before the final polishing filter. The prefilter captures the largest particles, allow-
ing smaller particles to pass and be captured by the following finely porous
membrane. The use of a prefilter extends the life of the microfiltration car-
tridge significantly. Without a prefilter the fine microfiltration membrane would
be rapidly blinded by accumulation of large particles on the membrane surface.
The correct combination of prefilter and final membrane must be determined
for each application. This can be done by placing the prefilter on top of the
required final filter membrane in a small test cell, or better yet, with two test
cells in series. With two test cells the pressure drop across each filter can be
measured separately.

The objective of a prefilter is to extend the life of the final filter by removing the
larger particles from the feed, allowing the final filter to remove the smaller par-
ticles. The results obtained with different prefilters are shown in Figure 7.14 [8].
Figure 7.14(a) shows the rate of pressure rise across the fine filter alone. The
limited dirt-holding capacity of this filter means that it is rapidly plugged by a
surface layer of large particles. Figure 7.14(b) shows the case when a too coarse
prefilter is used. In this case, the pressure difference across the prefilter remains
small, whereas the pressure difference across the final filter increases as rapidly as
before because of plugging by particles passing the prefilter. Little improvement
in performance is obtained. Figure 7.14(c) shows the case where the prefilter is
too fine. This situation is the opposite of 7.14(a)—the pressure difference across
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Figure 7.14 The pressure difference across the prefilter, the final filter and the combined
filters for various combinations of prefilter and final filter. The optimum prefilter distributes
the particle load evenly between the two filters so both filters reach their maximum particle
load at the same time. This maximizes the useful life of the combination

the prefilter increases rapidly, and the lifetime of the combination filter is limited
by this filter. Figure 7.14(d) shows the optimum combination in which the pres-
sure difference is uniformly distributed across the prefilter and final filter. This
condition maximizes the lifetime of the filter combination.

Recently, some membrane manufacturers have attempted to produce
anisotropic microfiltration membranes in which the open microporous support is a
built-in prefilter. Unlike most other applications of anisotropic membranes, these
membranes are oriented with the coarse, relatively open pores facing the feed
solution, and the most finely microporous layer is at the bottom of the membrane.
The goal is to increase filter life by distributing the particle load more evenly
across the filter than would be the case with an isotropic porous membrane.

Cartridge microfiltration is a stable area of membrane technology—few
changes in cartridge design or use have occurred in the past 20 years. Most
changes have focused on improving resistance to higher temperatures, solvents
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and extremes of pH, to allow application of these filters in more challenging
environments.

Recent innovation in microfiltration has mainly concerned the development of
cross-flow filtration technology and membranes. The design of these processing
systems closely follows that of ultrafiltration described in Chapter 6. In cross-flow
filtration, the membrane must retain 